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ABSTRACT 

Catalytic naphtha reforming is one ofthe key processes in petroleum refining, 

converting gasoline boiling range low-octane hydrocarbons to high-octane compounds 

which can be blended into gasoline. Other valuable byproducts include hydrogen and 

cracked light gases. 

Modeling of a t)^ical semi-regenerative catalytic reformer has been carried out 

involving most its key constituent units. Kinetic modeling ofthe reactions occurring in the 

fixed bed reactors connected in series formed the most significant part ofthe overall 

simulation effort. A reaction scheme involving 36 pseudocomponents connected together 

by a network of 35 reactions for components in the C5-C10 range has been modeled. The 

Hougen-Watson Langmuir-Hinshelwood type reaction rate expressions are used to 

represent rate of each reaction. Deactivation ofthe catalyst was modeled by including the 

corresponding equations for coking kinetics. 

The kinetic model was parameterized by bench marking the kinetic model against 

plant data. A feed characterization procedure was developed to infer the composition of 

chemical species in the feed and reformate from the given ASTM distillation data. A non

linear regression procedure was carried out to calculate the rate parameters that provided 

the best match between the model and the plant data. 

The key to most optimum reformer operation lies in choosing the four catalyst bed 

inlet temperatures, and recycle ratio. Sometimes, in practice, four beds are operated at 

same inlet temperatures and varying influence of each bed behavior on the outlet 
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properties is not taken into account. This leads to a sub-optimal operation. It is also 

important to consider the objective fiinction over the entire catalyst run-length, which has 

been predetermined for optimization analysis. The optimization analysis was conducted in 

two stages. In the first stage, the decision variables are optimized but held constant 

throughout the life ofthe catalyst. This time-invariant mode of operation shewed a 

significant improvement in objective function over the base case. In the second stage of 

the analysis, the problem was expanded to optimize the path ofthe decision variables over 

the run-length. This time-optimal problem also showed a substantial improvement in 

profits over the time-invariant case. Finally, sensitivity of objective fiinction to 

uncertainties in model parameters was examined. 
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CHAPTER 1 

INTRODUCTION 

1.1 Catalytic Naphtha Reforming 

Catalytic naphtha reforming is a key process in petroleum refining. To appreciate 

the significance of catalytic reforming in refinery operations, the use of octane number as 

a standard of gasoline quality must be understood. Octane rating has been used for many 

years to measure the antiknock performance of gasoline. The higher the octane number, 

the less the tendency for an engine to produce a knocking sound in an automobile engine. 

Until 1974, almost all gasoline contained tetraethyl lead additive as an octane booster 

(Maples, 1983). However, with the advent of catalytic converters on most 1975 model 

U.S. cars, unleaded gasoline appeared, followed by lead phasedown in leaded gasolines. 

The 1990 amendment to the clean air act completely prohibits the use of lead in gasoline. 

Coupled with these stricter environmental regulations, there has been a consistent increase 

in the demand for higher fiael efficiency standards of engines. This requires the use of 

engines with higher compression ratio and therefore even greater octane number ofthe 

motor fuel. These considerations have continually forced the refiner toward producing 

higher octane number gasoline. 

The gasoline boiling range compounds obtained from the crude fractionation 

column in the refinery are collectively known as naphtha in the refinery jargon. Catalytic 

naphtha reforming is the process which converts low octane compounds in naphtha to 

high-octane gasoline components, without changing carbon numbers in the molecule. This 



is achieved mainly by conversion of straight chain paraffins in naphtha to iso-paraffins and 

aromatics over a catalyst. Although oxygenated hydrocarbons, e.g., alcohols, have their 

uses, refiners depend upon catalytic reforming for providing the high-octane gasoline. The 

process may also be ahematively operated to produce high yields of aromatics like, 

benzene, toluene, and xylenes for petrochemical feedstocks. However, the focus of this 

research work are those reformers whose objective is to upgrade low-octane naphtha to 

high-octane compounds for use as motor ftiel. The reformer unit is located downstream 

of the crude distillation unit and the feed naphtha to the reformer is produced as one of 

the lighter fractions ofthe crude column. Hydrogen is a valuable byproduct ofthe 

reforming process and in most refineries it is used for hydrocracking, and hydrotreating 

processes. 

1.2 Optimization ofa catalytic naphtha reformer 

Catalytic naphtha reforming, which holds a significant place in the field of 

petroleum refining, represents an interesting field for academic and industrial research on 

optimization. It is possible to have many altemative operating conditions, with complex 

trade-offs as a result ofthe many degrees of freedom available, which offers ample scope 

for optimization. Due to loss ofthe activity of catalyst with time, the process is 

intrinsically dynamic, hence its optimization results in an optimal control problem. This 

requires the use of novel approach for problem formulation and numerical solution 

techniques, and may result in complex operation policies. However, in the absence of 

any kind of optimization analysis, it is easily possible to end up in operating the unit at a 



suboptimal level and consequently lose some ofthe profits. In view of catalytic reformer's 

ability to impact the overall refinery operations economically, the incentive for conducting 

a study of this sort is clearly evident. 

1.3 phenomenological simulation model 

A mathematical model ofa catalytic reformer was utilized to conduct the desired 

optimization studies. Should the model have been a phenomenological based 

mathematical model, i.e., based on physical and chemical laws, or empirical type model? A 

phenomenological based model requires a considerable amount of process knowledge and 

investment of time and effort as compared to an empirical type model. However, the most 

valuable benefit gained out of using a phenomenological model is the prediction accuracy 

achieved over a wider operating range. Hence, these models are frequently employed for 

optimization and are used for this work. Utilizing one ofthe computer-aided design 

softwares could have been a possible option for modeling. However, it was felt that 

simulation ofa complex reaction pattem like the one observed in a catalytic naphtha 

reformer is not possible with the capability of presently available computer aided design 

packages. Therefore, it was essential to prepare our own simulation model ofthe 

reforming unit. 

Due to the advent of faster computing machines it is now possible to prepare and 

solve complex models required to represent a unit ofthe type of catalytic naphtha 

reforming. Modeling of refinery units is finding an ever increasing use as a tool to make 

business decisions with respect to catalyst performance, process control, product yields. 
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mechanical or process changes in the system, etc. At the same time availability of 

numerically efficient algorithms like successive quadratic programming offer a usefijl tool 

for studying the problem with many degrees of freedom and linear and nonlinear 

constraints. 

1.4 Organization of dissertation 

In their text on "optimization of chemical processes," Edgar and Himmelblau 

(1988) have listed following general steps for the analysis and solution of optimization 

problems; 

1. Analyze the process itself so that the process variables and specific characteristics of 

interest are defined, i.e., make a list of all the variables. 

2. Develop, via mathematical expressions, a valid process model that relates the input-

output variables ofthe process and associated coefficients. Make sure that the model 

adequately represents that process; if required, utilize the adjustable coefiBcients in the 

model. 

3. Determine the criteria for optimization and specify the objective fianction as a fiinction 

ofthe independent variables ofthe problem. 

4. Apply a suitable optimization technique to the mathematical statement ofthe problem. 

5. Check the answers, and examine the sensitivity ofthe result to changes in the 

coefficients ofthe model. 

These steps basically outline the way this dissertation is organized. Process of 

catalytic reforming is described in detail at the beginning of Chapter 3. The same chapter 



also describes development ofthe mathematical model for this unit. A detailed kinetic 

model was used to describe the reforming reactions in fixed-bed reactors which form the 

heart of reforming process. Parameter estimation and model verification procedures are 

covered in Chapters 4 and 5. The parameter estimation or bench marking ofthe model 

was performed against data obtained from an industrial source. Characterization of feed 

consisting of many chemical species was a key intermediate step in that procedure. 

Finally, Chapter 6 presents the results of optimization analysis and sensitivity studies 



CHAPTER 2 

LITERATURE SUR\TY 

The first task presented before us was to prepare model ofa catalytic naphtha 

reformer, phenomenological in nature and detailed enough to represent the actual process 

characteristics reasonably well. A substantial amount of time at the beginning of the 

project was invested in gathering information from literature sources. One reference 

which deserves a special mention for providing us with a headstart with valuable 

information on the industrial practice of naphtha reforming, was the book dedicated 

exclusively to the subject of catalytic naphtha reforming (Little, 1985). A number of other 

references were also obtained to leam more about different types of catalytic reformers 

operated for naphtha reforming. Some of these ones include Aitani (1994), Maples 

(1983), Weiszmann (1986), Gates, Katzer and Schuit, (1979). 

A number of articles have appeared in the literature studying the chemistry of 

reforming reactions. A detailed study classifying different types reactions in naphtha 

reforming was published by Hettinger et al. (1955) and is considered to be a pioneering 

study of its type in the field of reforming chemistry. It represented the first attempt for 

investigating the relative rates of various reactions in the reforming over a range of 

temperatures and pressures used commercially. Some ofthe later references published on 

the study of reforming reactions include Gates, Katzer and Schuit (1979) and Parera and 

Figoli (1994). The knowledge gained by studying the material on reforming chemistry and 



relative reaction rates tumed out to be extremely valuable for parameter estimation of rate 

constants later in the project. 

The word "catalytic" in catalytic reforming means exactly that. The process is 

catalytic, and the heart ofthe process is the catalyst. The catalytic nature of this process 

has triggered great amount of interest amongst the researchers on catalysis and led to a 

substantial improvement in the activity and selectivity characteristics ofthe catalyst since 

the early 1940s. The most commonly used catalyst is platinum on alumina. Recent 

developments have included use ofa second metal like rhenium or iridium to substantially 

boost the activity, selectivity, and stability ofthe catalyst. An interesting review ofthe 

various stages ofthe development ofUOP catalytic reforming catalyst has been given by 

Haensel (1983). There is an enormous amount of literature produced about the reforming 

catalyst and mechanism of some ofthe basic reactions on catalyst surface. Some ofthe 

important references include Charcosset (1983), Cecil et al. (1972), Ciapetta and Wallace 

(1971), and Sinfelt (1964). 

The main reactions taking place in the reformer are the dehydrogenation of 

naphthenes, isomerization of paraffins and naphthenes, dehydrocyclization of paraffins, 

and hydrocracking of paraffins. Proper kinetic modeling of reforming reactions was the 

key to effectively represent the process over a wide operating range. The operating 

variables ofthe process, like reactor inlet temperature affect the important product 

properties, like octane number, by first affecting the kinetics ofthe reactions taking place. 

Naturally, the accuracy of predictions would depend to a large extent on the ability ofthe 

kinetic model to represent actual reforming chemistry. In view ofthe fact that we lacked 



means of developing the kinetic model of our own, the kinetic model had to be based on 

the work done previously and published in the literature. Because of its importance, it 

was thought to be well worth the effort to extensively investigate the information on 

different types of kinetic models of naphtha reforming available in literature. The problem 

is fiirther complicated by the fact that there are literally hundreds of pure chemical 

components taking part in the reaction system. In order to reduce the complexity ofthe 

problem, various chemical species are lumped together and represented as a 

pseudocomponent. Almost all the kinetic models derived so far, differ from each other 

with respect to the kind of lumping strategy used. Some ofthe earliest attempts lumped 

the whole feed naphtha into a single species. The first significant attempt to recognize 

different components within naphtha was performed by Smith (1959). He characterized 

naphtha by three of its basic constituents; paraffins, naphthenes, and aromatics. However, 

within each class, no distinction is made on the basis ofthe number of carbon atoms. In a 

more extensive attempt to model reforming reactions of whole naphtha, Krane et al. 

(1960) divided naphtha into twenty components. They accounted for the presence of 

various carbon numbers from C6 to Cio as well as the difference between paraffins, 

naphthenes, and aromatics within each carbon number group. A total of fifty-three 

reaction steps each represented by a pseudo-first order rate equation with respect to 

hydrocarbon concentration were derived from experimental studies on whole naphtha. 

Henningsen and Bundgaard-Nielson (1970) expanded on this model by expressing the rate 

constants in the form of Arrhenius type of equation. This accounted for influence of 

reactor operating temperatures on the rates of reactions. That model is also noteworthy 
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because ofthe efforts made to include the deactivation of catalyst along with reforming 

reactions. Other significant contributions to kinetic modeling of reforming during that 

period include Jenkins and Stephens, (1980) and Kugelman (1976). One notable point is 

the fact that so far all the models constmcted were pseudohomogeneous in nature and did 

not account for the heterogeneous nature of reforming reactions Kmak (1972) from 

Exxon research organization presented the first endeavor to incorporate the catalytic 

nature of reactions by deriving a reaction network with Langmuir-Hinshelwood kinetics. 

The following two sources will have to be mentioned in connection with the most 

comprehensive work published so far in the kinetic modeling of reforming reactions 

involving heterogeneous type of rate equations. The first source is referred in connection 

with the work done in Mobil research laboratories. A series of articles were published by 

following research personnel from Mobil; Graziani and Ramage (1978); Ramage et al. 

(1980, 1987); Schipper et al. (1984). Ramage et al. (1987) cite thirty man years worth of 

effort spent in developing their kinetic models. The models were developed based on 

studies conducted on a pilot plant scale catalytic reformer. The second source refers 

mainly to the work done by following researchers on laboratory scale reactors. Marin and 

Froment (1982); Marin et al. (1983); Trimpont, Marin and Froment (1986, 1988). Both 

the cases represent extensive efforts spent in developing the kinetic reaction models for 

reforming. A detailed information on these models would be provided later in the thesis. 

One advantageous feature of both of these models is inclusion of deactivation ofthe 

catalyst, which is an important phenomena observed in reforming process. One 

mentionable reference conceming exclusive study ofthe deactivation ofthe 



platinum/alumina catalyst is by Beltramini et al. (1991). The same author has also 

examined the role of sulfijr in poisoning ofthe catalyst (Beltramini et al., 1990). 

As mentioned eadier, it is not practical to identify all the constituent components 

of naphtha, hence, attempts have been made to model naphtha by considering groups of 

components taking part in the reforming reactions. Some studies have been published to 

mathematically derive the criteria for lumping ofthe components in complex reaction 

systems. The lumping criteria of Kuo and Wei (1969) has been widely acknowledged and 

applied to a number of reaction systems, including catalytic reforming (Marin and 

Froment, 1982; Trimpont, Marin and Froment, 1988). Co.xon and Bischoff (1987) applied 

techniques of cluster analysis to modify the approach of Kuo and Wei (1969) and 

demonstrated their technique on a Mobil catalytic cracking model. 

Before concluding the survey of kinetic modeling of reforming reactions, we 

would like to mention a few other informative papers published recently on the modeling 

of catalytic naphtha reforming. These are Turpin (1994); Mudt, Hoffinan and Hendon 

(1995); Bommannan et al. (1989). Bench marking ofthe model with the given data 

involved adjusting coefficients in the model. Also known as the parameter estimation 

procedure, reader is referred to the text by Froment and Bischoff (1990) for an excellent 

discussion of this procedure. The text by Froment and Bischoff (1990) also presents a 

comprehensive review of various types of fixed-bed reactor models. The catalytic 

reactions of reforming process simulated in this project occur in fixed-bed reactors. For 

more information on the modeling of fixed-bed reactors, the reader is referred to the 
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following references: Rase (1990); Jorgensen (1988); Khanna and Seifeld (1986), Varma 

(1981). 

We wish to mention that the text by Reid, Prausnitz and Poling (1987) served as 

an invaluable source ofthe most of thermochemical properties data required in the 

modeling. 

A search ofthe available software was carried out to look for a suitable 

optimization "engine" to be used for conducting the optimization studies ofthe unit. One 

ofthe latest articles by Nash (1995) lists more than twenty-five software packages for 

non-linear programming which are available in the market today. The articles summarizes 

various features of each software, such as maximum size ofthe problem solvable by the 

package, constraint handling capacity, compatibility, pricing, etc. With the availability of 

many efficient numerical algorithms at a relatively affordable cost, the researcher does not 

have to be concemed with developing the optimization code by himself However, for a 

background in the theory of optimization and numerical algorithms of optimization, the 

reader is referred to the following texts: Bazaraa, Sherali and Shetty (1993); Edgar and 

Himmelblau (1988); and Press et al. (1992). 

A thorough literature search did not locate a published paper in open literature on 

the optimization ofa catalytic naphtha reformer. Mudt, Hoffinan and Hendon (1995) 

recently published some findings from the currently on-going work on an on-line 

optimization project on a catalytic reformer in Sunoco refinery. Van Wijk and Pope 

(1992) gave a useful review ofthe methodology of on-line optimization and advanced 

process control in Shell Refineries. Kennedy (1989) has listed some ofthe critical factors 
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that need to be taken into account while performing the refinery-wide real-time 

optimization. Some other referenes on the optimization of refinery units are: Van Wijk 

and Pope (1992); Mariin and Hrymak (1995); Kennedy (1989), Bailey et al. (1993); 

Lauksetal. (1992). 

The formulation ofthe optimization problem was an important issue in connection 

with this project. The most detailed optimization analysis ofthe problem involved 

dynamic programming, that is, optimizing the profile ofthe independent variables over a 

period of time. Literature search was carried out to get information about the applicable 

techniques for solving dynamic non-linear optimization problems. Rhinehart and Beasley 

(1993) have provided a detailed discussion of an algorithm for solving dynamic 

programming problems. Bieglar and Cuthrell (1985) provide informarion on' a 

collocation technique to obtain solution for dynamic optimization. Macchietto and 

Mujtaba (1992) compare the collocation technique to another technique called control 

vector parameterization (Bieglar, 1990). 
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CHAPTER 3 

CATALYTIC NAPHTHA REFORMER: PROCESS 

DESCRIPTION AND CHEMICAL REACTIONS 

3.1 Process Description 

The flow diagram ofthe catalytic naphtha reforming unit modeled in this work is 

displayed in Figure 3.1. The feedstock to the cat reformer are the gasoline boiling range 

hydrocarbons (80-350 °F), collectively known as naphtha in the refinery jargon, which are 

in the raw cmde. These are separated from the other cmde hydrocarbons by fractionation 

in the crude column. The gasoline, or naphtha, obtained directly from cmde oil is almost 

always of such low octane number that a refiner cannot use it as a motor fuel. So the 

purpose ofthe cat reformer is to raise the octane number of gasoline to a higher octane 

number. The naphtha used as a cat reformer feedstock usually contains the mixture of 

paraffins, naphthenes, and aromatics in the carbon number range Cs - Cio. Before feeding 

it to the cat reformer, naphtha is processed in a feed-preparation unit to remove 

contaminants such as sulfur, nitrogen, arsenic, and lead. The feed preparation unit itself is 

a catalytic unit using a cobalt-molybdenum (Co-Mo) or a nickel-molybdenum (Ni-Mo) 

catalyst. These feed-preparation units are called hydrodesulfurization units or 

hydrotreaters. 

The reformer reactor charge, fractionated to proper initial and end boiling points in 

the cmde unit, and pretreated, is combined with a gas stream containing 60 to 90 mol % 
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hydrogen. Thus total reactor charge is the naphtha feed plus the hydrogen-bearing recycle 

gas stream. 

The reactor feed must be raised to the proper temperature for the reforming 

reactions to occur when the charge contacts the catalyst. As shown in Figure 3.1, total 

reactor charge is heated, at first by exchange with effluent from the last reactor, and is 

finally brought up to the first reactor inlet temperature in the first charge heater also called 

as first interheater. (Effluent is total vapor flowing out ofthe last reactor.) The reactor 

effluent-to-feed exchanger recovers the heat from the reactor effluent and provides it to 

the reactor feed. Thus it is one key to energy conservation in a catalytic reformer. The 

reactor effluent which may mn as high as 750 to 790 K, must be cooled to 315 to 320 K 

for flash separation of hydrogen from the reformate. This heat exchange is carried out in 

several banks of heat exchangers, arranged for parallel flow, or as in the case of some of 

the newer units, use one large single-pass vertical exchanger. 

Catalytic reforming is a gas phase process. After passing through the reactor 

effluent-to-feed exchanger and the charge heater, the total reactor charge is 100% vapor, 

is up to reaction temperature, and is ready to contact the reforming catalyst. The most 

commonly used catalyst type is platinum on alumina support. Recent developments in 

catalysis have produced some bi-metallic catalysts, such as Pt-Re or Pt-Ir on alumina 

support, which are supposed to promote certain desirable reforming reactions. The flow 

scheme (Figure 3.1) shows three reactors in series. Reformers have been built with four 

or five reactors. At the beginning of this work, the model was written only for three 

reactors, however, the industrial data obtained for the benchmarking contained four 
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hydrogen. Thus total reactor charge is the naphtha feed plus the hydrogen-bearing recycle 

gas stream. 

The reactor feed must be raised to the proper temperature for the reforming 

reactions to occur when the charge contacts the catalyst. As shown in Figure 3 1, total 

reactor charge is heated, at first by exchange with effluent from the last reactor, and is 

finally brought up to the first reactor inlet temperature in the first charge heater also called 

as first interheater. (Effluent is total vapor flowing out ofthe last reactor.) The reactor 

effluent-to-feed exchanger recovers the heat from the reactor effluent and provides it to 

the reactor feed. Thus it is one key to energy conservation in a catalytic reformer. The 

reactor effluent which may mn as high as 750 to 790 K, must be cooled to 315 to 320 K 

for flash separation of hydrogen from the reformate. This heat exchange is carried out in 

several banks of heat exchangers, arranged for parallel flow, or as in the case of some of 

the newer units, use one large single-pass vertical exchanger. 

Catalytic reforming is a gas phase process. After passing through the reactor 

effluent-to-feed exchanger and the charge heater, the total reactor charge is 100% vapor, 

is up to reaction temperature, and is ready to contact the reforming catalyst. The most 

commonly used catalyst type is platinum on alumina support. Recent developments in 

catalysis have produced some bi-metaUic catalysts, such as Pt-Re or Pt-Ir on alumina 

support, which are supposed to promote certain desirable reforming reactions. The flow 

scheme (Figure 3.1) shows three reactors in series. Reformers have been built with four 

or five reactors. At the beginning of this work, the model was written only for three 

reactors, however, the industrial data obtained for the benchmarking contained four 
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reactors in series. Therefore, later the model was expanded to include the fourth reactor, 

as well. It also must be mentioned that although the flow sheet shows all the reactors the 

same size, reactors are different sizes in many units, with the smallest reactor in the first 

position and the largest in the last position. The major reactions such as dehydrogenation 

of naphthenes are endothermic and very fast as compared to other refonning reactions. 

The first contact with catalyst causes a rapid decrease in temperature. Very quickly the 

temperature in the reactor drops so low that the reaction rate becomes too slow for 

commercial operation. It is not unusual in the first reactor to have a temperature decrease 

between inlet and outlet of 50 to 70 K. For this reason, catalytic reformers are designed 

with multiple reactors and with heaters between reactors to maintain reaction temperature 

at operable levels. The net endothermicity of refonning reactions decreases after the first 

reactor, because the reactions, such as dehydrocyclization of paraffins which 

predominantly take place in the last two reactors, are only moderately endothermic as 

compared to dehydrogenation reactions. Hence, as total reactor charge passes through 

the reactor train (three or more reactors in series flow) the temperature differential across 

the reactors decreases. In fact, the last reactor may show zero endotherm or, in some 

cases, a small temperature increase. 

The effluent from the last reactor, at temperatures from 750-790 K is cooled by 

heat exchange with the reactor charge, then further cooled by air and water exchangers to 

315-320 K. The stream then enters the separator vessel (called product separator), where 

flash separation of hydrogen and some ofthe light hydrocarbons (primarily methane and 

ethane) takes place. The flashed vapor, containing 60 to 90 mol % hydrogen, passes to a 
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compressor and then circulates to join the naphtha charge. The hydrogen circulation to 

the naphtha charge is called hydrogen recycle. The hydrogen recycle is maintained in 

order to control the rates of deactivation ofthe catalyst. Excess hydrogen from the 

separator (shown as a separator gas in Figure 3.1) is yielded to fiiel gas or to hydrogen 

consuming units in the refinery, for example, hydrotreaters. 

The separator liquid, comprised mostly ofthe desired reformate product but also 

containing hydrogen, methane, ethane, propane, and butanes is pumped to the reformate 

stabilizer or fractionator. Reformate off the bottom ofthe stabilizer, the product that we 

are essentially interested in, is sent to storage for gasoline blending. 

The reformer modeled in this work is a semiregenerative type of reformer. This 

means that the reformer processes feedstock for a time and then shuts down for 

regeneration and rejuvenation ofthe catalyst. The time between regenerations is called a 

cycle and is expressed in months. Cycles vary anywhere from three months to three years 

A cycle may be terminated for a number of reasons, but the most common is poor catalyst 

performance, due to deactivation ofthe catalyst by coke formation on its surface. This 

shows up as a loss of reformate yield or as too-high reactor-inlet temperatures 

approaching the maximum allowable for the reactor metallurgical constmction. The 

regeneration procedure restores the catalyst to fresh-catalyst condition. 

3.2 Chemistry of Catalvtic Naphtha Reforming 

The dominant reaction classes prevalent in the catalytic reforming are 

dehydrogenation of naphthenes, isomerization of paraffins and naphthenes. 
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dehydrocyclization of paraffins and hydrocracking of paraffins. These are discussed 

individually below. It is emphasized here that most ofthe catalytic reactions in reforming 

involve rearrangement ofthe hydrocarbon skeleton; hence they can be termed "skeletal 

reactions." This also implies that most ofthe reactions take place within the same carbon 

number group. Also, all the information presented here has been gathered from various 

literature sources, which have been ab-eady referred to in Chapter 2 Readers who wish to 

skip a detailed discussion of these reactions can jump to a brief conclusion provided at the 

end of Section 3.2.4. 

3.2.1 Dehydrogenation 

A principal reforming reaction is dehydrogenation because it produces aromatics 

that have high octane numbers. A classic example is dehydrogenation of 

methylcyclohexane to toluene 

A 
\ 

+ 

Methylcyclohexane 
C7H14 

Toluene 
C7H8 

H. 

Hydrogen 
H2 

Scheme 3.1 

When a naphthene is converted to an aromatic, octane number is gained at a loss 

of volume. This reaction is also the fastest amongst all the reforming reactions and 

reaches equilibrium very quickly. The reaction is endothermic and produces a sharp drop 
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in temperature. Almost all the refonning reactions are endothennic and hence, 

thennodynamic constraints play an important role in understanding the refonning 

chemistry and model development. High yields of aromatics are favored by high 

temperatures and low hydrogen partial pressures. However, at higher temperatures, rates 

of hydrocracking reactions increase sharply, which are undesirable reactions from 

refonning point of view. Also pressures below a certain level are not feasible in a 

commercial operation because of rapid catalyst deactivation. 

3.2.2 Isomerization 

Paraffins are isomerized at reforming conditions; 

C C 
I I 

c-c -c -c -e -e ^ c-c-€ -c 

n-Hexane 2,2-Dimethylbutane 
C6H14 C6H14 

Scheme 3.2 

Isomerization ofa paraffin rearranges the molecule with essentially no change in 

volume but with a marked increase in the octane, since branched paraffins in general have 

significantly larger octane numbers. These reactions are mildly exothermic, hence 

temperature does not have a big effect on the equilibrium. Also, the reactions are 

unaffected by pressure. Paraffin isomerization is a moderately fast reaction on the 

reforming catalyst, not so rapid as dehydrogenation of naphthenes, but more rapid than 

any other reactions. In the reforming process, isomerization of paraffiins almost reaches 
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thennodynamic equilibrium, but this is a very dynamic equilibrium, since the paraffins 

continue to react in various other reactions. 

Naphthene hydrocarbons may also isomerize in reforming reactors. The 

naphthenes formed by ring closure of paraffins are predominantly five-carbon ring 

naphthenes. These isomerize to give six carbon ring naphthenes. 

,CH2CH3 

V 
.X 

Ethylcyclopentane 
C7H14 

Methylcyclohexane 
C7H14 

Scheme 3.3 

When this happens, they almost immediately undergo dehydrogenation to an 

aromatic. Isomerization of alkylcyclopentanes is less rapid than dehydrogenation of 

naphthenes and also has a higher acfivation energy. 

3.2.3 Dehydrocyclization 

Probably the most difficuh reaction to promote, but most desirable reaction in 

reforming is dehydrocyclization of paraffins to give naphthenes. This reaction is also 

referred to as ring closure reaction. It is a required reaction for production ofa 

satisfactory yield of high octane number reformate. Most reforming feedstocks contain a 

substantial quantity of low octane number paraffins. The dehydrogenation and 
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isomerization reactions alone cannot produce enough aromatics and isoparaffins to yield 

high octane number reformate of 85 of higher. A typical dehydrocyclization is. 

c X X t: t "C c V •^ ^ " ^ — CH2CH3 + H2 

n-Heptane Ethylcyclopentane Hydrogen 

C7H16 C7H14 

Scheme 3.4 

These reactions are endothermic, promoted by high temperature and low hydrogen 

pressure. For cyclization, a paraffin with at least a six-carbon straight chain is needed. 

Consequently, n-pentane does not cyclize. However, n-hexane will cyclize to benzene. 

The longer the straight-chain paraffin, the more readily will it dehydrocyclize. Under 

normal reforming conditions, little hexane is dehydrocyclized, the conversion of heptanes 

is larger, and the conversion of octanes and nonanes is at least twice that of heptane. 

3.2.4. Hydrocracking 

The breaking of C-C bond in reforming is called hydrocracking. Hydrocracking 

can break a paraffin molecule into two molecules of lower molecular weight. 

Hydrocracking catalyzed by the reforming catalyst cracks the paraffin molecule 

approximately at a middle position. An example of hydrocracking reaction can be; 

c x x - c - c c c +H2 ^ c-c-c c-c -c -e 

n-Heptane Hydrogen Propane Butane 
C7H16 C:Mii C4H10 

Scheme 3.5 
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Aromatics present in the feed or produced in the reaction do not normally undergo 

ring opening at reforming temperatures and pressures. High temperature and high 

pressure accelerate hydrocracking. This is the only type of reforming reaction which can 

be considered to be totally irreversible. This reaction usually proceeds at the rates similar 

to that of ring closure. However, it has a slightly higher activation energy than that of ring 

closure reactions. As a result, when the reformer severity is pushed to obtain higher 

octane, this reaction causes a significant gasoUne yield loss. However, in the process, this 

reaction also helps improve the octane by removing the low octane number paraffins from 

the reformate and producing lighter hydrocarbons, like, methane, ethane, propane, etc., 

which are outside the gasoline boiling range. Finally, this reaction is exothermic and 

consumes hydrogen. Due to the similarity of rate parameters of this reaction to the 

dehydrocyclization reaction, both these reactions proceed almost parallel to each other, 

mostly in the last two reactor beds. 

Thus to briefly summarize the properties of reforming reactions reviewed here, 

1. All the reactions produce an increase in octane number. 

2. The most rapid reactions reach thermodynamic equilibrium, and the others are 

kinetically controlled. 

3. A high process temperature and a low pressure favor the thermodynamic equilibrium 

as well as the reaction rate in two most important reactions; dehydrogenation of 

naphthenes or cyclohexanes, and dehydrocyclization of paraffins. For the 

isomerization reactions, temperature and pressure have a slight influence on 

equilibrium, while the hydrocracking reactions are irreversible for practical purposes. 
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Overall, high temperatures and low pressures would seem most desirable, but the same 

conditions favor deactivation ofthe catalyst. For this reason the process conditions 

are a compromise. 

4. The two most important reactions are endothermic and dominate the heat balance, 

resulting in a decrease in temperature along the catalyst bed. Only in the last reactor, 

where the slowest reactions occur, is the endothermicity of dehydrocyclization of 

paraffins partially neutralized by the exothermicity of hydrocracking. 

5. The process is a net hydrogen producer. 

The chemistry ofthe major reforming reactions whose products are directly 

present in the reformate was discussed. Another major class of reactions, whose products 

do not appear in the gasoline, but significantly impact the rates of main reactions; the coke 

formation reactions, are described in the following Section. 

3.3 Catalyst Deactivation 

Deactivation of catalysts by carbonaceous deposits is a phenomenon frequently 

encountered in the petroleum and petrochemical industry which has far reaching 

consequences. Several ofthe overall reactions in catalytic reforming require formation of 

olefinic intermediates in their elementary reaction sequence. Ultimately, these olefinic 

intermediates lead to coke formation and subsequent catalyst deactivation. Catalyst 

deactivation is primarily caused by the blockage of active sites due to the coke formed 

from these olefinic intermediates. For example, in the ring isomerization reaction, 

methylcyclopentane forms a methylcyclopentene intermediate in its reaction sequence to 



cyclohexane. The intermediate can also fijrther dehydrogenate to form 

methylcyclopentadiene, a coke precursor. Beltramini et al. (1991) have stated that 

methylcyclopentadiene can undergo a Diels-Alder reaction to form large polynuclear 

aromatic coke species. It is generally accepted, that coke consists of highly unsaturated 

polycyclic compounds formed from olefinic precursors. 

Once any olefinic intermediates are formed, it can either go to a desired product or 

dehydrogenate further and polymerize to coke precursors. Higher hydrogen pressures 

suppress the diolefin formation, making the selectivity to the desired products (in contrast 

to coke products) more favorable. However, higher pressures reduce the selectivity to 

aromatics in the desired liquid product, as discussed in the Sections on chemistry of 

reforming. Thus, a rigorous model must accurately predict not only the rates of product 

formation, but also the formation of coke precursors and the effect on catalyst 

deactivation over a range of reactor temperatures and pressures. 

3.4. Reforming Catalysts 

Reforming catalysts have been a topic of extensive investigation for a number of 

years and also a source of enormous amount of hterature produced on the subject. The 

catalyst in the reactors promotes the desired reforming reactions and makes the catalytic 

reforming a commercially feasible process. Typical reforming catalysts are Pt on alumina 

support. They are produced in a variety ofphysicalfonns and sizes. The predominant 

forms are 1/8 in or 1/4 in diameter extmdates (cyhnders) or spheres. The lengths of these 

cylinders vary from 1/4 in to 3/4 in. The catalysts are composed of a base or support 
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material, usually alumina (AI2O3), to which has been added certain metals catalvticaily 

active for desired reforming reactions. The metals (e.g., platinum) comprise less than 1 wt 

% ofthe catalyst and are highly dispersed on the surface and in the pores ofthe alumina 

support. 

Both metals and the support play key roles in the catalysis. The role of platinum is 

to catalyze dehydrogenation-hydrogenation reactions. Chlorided alumina acts as an acid 

and catalyzes carbon skeletal reartangement through carbonium ion mechanisms. Proper 

acid activity is generally maintained by injecting trace amounts ofa chloride compound 

with the feed. Except for naphthene dehydrogenation, which only requires a platinum site 

for catalysis, all the other major reactions require an interaction between sites. In other 

words, they proceed via a bifijnctional mechanism. 

Paraffin and naphthene isomerization require the platinum function for 

dehydrogenation to olefin, the acid function for carbon skeletal rearrangement, and the 

metal function again for hydrogenation ofthe olefin. 

C-C-C -c -c -e . ^ c-c-c dc -c -c + H2 
^ Pt / ] 

Acid 

C-C-C-C-C V "̂  c-c=c-<:-c + H2 
Pt 

c c . 

Scheme 3.6 

Ring closure can proceed through dehydrogenation ofthe paraffin on a platinum 

site followed by carbon skeletal rean-angement on an acid site. Cracking reactions can 
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take place on either the acid site or the platinum site. As mentioned previously, the 

catalyst deactivates because of coke formation on the Pt and acid sites. Recent 

developments in reforming catalyst involve the use of second metal like rhenium or iridium 

along with the platinum. It is commonly thought that the second metal lowers the 

formation rate ofthe coke precursors and hence increases the stability and selectivity of 

the catalyst (Froment et al., 1986) 
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CHAPTER 4 

MODEL DEVELOPMENT 

The major elements ofthe process required to be modeled are quite evident from 

the process description in Chapter 3. The units modeled in the system are: fixed-bed 

reactors, which conduct all the reforming reactions, hydrogen flash separator, recycle 

process, effluent-to-feed heat exchanger, and recycle gas compressor. Of course, aging of 

the catalyst due to coke formation is an important factor and substantial effort was 

expended to include it in the model. However, feed was assumed to be free of other 

substances or the catalyst poisons, such as sulfur, arsenic, lead, etc., which could harm the 

catalyst activity. It may be mentioned here that the model was written in a sequential 

modular format. This means that the solution procedure employed involved solving each 

component in a sequence in which it appeared in the flow-sheet. In the case ofthe recycle 

process, it implies resorting to an iterative method to converge the composition ofthe 

recycle stream. This concept would become more clear as the discussion would proceed 

in this chapter. 

Using the information presented in the last chapter as a background, we can begin 

to illustrate the development ofthe kinetic model, which forms the heart ofthe overall 

modeling effort in this project. 
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4.1 Kinetic Modeling of Reforming Reactions 

It is quite evident by this time that an effective kinetic refonning model must 

properiy represent all the major types of reactions, recognize the fact that this is a solid 

catalyzed gas phase reaction system, and account for at least the important classes of 

chemical species present in the reaction system. The large number of reactions and the 

components required to be modeled in the system make this a complex problem. 

4.1.1 Selection ofthe Kinetic Model 

A kinetic model defines the rates of various reactions and the associated heat and 

material balance using a system of equations. Developing a kinetic model from basic 

reaction kinetics and fundamental engineering relationships is a major investment in 

engineering resources. However, the quantity and quality of information from a kinetic 

model are far superior to that ofa correlation model or a pseudokinetic model. A kinetic 

model inherently satisfies both heat and material balance, because it takes into account the 

stoichiometry ofthe reactions. A kinetic model is not limited to the range over which the 

test mn data was calculated; but rather to the validity range ofthe fundamental equations 

used in the kinetic model development. The major problems with kinetic model are the 

engineering support needed to make the development and the time needed to make 

calculations. A reasonably detailed kinetic model development, apart from requiring time 

intensive effort, would also need either a laboratory setup or substantial amount of well 

analyzed data from some source conducting reforming reactions. In the absence of any of 

these, the option was to base our modeling on the previously published literature studies 
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on kinetic models. An extensive literature survey was performed in order to collect the 

information regarding most ofthe significant naphtha reforming modeling work published 

so far. A review ofthat work has already been presented in Chapter 2. The most 

comprehensive and latest ofthe studies are those by Ramage et al. (1987) and by Marin 

and Froment (1982); Van Trimpont, Marin and Froment (1986); Van Trimpont, Marin 

and Froment (1988). Both these studies are identical in a lot of respects; particularly, in 

terms ofthe kinetic scheme developed and the form of rate expressions used. Ramage et 

al. (1987) collected the data from a reforming pilot plant. Marin and Froment (1982); Van 

Trimpont, Marin and Froment (1986); Van Trimpont, Marin and Froment (1988) 

conducted experiments on a laboratory scale reactor. In this study, the authors have 

disclosed all the values of kinetic rate parameters obtained by them from their 

experimental set-up. This provided good starting values while writing and bench marking 

our model. The authors evaluated various reaction paths and mechanisms before choosing 

the one that showed the best fit with the experimental data. Jt was felt that amongst all 

the models scmtinized, this model would most effectively be able to incorporate the 

effects of operating variables over a wide operating range. Hence, the reaction scheme 

developed by them was the model of choice in this work. 

4.1.2 Methodology of Kinetic Model Development 

The problem of developing kinetic model for the whole naphtha was partitioned by 

first studying Ce-reforming (Marin and Froment, 1982), and then C7-reforming (Van 

Trimpont, Marin and Froment, 1988). The problem was also extended to study the fijll 
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range of naphtha by Marin et al (1983). It should be realized that during reforming 

reactions, the carbon number of reactant remains unchanged, except hydrocracking which 

breaks down the hydrocarbon molecule into two molecules with lower carbon atoms. It 

is, therefore, possible to study each carbon number fraction individually, and still be able 

to apply the resuhs for constmction ofthe frill model. Marin et al. (1983) and Froment 

(1987) have pubhshed the reaction network for the whole range of naphtha. It is quite 

noticeable that the reaction pathways derived for each carbon number fraction are almost 

identical to each other. This fact is supported by Ramage et al. (1987), who in their 

exhaustive studies on modeling of catalytic reforming, have used the same reaction 

network within each carbon number group. 

The experimental data was collected (Marin and Froment, 1982; Van Trimpont, 

Marin and Froment, 1988) in a tubular reactor packed with a catalyst required for 

conducting reforming reactions, under the conditions resembling actual reforming 

operation. However, hydrogen partial pressures were maintained high enough so that 

deactivation due to coking would not surface during the experiments. Coking kinetics 

was studied separately under deactivating conditions with different set of experiments in a 

tubular reactor. 

To identify the reactions taking place on the catalyst, the conversion versus the 

catalyst weight plots were prepared for every mn (Marin and Froment, 1982; Van 

Trimpont, Marin and Froment, 1988). Several such mns at different feed conditions, 

temperature, pressure, and hydrogen-to-hydrocarbon ratio were conducted. Based on the 

plots, the authors ascertained certain reaction paths, as well as mled out some other 
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reactions that seemed possible eariier. For example, direct ring closure of paraffins to give 

six-ring naphthenes was not observed. It was found that ring closure proceeded through 

the formation ofa five-ring stmcture. The reaction network derived for CG hydrocarbons 

(Marin and Froment, 1982) was quite similar in nature to that derived for C7 hydrocarbons 

(Van Trimpont, Marin and Froment, 1988). 

4.1.3 Development of Reaction Rate Expressions 

Hougen-watson Langmuir-Hinshelwood type reaction rate expressions were 

written to describe the rate of each reaction (Marin and Froment, 1982; Van Trimpont, 

Marin and Froment, 1988). Rate equations derived of this type, explicitly account for the 

interaction of chemical species with the catalyst. They typically contain denominators in 

which the terms characteristic for the adsorption ofthe reacting species appear. It has 

been often criticized in last thirty years, that Hougen-Watson approach is only a 

systematic, but still empirical formahsm, leading to a better fit ofthe experimental data due 

to increased number of parameters, but incapable of reflecting the tme mechanism. 

However, the fact remains that the Langmuir theory and its application according to 

Hougen and Watson (1947) permits a stmctured approach of catalytic kinetics and its 

basic restrictions generally lead to deviations which are minor with respect to the 

inaccuracies associated with kinetic experimentation (Froment, 1987). Therefore, it is 

thought that this form of rate expressions incorporates the mechanistic insight to a 

maximum extent into the models, as compared to the expressions which only assume a 

first order rate equation to fit the experimental data. For example, in the derivation of rate 
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expression for C? hydrocarbons (Marin and Froment, 1982; Van Trimpont, Marin and 

Froment, 1988), the elemental steps involving the surface of acid alumina support were 

known to be rate determining (De Pauw and Froment, 1975). The best global regression 

ofthe experimental data was obtained for bifijnctional reforming ofthe rate equations 

corresponding to the single site surface reaction on the acid fiinction as the rate 

determining step. Again, no claim is made here that this kinetic analysis unambiguously 

represents the tme mechamsm of the reaction (Froment, 1987). 

4.1.4 Lumping Scheme of Chemical Components 

The chemical components taking part in the catalytic reforming reacting system, 

number over 300 as measured by gas chromatography. (Little, 1985). To model such a 

complex system with all species would be extremely difficult. However, the large number 

of chemical components can be reduced to a manageable, smaller set of kinetic lumps, 

each composed of chemical species which have sufficiently similar reaction characteristics. 

Kuo and Wei (1969) provide detailed discussions on the philosophy of defining kinetic 

lumps for complex reaction systems. The kinetics are defined in terms of a minimum set 

of lumped chemical species having a minimum, yet sufficient, number of reaction pathways 

between them. If the lumps and pathways properly describe the reforming system, the 

kinetic rate parameters will be independent of feedstock composition and will not require 

additional correlative adjustment factors for accurate predictions. Pseudospecies are 

formed by associating chemical species having similar behavior in a single lump. Kuo and 

Wei (1969), in applying the "principle of invariant response" indicated that species should 
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be lumped together only if the dynamic behavior ofthe resulting pseudospecies is 

independent ofthe composition ofthe species. It also implies that the species lumped 

together have a very high rate of isomerizations within themselves and come to 

equilibrium very quickly as compared to the reactions outside that lump. Marin and 

Froment (1982) and Van Trimpont, Marin and Froment (1988) have adopted this lumping 

criterion in their work. For example, lumping of multi-branched iso-paraffins in a given 

carbon number fraction was justified by the high rates of isomerizations amongst them 

which do not involve a change in the degree of branching. The same principle also holds 

tme for single-branched iso-paraffins. However, straight chain paraffins and single-

branched iso-paraffins are not in equilibrium, so they could not be included in the lump. 

4.1.5 Description of Overall Reaction Network 

Figure 4.1 displays diagram showing part ofthe reaction network used for kinetic 

modeling. The diagram only includes carbon fraction up to C9 due to lack of space 

available for showing the complete reaction model. However, it must be mentioned that 

the model has been extended to cover the carbon number species till Cio. Marin and 

Froment (1982) and Van Trimpont, Marin and Froment (1988) gave the reaction rate 

expressions for C6 and C7 hydrocarbons, respectively. The reaction rate expressions for 

other carbon number fractions were derived in this work by assuming similar reaction 

network and mechanisms. Marin et al. (1983) and Froment (1987) have 
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published only the reaction network for whole naphtha which supports this hypothesis. 

Most ofthe features ofthe kinetic model are based on the published information in 

Marin and Froment (1982); Van Trimpont, Marin and Froment (1988) and Marin et al. 

(1983). Therefore, this model also contains Hougen-Watson form ofthe rate expressions, 

the same lumping scheme and similar reaction network. The characteristics and the 

assumptions made in the kinetic model in this work are listed next. 

1. The wide variation in thermodynamic behavior requires that paraffins, naphthenes, and 

aromatics within a carbon number fraction be treated separately in an accurate lumping 

scheme. The paraffins in each carbon number group are divided into three individual 

pseudocomponents; straight chain, single branched and multi-branched. The lumping 

of multi-branched isoparaffins can be justified by high rate of isomerizations, which do 

not involve a change in degree of branching (Kuo and Wei, 1969). Similar 

observations hold tme for single branched iso-paraffins (Marin and Froment, 1982). 

2. Five-carbon ring naphthenes or alkylcyclopentanes in each carbon number group, are 

lumped together. It is justified by the observations that disubstituted cyclopentanes 

are present in proportions close to thermodynamic equilibrium (Van Trimpont, Marin 

and Froment, 1988). However, alkylcyclohexanes are not in equilibrium with 

cyclopentanes, so that it cannot be included in the lump. 

3. Distribution of primary ring closure products of C7 paraffins indicated mostly five-ring 

naphthenes and very little formation of sLx-ring naphthenes (Van Trimpont, Marin and 

Froment, 1988). It follows from this that ring closure proceeds through the formation 

ofa five-ring stmcture. Direct six-ring closure is not observed. 
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4. It appears from the results that primary isomerization products of n-heptane are 

methylhexanes. The multi-branched paraffins are only observed at higher conversions. 

Similar observations conceming the ring closure and the isomerization of Co 

hydrocarbons were made by Marin and Froment (1982). The detailed reaction 

network displayed in Figure 4.1 has been constmcted to reflect this information. 

5. Ring closure or the dehydrocyclization reaction proceeds through the formation of n-

parafifins first. Marin and Froment (1982) attributed it to the fact that biflinctional ring 

closure from single branched paraffin would require the formation ofa primary 

carbenium ion, which is less stable. The alkylcyclopentane formation from n-paraffin 

on the other hand is consistent with the possibihty of C5 ring closure through a 

secondary' carbenium ion which is more stable. 

6. Under the reaction conditions aromatics and naphthenes hydrocracking to lower 

carbon number paraffins is almost negligible. In fact. Van Trimpont, Marin and 

Froment (1988) found that cracking of n-hexane and n-heptane can be neglected in 

comparison to the cracking of iso-parafifins. Hydrocracking catalyzed by the acid 

function cracks the paraffin molecule approximately at a middle position (Parera and 

Figoh, 1994). Haensel and Donaldson (1951) suggested that the products of 

hydrocracking, in general, are not further cracked within the reaction contact time 

range used in normal plants. Hence, most ofthe hydrocracking products are C3 and 

C4 paraffins. Van Trimpont, Marin and Froment (1988) have reported results which 

agree with the same observations, while conducting studies on C7 hydrocarbons. The 

cracked products distribution data for C7 tabulated by them show 37.5 %, propane. 



31 3 % n-butane, 18.7 % ethane, 12.5 % n-pentane. The same cracking distribution of 

cracked products formation within C5- species, which is the lumped representation of 

all cracked products has been used in this work. 

7. The full fledged reaction model symbolizing the reforming reactions of components of 

naphtha, in C5 to Cio range, then consists ofa total of 35 components connected 

together by a network of 36 reactions. 

As a representation ofthe form of rate expressions used. Table 4.1 lists the rate 

expressions for each reaction in the reaction network of C7 hydrocarbons (Van 

Trimpont, Marin and Froment, 1988). Of course, very similar rate equations represent 

reactions in other carbon number fractions, too. 

8. The rate equations are of nonlinear pseudomononuclear form. 

9. All the rate coefficients obey the well-known Arrhenius' law, thus making them 

exponentially dependent on the temperature. 

10. Microscopic reversibility is satisfied with equihbrium constraints calculated from free 

energy data by using the van't Hoff equation. (Sandler, 1989) 

11. The heats of reactions are computed by utilizing the heats of formation of species at 

standard temperature, and then updating them to the reaction temperature by using 

constant pressure specific heat coefficients of gases. 

12. Physical and thermodynamic properties, such as heats of formation, free energies of 

formation and ideal gas specific heat coefficients, etc., need to be estimated for the 

pseudocomponent lumps used in the model. The properties are computed based on 

the pure component properties ofthe components constituting the lump. The 
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Table 4.1 Reaction rate equations obtained by analyzing experimental conversions for C7 
hydrocarbons (Van Trimpont, Marin and Froment, 1988). 

Type of Reaction Reaction rate expression 

Isomerization of paraffins r = Ao e'^^^ (P\ - PB / KA-B) / F 

Hydrocracking of single branched and r = Ao e'^^^ (P.\ PH ) / F 
multiple branched paraffins 

Ring closure of n-paraffins r = Ao e'^^^ (PA - PB PH / KA-B) / F 

Ring expansion of alkylcyclopentanes r = Ao e'^^^ (PA - PB / KA-B) / F 
to alkylcyclohexanes 

Dehydrogenation of methylcyclohexane r = Ao e"̂  (PA - PB PH' / KA-B) / ( PHO ) 

Adsorption term for the acid function 
r = ( PH + Kc6J'c6-+ Kp7Pp7 + KN7 PN7 + KTOL PTOL ) 

2 
Adsorption term for the metal function 
e = I + KMCHI PMCH + KMCH2 ( PMCH / PH' ) 

Ao = Pre-exponential factor 
E = Exponential factor 
Pi = Partial Pressure of component T 
Ki.j = Equihbrium constant for i o j 
A = Reactant 
B = Product 
H = Hydroge 
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chemical stmcture ofthe pure species within any given lump is quite similar. In most 

ofthe cases, the thermochemical properties of these species are quite identical and 

hence the mathematical average was adequate to estimate the properties ofthe entire 

lump. In certain cases, more judicious choice had to be apphed to select the suitable 

properties to represent the lump. 

13. The adsorption term in the denominator ofthe rate expressions (Table 4.1) accounts 

for the competitive adsorption various species on the catalyst surface. Presence of 

hydrogen in the denominator indicates the fact that at higher hydrogen partial 

pressures, more active sites are occupied by hydrogen molecules and retards the rate 

of overall reaction. The common adsorption term for the entire reaction mixture was 

derived based upon the assumption that single site mechanism on the acid alumina 

catalyst is the rate determining step. However, the dehydrogenation reactions, which 

exclusively occur on the metal function ofthe catalyst, required a different adsorption 

function in the denominator (Table 4.1). 

The model ofthe reaction kinetics was coded in a separate subroutine and was 

called every time the program required the calculation of reaction rates. 

4.2 Kinetics of Deactivation 

As mentioned in the last section, the rates of reforming reactions were determined 

under non-deactivating conditions. Deactivation ofthe catalyst plays a key role in the 

operation ofa catalytic reformer. Hence simulation ofa deactivation phenomenon in the 

model ofthe cat reformer is an inevitable step. Catalyst activity relates directly to the 
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number of active sites on the catalyst. Many petroleum refining and petrochemical 

processes, apart from cat reforming of naphtha, such as the catalytic cracking ofgas oil, 

dehydrogenation of ethylbenzenes and butene hydrorefining are accompanied by formation 

of carbonaceous deposits, which are strongly adsorbed on the catalyst surface, blocking 

the active catalyst sites. There can be other causes of loss of catalyst activity, for example, 

stmctural changes as a result of temperature excursions may alter the distribution or 

number of sites on the carrier. Also, contaminants may enter in the feed from upstream 

units, such as sulfiir, arsenic, etc., and may poison the catalyst. However, the main cause 

of deactivation is coke deposition, which is modeled here. 

4.2.1 Selection of Deactivation Model 

The empirical Voorhies correlation (Voorhies, 1945) for coking in the catalytic 

cracking of gasoil, 

Cc = At" with 0.5 < n < l (4 1) 

where, t is the process on-stream time, has been widely accepted and generalized beyond 

the scope ofthe original contribution (Froment and Bischoff, 1990). Yet such an equation 

completely ignores the origin ofthe coke. Obviously coke is formed from the reaction 

mixture itself̂  so that it must result in some way or other from reactants, the products, or 

the intermediates. Therefore, the rate of coking must depend on the composition ofthe 

reaction mixture, the temperature, and the catalyst activity and not only on the process on-

stream time. The approach relating deactivation only to process time predicts a 

deactivation independent of local concentration and hence uniform decay rates over the 

40 



entire reactor system. In reality, nonuniformity in deactivation, because of coke profiles, 

does occur along the tubular reactors. This observation is also consistent with the one 

reported by Ramage et al. (1987). Froment and Bischoff (1961) were the first to relate 

these factors quantitatively to the rate of coking and to draw the conclusions from it as far 

as kinetics and reactor behavior are concemed. De Pauw and Froment (1974) developed 

a methodology of characterizing the deactivation ofa catalyst by coke deposition, in the 

reaction of isomerization of n-pentane. Marin and Froment (1982) and Van Trimpont, 

Marin and Froment (1988) apphed this methodology to characterizing the deactivation of 

the catalyst for reforming of n-hexane and n-heptane, respectively. The distinctive feature 

ofthe attempts done by the authors is that the deactivation functions are related to the real 

cause of deactivation, which is the actual amount of coke formed on the surface ofthe 

catalyst and not the process on-stream time, as is usually done. The approach developed 

in De Pauw and Froment (1974) and later also used by Marin and Froment (1982) and 

Van Trimpont, Marin and Froment (1988) is adopted in this work and described below. 

4.2.2 Deactivation Modehng equations 

Coke deposition causes a deactivation ofthe catalyst which can be described by 

introducing a deactivation function, (j) that muhiplies the reaction rates at zero coke 

content. 

r .^r .^ i 0 < ( | ) i < l (4.2) 

The same approach can be taken to describe the decrease of coking rate itself 

rck = rek>ck 0<(|)ck<l (4.3) 
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where, 

dCc/dt =rek (4.4) 

The coke content differential equation is integrated in time to obtain the coke 

profiles in time. It is also evident that this assumes that coke content differential equation 

is separable from the other reforming equations. This is possible to due to widely different 

time constants ofthe reforming reactions and the coke formation phenomenon 

The next job was to relate the deactivation fiinction to the coke content on the 

catalyst, i.e., (j) = f(Cc). Amongst the several empirical expression tested for the 

deactivation function, an exponentially decreasing function, ^ = e^^^ led to the best 

global regression ofthe isomerization data (De Pauw and Froment, 1974). Since the rate-

determining steps ofthe biflinctional reforming reactions all occur on the acid function and 

involve the same number of sites, a unique exponentially decreasing deactivation function 

was introduced to describe the decrease of all reforming reaction rates. Rate equations 

for the coke deposition were derived by regression ofthe observed final coke contents. 

After considering various reaction paths, the three significant contributions to coke 

formation were selected to describe the rates of coke formation reactions (Marin and 

Froment, 1982; Van Trimpont, Marin and Froment 1988). These are displayed in Table 

4.2. The two contributions corresponding to intercondensation reactions between 

aromatics and cyclopentadienes and between aromatics and alkylcyclohexanes are the 

most important ones. The third contribution, which is less significant arises from 

n-paraffins. Homogeneous rate equations resulted into a better global regression than the 

corresponding rate equations with an adsorption term. These contributions are shown 
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schematically in Table 4.2. These are first order irreversible aging reactions. An 

important fact to be realized here is that the aging rates depend on time, since coke 

continues to deposit with time, and also on the local temperature, pressure, and 

composition in the vicinity ofthe catalyst site. Thus, aging rates for each reaction vary 

axially along the reactor length. 

For the purposes of simulation in this work, considering each bed to consist of 

different regions of finite dimension, with each region represented by an average coke 

content, was found to be a reasonable way to accommodate the axial variation of coke 

content. The temperature profile in each bed is steeper at the entrance and gets flattened 

towards the end. This fact was taken into account by considering the coke regions at the 

entrance ofthe catalyst to be smaller in dimension than the coke regions placed at the end 

ofthe beds. The first bed contained more coke regions than any ofthe other beds due to 

maximum temperature drop exhibited. The coke content in each region is updated by 

integrating the corresponding differential equation describing the coke formation in time 

domam (Equation 4.4). 

4.3 Modehng ofthe Fixed-Bed Reactors 

With the discussion illustrated in the last two sections on the kinetic and 

deactivation modehng as a background, we can now proceed to cover the modehng of 

the fixed-bed reactors, which incorporates the kinetic model and the deactivation model as 

part ofthe overall reactor model. 
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Table 4.2 The coking reaction scheme and rate equations, for C7 hydrocarbons 
(Van Trimpont, Marin and Froment, 1988). 

Coking reactions Rate equation 

Toluene + Alkycyclopentane -> Coke kciPTOL*P5N7 / PH^ 

Toluene + alkylcyclohexane -> Coke kc2PT0L*PMCH / PH^ 

n-Heptane -> Coke kc3 PnP7 / P H 
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4.3.1 Fixed-Bed Reactor Modehng Approach 

The deactivation ofthe catalyst causes the catalyst activity to decline with time 

From that point of view, it is an unsteady state problem and conversion of any species is a 

fiinction of length along the bed as well as time. The general mathematical description for 

determining reforming kinetics is shown below for hydrocarbon conversion and coke 

formation rates, respectively, 

^ - f , ( T , P , C , , f ) 

'd I (̂ -) 
- - ; ^ = f2(T,P,Cc,f) 

^ t 

where f is the hydrocarbon molar composition vector and Cc is the coke content on the 

catalyst vector, w denotes the weight ofthe catalyst, which is just another parameter to 

be used for the length ofthe bed or volume ofthe catalyst. This set of highly coupled 

nonlinear partial differential equations describes both the catalyst deactivation and the 

hydrocarbon conversion through the reactor. Temperature, f, Cc, all vary with both 

fractional catalyst volume through the reactor and with time on stream. This complex 

system would be difficult to solve directly. However, the problem is separable by taking 

advantage ofthe widely different time scales of conversion and deactivation. For example, 

typical catalyst contact times for the conversion processes are on the order of seconds^ 

whereas the time on stream for the deactivation is on the order of days. (Note that 

catalyst contact time is defined as the volume of catalyst divided by the total volumetric 

flow in the reactor at unit conditions.) Therefore, in the scale of catalyst contact time, Cc 

is constant and the equation system described by Equation 4.5 becomes a system of 
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ordinary differential equations to be solved simultaneously. At the start-of-cycle Cc equals 

zero and 

— = fi(T,P,f) att = 0. (4.6) 

This methodology is also called as the quasi-steady state approach. It implies that at a 

given instant of time the composition profile in the reactors is solved by assuming a 

constant deactivation state ofthe catalyst, that is constant Cc. The new deactivation state 

is computed by solving differential equation in time for coke formation, and the steady 

state composition profile is resolved.. 

4.3.2 Fixed-Bed Reactor Modehng Assumptions 

It is evident from the discussion in above paragraphs that the problem of fixed-bed 

reactor modeling reduces to formulatmg the steady state equations describing the 

composition and temperature profiles along the reactors. As mentioned m the process 

description (Section 3.1), the reforming reactions are carried out in a series of fixed-bed 

catalytic reactors. The reactor type used is a downflow reactor, where vapor enters at the 

top ofthe reactor and flows down through the catalyst, and flows out ofthe bottom 

nozzle. A good flow distribution is provided by an inlet distributor and inert balls on the 

top ofthe catalyst. 

Most ofthe fixed-bed reactor models fall into two categories; 

pseudohomogeneous and heterogeneous. In the two phase, i.e., heterogeneous models 

mass and energy balance equations are formulated separately for both the fluid and the 
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solid phases. In the pseudohomogeneous models, it is assumed that interphase 

composition and temperature gradients are sufficiently small to make it possible to account 

for the presence of two phases by suitably modifying effective parameters in the 

pseudohomogeneous models. This situation prevails when reaction resistance is large 

relative to mass and heat transfer resistance. In the present work, it is assumed that the 

effects of dififiision are lumped mto the kinetic parameters ofthe reaction rate expressions. 

Thus reaction rate expressions due to their Hougen-Watson Langmuu--Hinshelwood type 

form, take into account the heterogeneous nature ofthe reactions, Avhile the uncertainty 

associated with intemal and extemal difihision effects is lumped into the rate parameters. 

This is one ofthe common assumptions made in modehng the fixed-bed reactors for the 

catalytic reforming of naphtha (Ramage et al., 1987; Turpin, 1994). A very similar 

reasoning is also made while considering the gases to behave ideally at reactor conditions; 

the deviations from the ideal behavior would be absorbed by thejdnetic rate parameters 

which basically act as adjustable parameters in the model and are found out by regression 

ofthe^ata. 

Is it necessary to include axial and/or radial dispersion, for both mass and heat 

transport? It is generally agreed that axial dispersion of mass is not significant j f the tube 

length to pallet diameter rafio is greater than 50, while that of heat is also neghgible if the 

same ratio is above 300 (Varma, 1981). In the case of commercially operated reformers 

this ratio usually hes much above these lunits. Hence, itjwas a safe assumption to exclude 

the axial dispersion of both mass and heat. Sunilarly, radial dispersion, even though 

considered in general to be more important than axial dispersion, becomes neghgible if the 
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j;eaction is adiabatic, as is the case for the reformers, because then there is no driving force 

for long range gradients to exist in the radial direction. In the absence ofthe dispersion 

effects, it is possible to model the reactor as a pure "plug-flow" type reactor, in which the 

fluid is taken to move as a plug through the reactor. 

4.3.3 Fixed-Bed Reactor Modeling Equations 

The reactor model consists ofthe following differential equations for mole and 

energy balance, which are integrated through the reactor system. Ergun's equation for 

calculating the pressure drop is also included in the differential format, which too is 

integrated along with the other equations. 

^ = i r , A i = 1.2,..,n, (4.7) 

Z r j ( - A H R ) 
dT^ ^ H 

dw fs, 

i=l 

(4.8) 

^ = • Q ( i M l z i ) ^ + 1.75G) - ^ (4.9) 
dw pdp(/>^ dp AcPc 

where, 

w is the catalyst weight, 

nr is the number of reactions, 

nc is the number of components, 

Fi is the molar flow rate of species i, 
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AH. 
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G 

P 

* 

l-i 

Ac 

s the stoichiometric coefficients of species i in reaction j , 

s rate of reaction i, (corrected for deactivation), 

s the heat of reaction of reaction i, 

s the constant pressure specific heat of species i, 

s the pressure in the reactor. 

s the superficial mass velocity of gases, 

s the density of gaseous mixture, 

s the diameter of catalyst particle. 

r i 
u-i 

s the bed void fraction. 

s viscosity ofgas passing through the bed, 

s the density of sohd catalyst, 

s the cross-Sectional area of catalyst bed. 

The equations are integrated through the reactor system by using gear's method 

(Gear, 1971) for solving stiff ordinary differential equations through the reactor system. 

Byme and Hindmarsh (1987) developed a program code which utihzes Gear's algorithm, 

known as LSODE. Due to exponential dependence of rate parameters on the 

temperatures, the stififiiess of equations increases quite rapidly, with an increase in the 

temperature of operation. Hence LSODE is used with the option for employing unphcit 

algorithms which are inherently stable, for conducting the integration of differential 

equations. 

H 
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4.4 Modeling of Product Separator 

Reactor product gases are cooled in the reactor effluent-to-feed heat exchanger 

and then in a product cooler before being sent to the product separator. The temperature 

of gases entering the product separator is usually around 40 to 45 °C. A constant 

temperature of 45 °C for gases entering the feed-product heat exchanger is assumed for 

the purposes of simulation in this work. The main job of product separator is to separate 

hydrogen from the reactor effluent. Part ofthe separated hydrogen leaving the top ofthe 

separator is recycled back to the reactor to maintain the required hydrogen partial pressure 

in the reactor. It should be realized that presence of hydrogen in the reactor is essential to 

control the rates of deactivation. Excess hydrogen is purged from the unit and is used at 

other places in the refinery complex. The bottom product ofthe product separator 

consists of mostly heavier reformate. Along with hydrogen, the product separator also 

flashes other light hydrocarbon gases like methane, ethane, propane, butanes, and 

pentanes, which appear in the vapor stream leaving the separator. The flashed vapor 

usually contains 60 to 90 mol% hydrogen and remaining light gases. 

The product separator is modeled as an isothermal flash operation. The 

computational part involves solving a set of material balance and vapor liquid equilibrium 

equations simuhaneously. The formulation of these equations is fairly straight forward 

and is illustrated in a number of standard texts (Reklaitis, 1983; Sandler, 1994; Holland, 

1981). The system of equations containing each component material balance and vapor-

liquid equilibrium can be reduced to the following single equation consisting of only one 

unknown, R, which is the ratio of vapor flow to the total feed flow ofthe separator. 
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1=1 R + i i l ^ 

where, z, denotes the feed mole fraction and Ki is the vapor-liquid equilibrium constant of 

i species. This single equation with a single unknown has been solved by using the 

niinois method described by Riggs (1994). The Ilhnois method is an improvement over 

more commonly used secant method in terms of rehability of convergence. Once the value 

of R, the ratio of vapor to feed has been calculated it is possible to compute all the streams 

for product separator. 

How are the equilibrium constants calculated? Under the conditions prevalent in 

the separator, 45 C and 20 to 25 atm; the gases show a considerable degree of non-ideal 

behavior and Raoult's law would be inappropriate to apply. Therefore, for the purpose of 

this work, a Soave-Redhch-Kwong (SRK) equation of state approach used commonly to 

describe the thermodynamic equihbrium of hydrocarbon mixtures, is employed to compute 

the equihbrium constants. The equations in the algorithm can be readily coded in the form 

ofa computer program and are elucidated by Soave (1972). However, the application of 

this algorithm leads to an iterative process, since the calculation of equilibrium constants 

requires vapor and liquid mole fractions which m tum depend upon the equilibrium 

constants themselves (Equation 4.10). Thus the overall solution strategy for the product 

separator can be described in a couple of steps as follows; 

Step 1: The Illinois method is applied to solve Equation 4.10 by assuming certain starting 

guesses ofthe equilibrium constants. 
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Step 2: The vapor and hquid mole fractions computed after solution of Equation 4.10 are 

then used to update the estunates of equilibrium constants by Soave-Redlich-

Kwong procedure (Soave, 1972). 

Step 3: Go back to step 1 until the entire system of equations converges within a relative 

error tolerence of 10'̂ . 

4.5 Incorporating Recycle Phenomena in the Model 

By the discussion rendered so far in this chapter, it is evident that a particular 

methodology has been apphed for computation of flowsheet. In terms of standard 

material balance terminology, this approach is known as the sequential modular approach. 

In this approach, the calculations are carried out on a unit-by-unit basis. There are a 

certain advantages to writing the model in this manner. 

1. It systematizes writing the balance equations because each block of equations involves 

only the few streams associated with that unit. 

2. It simplifies the analysis ofthe problem and determination ofthe calculation sequence 

3. It simplifies the solution once the sequence is determined because only a small number 

equations have to be manipulated at one time. 

However, there are certain disadvantages to writing the model in a sequential modular 

fashion, one ofthe major being the fact that iterative solution strategy is required, 

particularly in cases where recycle of streams is involved, and this may significantly 

increase the computation time. Open equation based modehng is becoming more and 

more popular lately as an altemative to sequential modular strategy. One ofthe 
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advantages ofthe open equation based modeling is that no iterative solutions are required. 

However, a large system of equations has to be solved simultaneously, which usually 

requires higher memory ofthe computing power and hence was not used here. The 

flowsheet of catalytic reformer used in this work recycles hydrogen and part ofthe lighter 

gases produced in hydrocracking reactions. The gases are separated as a vapor stream in 

the product separator and then recycled back and mixed with the fresh feed in a 

proportion specified by recycle ratio requirement. 

A standard procedure to solve the material balance problems involving recycle is to 

select a stream on which to iterate upon, also called as the tear stream. Since the 

flowsheet involved one recycle mixer, selecting one tear stream was sufficient in this case 

(Reklaitis, 1983). The tear stream chosen for this problem was the recycle gas stream. 

The next step was to choose the suitable numerical scheme to update successive values of 

the iterated stream. Successive substitution is one ofthe simpler methods which is used 

for this purpose. With the help of an initial estimate selected for the tear stream, flowsheet 

calculations are solved in a sequential mode till the tear stream is reached again. The 

initial estimate was obtained from the converged answer ofthe last iteration. At this point 

updated values ofthe tear stream are obtained. The procedure is repeated till convergence 

within the relative 10"̂  accuracy is obtained on one or more species in the tear stream. 

Eventhough, the application of successive substitution method is fau-ly straight forward, 

the rate of convergence was found to be quite slow for the problem at hand. Therefore, 

we have employed secant search algorithm (Riggs, 1994), which basically uses the same 

formula as the Newton's method for finding the root ofa single nonlinear fiinction, for 
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obtaining improved guesses ofthe tear stream. Since hydrogen comprises 70 to 90 mol% 

ofthe tear stream, it was chosen as the species in the stream to converge upon. Once 

hydrogen converged within the en-or limits of relative 10'\ it was observed that all the 

other species in the stream also lied very close to the converged state. 

4.6 Recycle Gas Compressor Power Calculation 

The recycle gas compressor performs the fiinction of compensating for the 

pressure drop in the loop. The compressor is modeled as a single stage, motor driven, 

centrifiigal machine. The power required by the compressor is assessed by first computing 

the adiabatic head from the pressure differential across the compressor, and then 

multiplying that quantity by the flow through the compressor. This gives the adiabatic 

power imparted to the fluid. The actual motor power is predicted by considering an 

overall adiabatic shaft efficiency of 70 % to include losses in couplings, bearings, packing 

glands, etc. The formula for computmg adiabatic head is given below, 

k p " 
AH ,a.abat,c = R T ĉt i-^) 4 ( -^ ) " - 1 ] (4.11) 

where "k" is the ratio of specific heats of gaseous mixture. The value of "k" calculated 

first by assuming ideal gas mixture, is cortected for pressure using chart given in Edmister 

(1984) before using in Equation 4.11. The corrected value ofthe ratio was calculated to 

be 1.34. The temperature rise due to adiabatic compression was neglected, because it was 

insignificant as compared to the amount of temperature rise required to heat the feed up to 

reaction temperatures. 
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4.7 Modeling of Reactor Effluent-to-Feed Exchanger 

The temperature ofthe last reactor outgoing stream is around 500 ^C (773 K). 

This stream is required to be cooled to around 40 °C before it can be flashed in the 

product separator. The product-to-feed heat exchanger is installed to recover as much 

heat as possible from the last reactor outgoing stream. The estimate ofthe outlet 

temperature achieved by the feed stream is needed to calculate the amount and cost ofthe 

fuel required in the first heater. This was exactly the focus ofthe modeling attempted in 

the work here. As will be shown later in Chapter 6, the contribution of fuel cost to the net 

objective function value was not very significant and therefore, did not justify the rigorous 

modehng ofthe heat exchanger. 

A macroscopic energy balance across the heat exchanger, and the heat flux 

expressed in terms of overall heat transfer coefficient form the modehng equations and are 

given below; 

( I"Cp)feed ^ (Toutft̂ d - ^uifecd^ " ^^ Cp)product ^ C^m^^d^, " Toutp^^ ) 

= UAF-r X ATLMTD (4 12) 

where, log mean temperature difference is given as 

AT - ^̂ °"̂ ô<i"̂ t " '̂ ^"^e-''̂  " '̂̂ '"proauc, -'^out,,,,) Equation 4.13 

r ^ * ° " ^ product l ^ l c e d ^ n 

Log [ - — -] 
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In the above equations most ofthe tenns are self-explanatory, "m " denotes the molar 

flow rates of streams and " Cp "denotes the average constant pressure specific heat ofthe 

mixtures. The "UAFT" factor, that is, the product of overall heat transfer coefficient and 

area of heat exchange is initially computed on the basis ofthe provided data (Chapter 5). 

This value of "UAFT" is assumed to remain constant and is hard wired in the program 

module for utilizing in the computation of exchanger outlet temperatures, which are 

obtained by solving Equations 4.12 and 4.13 simultaneously. The problem formulation 

also assumes that there is only a sensible heat exchange and no phase change occurs 

during heat transfer. The heat losses are also assumed to be negligible. 

Once the feed side effluent-to-feed exchanger outlet temperature is determined, the 

sensible heat required to heat the gas stream up to first reactor inlet temperature yields 

duty ofthe first heater. The heat duties for the intermediate heaters are computed based 

on the temperature raise required between the outlet ofthe previous reactor and inlet of 

the next one. 

4.8 Description ofthe Overall Model 

The discussion in Sections 4.1 to 4.7 elucidates the development of modeling 

effort ofthe catalytic naphtha reformer studied in this work. The modeling effort began 

with its most cmcial constituent, i.e., the kinetic modeling of reforming reactions before 

undergoing various stages of modification and expansion until it was brought to a form 

which included all the reactions and other key components ofthe unit, as well as 

represented most of its important behavioral characteristics from the optimization point of 
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view. A glance at the process flowsheet (Figure 3.1) would indicate that all the units 

except the final product stabilizer, which separates heavy refonnate from light gases, and 

the cooler, which cools down the gases to flash conditions, have been included in the 

model. Exclusion ofthe above mentioned units from the model was justified on the basis 

ofthe minimal expected impact of variation in the cost of operation of these units at 

different operating conditions. The bench marking ofthe model and modeling results are 

discussed in detail in the succeeding chapters. Before concluding the current chapter on 

model development, a brief look is taken at the overaU constmction of this model. 

The program flowchart displayed in Figure 4.2 would be a useful tool for 

understanding the logical stmcture ofthe model. At the start, feed to the 

unit is initialized by a feed characterization procedure. (Details ofthe procedure 

developed for feed characterization are given in Chapter 5.) This is an independent 

procedure to be carried only off-line. The actual reactor feed composition is calculated by 

composition of pure hydrocarbon feed mixture and an assumed recycle gas composition. 

Once the first reactor inlet conditions are known, mass and energy balance equations are 

integrated over each reactor. The thermochemical properties are updated by calling 

cortespondmg routines whenever required during integrations. At the end ofthe last 

reactor, the effluent stream is flashed to calculate the recycle gas composition and check 

for the convergence. Since, in the very first iteration it is unhkely to converge, algorithm 

goes back to the inlet ofthe first reactor and repeats the integration through reactors and 

flash calculation. The converged solution on the recycle would yield complete information 

on the reformer performance at a particular time on stream. Hence the product properties 
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Figure 4.2 Program flow-chart for the catalytic naphths refonner 
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hke octane number, reformate yield, and cost of fliel and compressor operation, are 

estimated and stored. The octane number of product is calculated by taking the volume 

average octane number of each chemical species. Also, only research octane number is 

considered in this case. Then the time on stream is incremented, deactivation kinetics is 

solved, new coke content and consequently new activity ofthe catalyst is predicted. The 

whole procedure is repeated to calculate the new steady state solution. The simulation 

continues until time exceeds a specified end-of-cycle limit. 
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CHAPTER 5 

MODEL BENCH MARKING 

One ofthe primary objectives of this research work was to maintain its focus on 

industrial practice of catalytic naphtha reforming. The model ofthe catalytic naphtha 

reformer described in the eariier chapter contains a number of parameters whose inital 

values were estimated from the literature data. This data is obtained mostly from 

experiments conducted on laboratory scale reactors, and sometimes under varied 

operating conditions. Therefore, all the data reported in the hterature may not be valid for 

a single industrial catalytic naphtha reformer. Bench marking ofthe model against 

industrial data, therefore was an essential step so as to make the model resemble an 

industrially operating catalytic naphtha reformer as closely as possible. This was essential 

to ensure that the problem being studied dealt with issues faced in the actual practice and 

did not just remain an academic exercise. The catalytic naphtha reforming model used in 

this project has been bench marked against the commercial data obtained from Philips 

Petroleum Company. The data contained about one month worth of operating figures 

from one of their catalytic reforming units. The data provided contained information 

regarding following operating variables. 

Stream compositions: 

1. Feed composition in terms of ASTM distillation data, API gravity, and PNA 

(Paraffins, Naphthenes, and Aromatics) analysis. 
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2. Reformate composition in terms of ASTM distillation data, API gravity and PNA 

analysis. 

3 Molar composition of separator gas (recycle gas has the same composition as the 

separator gas). 

4. Composition of stabilizer gas and stabilizer liquid. 

Other operating parameters include: 

1. Feed and reformate flow rates, in Bartels/hr. 

2. Molar flow rates of recycle stream, separator gas, and stabilizer gas and liquid. 

3. Each reactor bed inlet and outlet temperatures, ^. 

4. Each reactor bed inlet and outlet pressures, psi. 

5. Catalyst bed weight distribution. 

Although, at a first glance, this amount of data seemed to be sufficient to bench 

mark the model, it was realized that most ofthe data hed around the same operating point, 

rather than being distributed over a wider operating region. This was mainly due to the 

fact that all the data originated from day to day operating data sheets ofthat particular unit 

over a continuous period of about thirty days. During this time, the unit did not 

experience any major upsets or significant changes in mput variables. Hence, the data did 

not provide us with as many data sets as visuahzed earher. Essentially it was just one data 

set repeated over again. Therefore, the approach adopted was to select one set of data 

and to obtain a reasonable fit at that operating point. It was made sure that the data set 

was consistent by checking its material balance closure and it was called as the base case 

operatmg point This was looked upon as a reasonable compromise between the 
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difficuhies in accessing the data required for extensive bench marking and, on the other 

hand, totally relying upon the values provided in the hterature Tables 5.1 to 5.3 list the 

variable values associated with the selected data set. 

5.1 Feed Characterization 

The usual practice followed in refineries is to report the feed composition of 

naphtha in terms of ASTM distillation analysis and API gravity, which was also the case 

with the data obtained from Philips Petroleum Co. However, the phenomenological based 

process model requires the feed composition to be described in terms of molar 

composition of lumped chemical species as an input. Therefore, an essential and obvious 

first step in the bench marking effort is to infer the composition of these lumped chemical 

species from the given ASTM distillation data. This procedure, commonly known as feed 

characterization, was developed and implemented for this purpose. 

Characterization of feed is one ofthe common problems faced in petroleum 

industry by a chemical engmeer dealing with so-called undefined mixtures such as 

petroleum fractions and coal liquids. It is impractical to analyze for all ofthe compounds 

present in these mixtures. In addition, a laboratory assay provides only limited 

information on such compounds. Consequently, accurate simulation of chemical 

processes fed with these mixtures depends strongly on the method of characterizing the 

feed. Several charts and cortelations have been developed for predicting the physical, 

thermodynamic, and transport properties of undefined mixtures based on properties such 

as boiling point, specific gravity, and some characterization factors (Kesler and Lee, 1979; 
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Table 5.1 Feed and reformate analysis and flows in the given data 

Property 

ASTM distillation data 
0% 
10% 
30% 
50% 
70% 
90% 
100% 

Units 

Op 
Op 

Op 
Op 

Op 
Op 

Op 

Feed 

230 
246 
257 
271 
289 
320 
356 

Reformate 

112 
178 
237 
267 
290 
323 
406 

API gravity 52.4 42.4 

PNA analysis 
Parafifins (P) 
Naphthenes (N) 
Aromatics (A) 

mole % 
mole% 
mole % 

49.67 
29.72 
20.06 

34.36 
1.93 

63.71 

Flow bbl/hr 626 499 
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Table 5.2 Composition and flows of separator gas, stabilizer gas and stabilizer liquid in 
the given data 

Component 

Hydrogen 
Methane 
Ethane 
Propane 
Butane 
Iso-pentane 
n-Pentane 
C6 + 

Separator gas 
mole % 

74.62 
10.88 
7.31 
3.83 
2.32 
0.45 
0.23 
0.36 

MMSCFD 

Recycle gas 
mole % 

74.62 
10.88 
7.31 
3.83 
2.32 
0.45 
0.23 
0.36 

MMSCFD 

Stabilizer gas 
mole % 

21.76 
15.79 
28.27 
20.51 
12.99 
0.38 
0.08 
0.08 

MSCFD 

Stabilizer liquid 
wt% 

0 
0.37 
8.76 

32.86 
52.98 
4.01 
1.22 

0 

bbl/hr 

Flow 113 8.49 527 80.0 
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Table 5.3 Reactor bed temperatures, pressure, and catalyst bed weights 

First Bed Second Bed Third bed Fourth bed 
Units 

Inlet temperature ^F 921 

Outlet temperature "F 812 

Pressure drop psi 3.3 

Catalyst weight lb 25,000 

920 

880 

3.1 

25,000 

^ 

920 

909 

3.0 

25,000 

920 

916 

5.0 

50,000 

.,. ^ . 
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difficulties in accessing the data required for extensive bench marking and, on the other 

hand, totally relying upon the values provided in the literature. Tables 5.1 to 5.3 list the 

variable values associated with the selected data set. 

5.1 Feed Characterization 

The usual practice followed in refineries is to report the feed composition of 

naphtha in terms of ASTM distihation analysis and API gravity, which was also the case 

with the data obtained from Philips Petroleum Co. However, the phenomenological based 

process model requires the feed composition to be described in terms of molar 

composition of lumped chemical species as an input. Therefore, an essential and obvious 

first step in the bench marking effort is to infer the composition of these lumped chemical 

species from the given ASTM distillation data. This procedure, commonly known as feed 

characterization, was developed and implemented for this purpose. 

Characterization of feed is one ofthe common problems faced in petroleum 

industry by a chemical engineer dealing with so-called undefined mixtures such as 

petroleum fractions and coal liquids. It is impractical to analyze for all ofthe compounds 

present in these mixtures. In addition, a laboratory assay provides only limited 

information on such compounds. Consequently, accurate simulation of chemical 

processes fed with these mixtures depends strongly on the method of characterizing the 

feed. Several charts and cortelations have been developed for predicting the physical, 

thermodynamic, and transport properties of undefined mktures based on properties such 

as boiling point, specific gravity, and some characterization factors (Kesler and Lee, 1979; 
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Riazi and Daubert, 1980a). The method used in this work utilizes the correlations 

developed by Riazi and Daubert (1980a) as a tool for characterizing the feed to the 

naphtha reformer. It is assumed that only the distillation analysis and the overall gravity of 

the feed^mixtm-̂ ŝ kiiq\̂ m^^ The procedure is illustrated below as a sequence of steps. 

1. There are mainly two different types of distillation analysis techniques in practice; 

ASTM D86 and TBP (Tme Boiling Point) distillation. ASTM method D86 is mn in 

an Engler flask at atmospheric pressure, while TBP distillations use columns with 14 

or more theoretical stages. The atmospheric TBP curve gives information about the 

boiling points of individual components in the mixture. Also, most ofthe cortelations 

for property prediction are based on the TBP distillation data. Therefore, it is required 

to convert the given ASTM distillation in the form of the TBP data. Daubert (1994) 

has derived correlations based on experimental data for the above mentioned purpose. 

These were used to interconvert the data from ASTM to the TBP form. The ASTM 

data and the cortesponding TBP data obtamed is displayed in the Table 5.4. 

2. The given feed analysis contains the API gravity specified for the whole mixture. In 

order to compute specific gravity of individual volume fractions, the Watson-K factor 

procedure suggested by Lion and Edmister (1975), and used most commonly for this 

purpose has been employed. Watson-K factor is computed from API gravity and the 

mean volume average TBP ofthe whole mixture by using following formula; 

J 0.33 

K ^ = 121644*-̂ ^^^^^ (5.1) 

where specific gravity ofthe whole mixture y = 141.5/(AP1 +131.5) 
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Table 5.4 ASTM data and cortespnding TBP data for catalytic naphtha reformer feed' 

Volume % 0 % 10% 30% 50% 70% 90% 100% 

(IBP) (EP) 

ASTM cut Temp, V 230 246 257 271 289 320 356 

TBP cut Temp, V 181 220 247 272 300 340 386 

'API gravity ofthe feed = 52.4 
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3. Considering that this Watson-K factor calculated for the whole mixture also remains 

constant for each ofthe volume fractions in the mixture (Lion and Edmister, 1975), 

the specific gravity of each volume fraction, y i, is calculated by reartangement ofthe 

above equation; 

r i = 1.21644* 
rr- 0.33 
Ibi (5.2) 

where T .̂ is the average TBP of each volume fraction. 

4. Riazi and Daubert (1980a) have developed correlations ofthe form, 

e = aAPB^ (5.3) 

where 0 is the physical property to be predicted. A and B can be any two parameters 

capable of characterizing the molecular forces. For example, boiling point and 

specific gravity describe molecular forces and molecular size of any substance and 

have been used as correlating parameters for A and B by Riazi and Daubert (1980a). 

The constants a, (3, and 5 were then determined based on the experimental data. The 

predicted physical properties include molecular weight, critical pressure, critical 

temperature, critical volume, molar volume, and heat of vaporization. For example, 

molecular weight can be given as; Mw = 4.5673 x 10" T^" "y" " . These 

correlations were chosen since they are simple to use, require few constants, can be 

easily converted to computer code and its prediction accuracy is claimed to be 

reasonable over a boiling range 100*̂  F-850° F (Riazi and Daubert, 1980a). The values 

of correlation constants a, P, and 6 required to evaluate various properties are given 
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in the Table 5.5, as given by Riazi and Daubert (1980a). Thus average TBP and 

specific gravity of each volume fraction are used to compute its physical and 

thermodynamic properties. The properties for each cut fraction hsted in Table 5.4 are 

estimated and tabulated in Table 5.6. 

5. Each TBP volume fraction would actually consist ofa mixture of chemical species 

whose boiling pomts would fall within the TBP range ofthe cortesponding volume 

fraction. The physical and thermodynamic properties of these chemical species are 

known from the hterature data. If the mole fractions of these chemical species in each 

fraction are known then the average property ofthe fraction can be estimated by a 

simple mixture mle as 9 = Zxi 9i. However, mole fractions Xj are unknown, while 9 

(the property calculated from the correlations) and 9i (the chemical species properties) 

are known. It is then possible to solve for the mole fraction of the species that would 

minimize the difference between the properties predicted from the cortelations and the 

mixture calculated properties. A maximum of five components per fraction can be 

considered since only five independent properties are available. A Nelder-Mead 

optimization algorithm, which uses downhill simplex method was applied (Riggs, 

1994) to search for the composition of chemical species in each TBP volume fraction. 

The mole fractions obtamed in each cut fraction are shown in Table 5.7. These mole 

fractions computed for every volume cut fraction are then used to estimate the overall 

feed molar composition, which is given in Table 5.8. 

This feed characterization procedure was applied to characterize feed to the 

catalytic naphtha reformer. Based on the calculated compositions, the total paraffin, 
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Table 5.5 Correlation constants for Equation 5 3 

Property 

Molecular Weight 

Critical Temperature 

Critical pressue 

Critical Volume 

Molar Volume 

Units 

K 

bars 

^\l.J 

kg/kmol 1.6607* 10' 

19.0623 

cmVgmol 2.6594*10" 

2.1962 

0.58848 

5.53027* 10̂  -2.3125 

cmVgmol 1.7842*10"^ 2.3829 

2.1262 

-1.0164 

0.3596 

2.3201 

-1.683 

-1.8688 

7 

Heat of Vaporization J/gmol 38.4559 1.1347 0.0214 
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Table 5.6 Calculated properties for TBP fractions of Table 5.4 

TBP Cut Molecular Critical Critical Critical Molar Heat of 
Fraction Weight Temp Presure Volume Volume Vaporization 

K bar cmVgmol cmVgmol J/gmol 

0-10% 96.24 553.61 32.63 378.64 131.29 31071 

10-30% 105.45 573.24 30.25 414.16 141.37 32867 

30-50% 112.97 588.49 28.57 443.08 149.47 34287 

50-70% 120.68 603.49 27.05 472.73 157.67 35708 

70-90% 131.04 622.76 25.26 512.53 168.55 37563 

90-100% 144.77 646.88 23.26 565.14 182.70 39935 
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Table 5.7 Computed Mole fractions of components in each TBP fraction of Table 5 4 

Cut Fraction Components Mole Fraction 

0 - 10% Benzene 0.0146 
Multi-branched heptanes 0.0553 
Single branched heptanes 0.207 
Five carbon ring C7 naphthenes 0.152 
n-Heptane 0.571 

10 - 30%) Six carbon ring C7 naphthenes 0.184 
Toluene 0.242 
Multi-branched octanes 0.163 
Single branched octnes 0.150 
Five carbon ring Cg naphthenes 0.259 

30 - 50%) Six carbon ring Cg naphthenes 0.474 
n-Octane 0.417 
Multi-branched nonanes 0.108 

50-70% Cg Aromatics i^u^ 0.503 
Single branched nonanes 0.159 
Six carbon ring C9 naphthenes 0.337 

70 - 90% n-nonane 0.265 
Multi-branched decanes 0.203 
C9 Aromatics 0.323 

90-100%) n-decane 0.650 
Six carbon ring Cio naphthenes 0.277 
Cio Aromatics 0.073 

73 



Table 5.8 Calculated overall mole fraction of components in feed 

Components Mole Fraction 

Paraffins 

^J n-heptanes, nP7 
V Single branched heptanes, SBP7 

^ Muhi-branched heptanes, MBP7 
N/ n-octane, nPg 

Single branched octanes, SBPg 
Multi-branched octanes, MBPg 

\l n-nonane, nPg 
4 Single branched nonanes, SBP9 

V Multi-branched nonanes, MBP9 
V n-decane, nPio 

Single branched decanes, SBPio 
^ Muhi-branched decanes, MBPio 

0.0667 
0.0242 
0.0066 
0.0855 
0.0325 
0.0354 
0.0482 
0.0308 
0.0221 
0.0545 
0.0380 
0.0369 

9- -̂  "t ' 

n '^4^ 
0- y]i i 
o..j,rf 

<>• ^ } r f 
. .3^ 

1 0 ^ 7 / - ' 

0. ^y^Z 

>'-^S3f 
) .0 n-yiS 

o.'>ki^ 

Naphthenes 

^ ^ C7 naphthenes 
^\i Cs naphthenes 

J Cg naphthenes 
sj Cio naphthenes 

0.0592 
0.1534 
0.0654 
0.0232 

•y, -^il ! -^0.0 H y 

^. otsf ! . ' . « . j , 
ooVS 

0^'^^ 

Aromatics 

^ Benzene, A6 
^ Toluene, A? 
^ Xylenes, Ag 

-s\ C9 Aromatics 
vj Cio Aromatics 

0.0017 
0.0525 
0.0976 
0.0588 
0.0062 

J. •'̂ Z 

0.0 ^iy 

^( 

^. o^Ti 

^.ooSf 
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naphthene, and aromatic content ofthe stream was computed. It was compared to the P, 

N and A analysis provided with the given data. The match was quite good in the case of 

feed stream, with all the relative ertors less than 5% (Table 5.9). 

In summary, the feed characterization procedure developed during the course of 

this work was found to be a straight forward and relatively simple tool to characterize 

refinery streams. The prediction accuracy ofthe method is dependent on accuracy ofthe 

cortelations used for evaluation of physical properties. It is important to note the 

apphcable temperature range ofthe cortelations, if mentioned in the hterature. Since most 

ofthe correlations are derived based on the experimental data, their validity may be 

suspect when applied to very low or very high boilmg point compounds. Also, if 

relatively large number of components lying in a close boiling point range are being 

modeled, then it is possible to have more number of components in a given TBP cut 

fraction than the number of properties available for that fraction. In such a case it may be 

required to divide the TBP curve into smaller fragments by interpolating between the TBP 

temperature data provided 

5.2. Data verification 

As mentioned in previous section, benchmarking ofthe model was carried out with 

one complete set of data at a base case operating point. It was essential to estabhsh that 

the data set selected was consistent. The following two simple tests were conducted to 

verify the validity ofthe data; material balance test and hydrogen balance test. The feed 
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Table 5.9 Comparison between calculated and predited PNA analysis ofthe feed 

Component Mole fraction 
(Calculated) 

Mole fraction 
(Given) 

Relative absolute 
ertor 

Paraffins (P) 48.2 49.67 3.04% 

Naphthenes (N) 30.12 29.72 1.33% 

Aromatics (A) 21.68 20.06 7.47 % 
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and reformate stream compositions required for carrying out these tests were detennined 

by the characterization procedure described in Section 5.1. 

5.2.1 Material Balance 

Overall material balance ofthe unit in terms of streams entering and leaving the 

unit is considered. The material ertor could be defined by the following equation: 

A/T * • lu 1 weight feed - weight products ,^^ Material balance error = — x 100. 
weight feed 

(5.4) 

The stream entering catalytic naphtha reformer is the naphtha feed, while the 

streams exiting the unit are: reformate, separator gas, stabilizer gas, and stabilizer liquid. 

Table 5.10 shows the flow rates of these streams in kg/h. It can be seen from the table 

that error in overall material balance was 0.29 wt%, which indicates a good material 

balance closure. (Turpin, 1994) 

5.2.2 Hydrogen Balance 

The hydrogen balance is calculated by adding the weight of hydrogen in each 

stream to determine the total amount of hydrogen in the feed and products. The hydrogen 

balance error is defined as 

wt. feed hydrogen - wt. product hydrogen 
Hydrogen balance error =• —. . , x lOU 

•' ° wt. feed hydrogen 

(5.5) 
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Table 5.10 Material balance test for the data set selected to benchmark the catalytic 
naphtha reformer 

Feed / Product streams kg/s 

Feed 21.028 

Products 
Reformate 17.64 
Separator gas 1.09 
Stabilizer gas 0.21 
Stabilizer hquid 2.026 

Total Products 20.966 

Difference 0.062 

Material balance ertor 0.29 % 
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The weight of hydrogen in a stream can be calculated by summing the weight of 

hydrogen contributed by each component using the following. The weight of hydrogen 

contributed by component CjHj is equal to the weight ofthe stream multiplied by the 

weight fraction of CiHj times a factor Hfactor. 

TTr. j X molecular wt. of hydrogen 
Hfactor =-

j X molecular wt. of carbon + i x molecular wt. of hydrogen 

(5.6) 

Table 5.11 shows the net hydrogen calculated in each stream and ertor in the total 

hydrogen. The ertor in hydrogen balance was 1.93%, which is within the criterion for 

acceptable data (Turpin, 1994). 

5.3 Parameter Estimation 

The most cmcial step performed in the model benchmarking effort was to estimate 

the unknown parameters on the basis of provided data. This procedure is also known as 

model calibration, particularly in the context of on-line model applications, where model 

parameters are updated on-line. The following different types of parameters had to be 

determined in this work. 

Parameters used in rate expressions of reforming reactions are as follows: 

1. Pre-exponential factors used in evaluating rate constants, 

2. Activation energies of reforming reactions rate expressions, 

3. Adsorption equilibrium constants accounting for adsorption of chemical species on the 

catalyst surface. 
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Table 5.11 Hydrogen balance test for the data set selected to benchmark the catalytic 
naphtha reformer 

Feed / Product streams kg/s of hydrogen 

Feed 5.927 

Products 
Reformate 4.302 
Separator gas 0.711 
Stabilizer gas 0.084 
Stabilizer liquid 0.716 

Total Products 5.813 

Difference 0.114 

Hydrogen balance ertor 1.93 % 
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Parameters used for catalyst deactivation; 

4. Pre-exponential factors and activation energies of coke formation reactions, 

5. Deactivation constant, a. 

The task involved here was to evaluate these parameters such that for a given set 

of input variables the model predicted the output that matched with the output obtained 

from the industrial data. Since the number of reactions was 36, the number of pre-

exponential factors and the activation energies themselves amounted to 72. This would 

give an idea about the dimensionality ofthe problem involved. The input variables to the 

system are: 

1. Molar feed rate of each chemical species in feed naphtha, 

2. Reactor bed inlet temperatures, 

3. Reactor pressure, 

4. Recycle ratio. 

The commercial data furnished by Philips Petroleum Co. contained the data on 

composition and flow rates of streams leaving the unit. These streams are: separator gas, 

stabilizer overhead gas and liquid, and reformate. The data supplied was used to back 

calculate the last reactor exit conditions. In other words, when last reactor exit conditions 

are completely defined, it defines all the streams leaving the unit, and therefore, inclusion 

of composition of each ofthe outlet streams does not add any independent information as 

far as the benchmarking ofthe model is concemed. Hence, molar flow rates of 

components exiting last reactor bed, calculated on basis ofthe outlet information 

provided, were employed for the benchmarking ofthe catalytic naphtha reforming model. 
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Parameters used for catalyst deactivation, 

4. Pre-exponential factors and activation energies of coke formation reactions, 

5. Deactivation constant, a. 

The task involved here was to evaluate these parameters such that for a given set 

of input variables the model predicted the output that matched with the output obtained 

from the industrial data. Since the number of reactions was 36, the number of pre-

exponential factors and the activation energies themselves amounted to 72. This would 

give an idea about the dimensionality ofthe problem involved. The input variables to the 

system are: 

1 Molar feed rate of each chemical species in feed naphtha, 

2. Reactor bed inlet temperatures, 

3. Reactor pressure, 

4. Recycle ratio. 

The commercial data furnished by Philips Petroleum Co. contained the data on 

composition and flow rates of streams leaving the unit. These streams are: separator gas, 

stabilizer overhead gas and liquid, and reformate. The data supplied was used to back 

calculate the last reactor exit conditions. In other words, when last reactor exit conditions 

are completely defined, it defines all the streams leaving the unit, and therefore, inclusion 

of composition of each ofthe outlet streams does not add any independent information as 

far as the benchmarking ofthe model is concemed. Hence, molar flow rates of 

components exiting last reactor bed, calculated on basis ofthe outlet information 

provided, were employed for the benchmarking ofthe catalytic naphtha reforming model. 
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The values of these variables, against which the parameters are fitted, are listed in Table 

5.12. Note that all the cracked products are lumped into one species for the purpose of 

this exercise. Also note that there are a total of 28 data points available to fit the model. 

It is important to mention at this point that the reactor is considered to be operating at the 

start-of-the cycle mode, i.e., the catalyst is supposed to be fresh and deactivation ofthe 

catalyst does not feature in this step of benchmarking. 

The adjustable parameters in the model used for fitting the data were the pre-

exponential factors and activation energies, which basically decide the rate constants of 

reforming reactions, and the adsorption equihbrium constants accounting for adsorption 

of chemical species present in the reaction mbcture. The kinetic scheme representing the 

reactions taking place consists of 36 reactions in C5-C10 range. Since each reaction rate is 

characterized by a unique set of activation energy and pre-exponential factor, this imphes 

that rate parameters by themselves account for 72 constants to be evaluated. From the 

given data, it is evident that we lack the amount of data required to estimate all ofthe 

parameters by rigorous regression procedure. However, the number of unknown 

parameters can be reduced by judicious selection of certain parameters to be estimated or 

pre-decided based on published literature data and studies of reforming reactions carried 

out in the past. The discussion in the following paragraphs centers around the various 

considerations apphed to achieve the goal of reduction in number of unknown constants 

before conducting the regression routine. 

A number of articles studying chemistry of reforming reactions have been 

published in the literature. These studies include information regarding relative reaction 

83 



Table 5.12 Molar flow rates of hydrocarbon species 
at the outlet of last reactor bed computed 
from given industrial data 

Chemical component Molar flow rate, mol/s 

Cs fraction 
n-Pentane 50.41 
iso-Pentane 0.501 

Ce fraction 
Multi-branched hexanes 2.613 
Single branched hexanes 1.522 
n-Hexane 3.297 
Five carbon ring Ce naphthenes 0.289 
Benzene 1 -603 

C7 fraction 
Multi-branched heptanes 1.348 
Single branched heptanes 2.986 
n-Heptane 3.359 
Five carbon ring C7 naphthenes 0.069 
Six carbon ring C7 naphthenes 0.036 
Toluene 25.52 

Cg fraction 
n-Octane 4.629 
single branched octanes 4.168 
Multi-branched octanes 1085 
Five carbon ring Cg naphthenes 0.981 
Six carbon ring Cg naphthenes 0.072 
Cg aromatics 51.39 

C9 fraction 
n-nonane 1.772 
Single branched nonanes 3.365 
Multi-branched nonanes 1-2 
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Table 5.12 (continued) 

Chemical component Molar flow rate, mol/s 

Six carbon C9 naphthenes 
C9 aromatics 

Cio fraction 
n-decane 
single branched decanes 
Multi-branched decanes 
Six carbon ring Cio naphthenes 

Cracked light gases 

0.208 
23.71 

0.533 
0.583 
0.223 
0.115 
416.5 
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rates, extent of various reactions, etc. The conclusions drawn based on the infortnation 

are presented here. 

1 Dehydrogenation of naphthenes is the fastest among all the reactions in the reaction 

mixture. Little (1985) has indicated that dehydrogenation could be more than 100 

times as fast as the ring closure reactions. Turpin (1994) has said that 

dehydrogenation reactions are fastest and for ah practical purposes can be modeled as 

equilibrium based reactions. In this work, reactions of dehydrogenation of naphthenes 

were considered to be at equilibrium at all the times. 

2. Marin and Froment (1982) and Trimpont, Marin and Froment (1988) in their kinetic 

studies conducted on laboratory scale reactor concluded that within a given carbon 

number fraction there is not a significant difference in rate constants of paraffin 

isomerization reactions. A similar conclusion is also drawn by Krane et al. (1960 ). 

Therefore, hi this case only one set of rate parameters was considered to represent 

both the paraffin isomerization reactions in a given carbon number fraction. The same 

argument is also extended for hydrocracking of paraffins and only one set of rate 

parameters is considered to represent both hydrocracking reactions in a given carbon 

number fraction. 

3. The ring closure rates increase as the carbon number increases. Turpin (1994) 

mentions that relative rate of cyclization of paraffins to naphthenes increases 

approximately linearly with carbon number. Parera and Figoli (1994) indicated that 

ring closure rate constant of octanes and decanes is two and five times that of 

heptanes, respectively. Observations of reaction rate table given by Krane et al. 
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(1960 ) tend to support this hypothesis. As per Krane et al. (1960 ), octane and 

decane ring closures proceed at the 2.2 and 4.4 times that of heptane, respectively 

Thus judging by this prior published information, it can be hypothesized that if rate 

constant parameters of ring closure in a particular carbon number fraction can be fixed 

then the rate constant parameters of ring closure reaction in each of Ce-Cio range can 

be fixed. In this work, pre-exponential factor and activation energy of ring closure in 

Cg fraction were estimated from data fitting procedure, and rate constants of ring 

closure in other carbon number fractions were simply expressed as fixed ratios of those 

for Cg. The choice of Cg as a base case was suitable since Cg group composition in 

feed is higher than any other carbon number fraction. The ratios of rate constants 

employed were; 0.5 for C7to Cg, 1.5 for C9to Cg, and 2 for Cio to Cg. 

4. In a given carbon number range hydrocracking proceeds at almost the same rates as 

ring closure (Henningsen, 1970; Trimpont, Marin and Froment, 1988 ). However, 

hydrocracking is supposed to be the reaction with greatest activation energy and 

therefore, it shows largest increase with increasing temperature (Parera and Figoli, 

1994 ). In this model, activation energy for hydrocracking reactions was set to be 

10% higher than that for ring closure reactions (Trimpont, Marin and Froment, 1988) 

and pre-exponential factor is found by fitting the data. 

5. The variation in the activation energies of paraffin isomerization reactions is rather 

small over the entire carbon number range (Parera and Figoli, 1994 ). In view of this 

fact, the value of activation energy of paraffin isomerization reactions was assumed to 

remain constant irrespective ofthe carbon number. A httle mismatch existing in 
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activation energy values is absorbed by adjusting the cortesponding pre-exponential 

factor during regression ofthe data. Similar argument was also supposed to be valid 

for naphthene isomerization and paraffin hydrocracking. 

6. The rate expressions account for adsorption of chemical species on the catalyst 

surface. A single adsorption equilibrium coefficient has been used to describe the 

adsorption all paraffins in the reaction mixture. Similarly unique adsorption 

equilibrium constants have been utilized to describe adsorption of naphthenes and 

aromatics on the catalyst surface, respectively. However, the adsorption of hghter 

cracked products from C1-C4 is accounted for by a different constant. 

After conducting the analysis presented above, performed in order to reduce 

number of unknown parameters, we were ultimately left with a total of 22 parameters to 

be fitted with 28 number of data points. It needs to be mentioned that all the data points 

originated from one base case data set. 

A standard least squares approach was adopted to solve the regression problem. 

We have employed Levenberg-Marquardt method (also known as the Marquardt method) 

(Marquardt, 1963), which is fast becoming the standard of non-linear least squares 

routines. If a set of 'n' equations in 'm' unknown variables ofthe following form is 

given 

f l (XiX2, ..., Xn.) = yi 

f2(XiX2, ..., x„,) = y2 

90 



fn(Xi,X2, ..., Xm) = y„ 

where, Xi are the unknown variables (rate parameters and adsorption equilibrium 

constants), yi are the known values (molar flow rates at the exit of last bed calculated from 

the given data), and fi are known function values (molar flow rates at the exit of last bed 

predicted by the model), then the algorithm seeks to find a set of Xi' that will minimize a 

user defined fiinction, such as sum of squares ertor (j), given by 

n 
<*= Zw,(f,->',)2 

1=1 

where Wi's are the weighting factors. More details on Marquardt procedure can also be 

found on the book by Press et al. (1992). The initial estimates for model parameters are 

extracted from literature data. The calculated model parameters after regression are listed 

in Table 5.13. From this information, it is possible to compute all the remaining kinetic 

rate parameters based on the heuristic mles developed in six steps mentioned above 

Deactivation kinetics is simulated by means of coke formation reactions on the 

catalyst surface. Data fitting for determining the kinetic rate parameters of coking 

reactions would involve coUecting the data sets at periodic time mtervals over a sufficient 

mn length ofthe catalyst. Due to non-availability of data at this time, the only option was 

to use the values given 'm the hterature directly (Marin and Froment, 1982; Trimpont, 

Marin and Froment, 1988). They are tabulated in Table 5.14. Since similar kind of coke 

formation reactions are considered in each carbon number fraction, the coking rate 

parameters for a particular type of reaction are assumed to be equal irtespective ofthe 

carbon number. The deactivation parameter, a was employed as the adjustable 
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Table 5.13 Parameter values computed by least squares regression on data in Table 5.12 

Activation energy, A Pre-exponential factor 
kJ/mol kmol/kgcat/hr t 

Paraffin isomerization 
Cs 0.778 X 10* 
Ce 3 .113x10* 
C7 87.75 1.241 X 10^ 
Cg 1.312x10^ 
C9 2 .184x10^ 
Cio 3 .114x10^ 

Ring closure for Cg 200.7 1.639 x 10^' 

Naphthene isomerization 
21 

C7 256.4 6 . 9 4 4 x 1 0 
Cg 7.012 X 10^' 

Hydrocracking 
C< 3.645 X 10'^ 
Cg 5.252 X 10 
C7 220.8 7.293 x 10 
Cg 2 . 1 8 7 x 1 0 
C9 2.551 X 10 
Cio 9 . 1 1 2 x 1 0 

15 

15 

16 

16 

16 

Adsorption equihbrium constant 
Paraffins 21.9 

Naphthenes ^59.̂ 0 

Aromatics ^̂ ••̂  
Cracked hght gases 1^^ 
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Table 5.14 Rate parameters for coking reactions 
(Trimpont, Marin and Froment, 1988) 

Type of reaction Activation energy, E Pre-exponential factor, A 
kJ/mol kg coke/kg catalyst/h 

Aromatics - 5 carbon ring naphthenes 58.64 7.51 x 10̂  
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6 Aromatics - 6 carbon ring naphthenes 58.64 1.00 x 10 

Paraffins contribution 58.64 1.01x10^ 



parameter, a was adjusted so that the product properties, mainly, the octane number of 

the reformate predicted by mnning the model over a one-month period would 

approximately match with the octane number reported in the given data after one month of 

operation. Obviously the start-of-cycle operating point is chosen to be same in both the 

cases, a evaluated in this manner was 20.1. 

Some final thoughts, before concluding the discussion on the parameter estimation 

section; limited availability ofthe data did not allow us to conduct a rigorous, full-scale 

regression of all the unknown parameters in the model. However, to make the best of 

what we had, we chose a consistent base case operatmg data set and took help of certain 

"mles of thumb" which were pubhshed in the kinetic studies ofthe unit, to decrease the 

number of unknown parameters that we had to deal with. The resulting model was fairly 

successful in representing the unit at its base case operating point. However, we lack a 

definitive information about the gams ofthe process. In other words, we do not have the 

confirmed knowledge about the accuracy ofthe behavior of this model in other operating 

regions. In fiiture apphcations of this model, it may be worthwhile to attempt to gain the 

operating data over varied operating range and fit the model versus as wide an operating 

region as possible. If more number of data points are available, it also means that more 

number of parameters can be regressed and validity of some ofthe assumptions made in 

the last Section can be checked. 

94 



CHAPTER 6 

MODEL VERIFICATION 

This chapter details the performance of model over a wide operating range of 

process variables, studied from varied perspectives. The knowledge of what the model 

predicts over the operating range could be advantageous in a number of cases. Probably 

the most important of these studies are the sensitivity analysis studies, discussed further in 

this section. Senshivity analysis gives an idea about the gain ofthe process with respect to 

each ofthe independent variables. It is particularly important with respect to the work 

done here, mainly because ofthe lack of available data for verifying the model at different 

operating points. It is important, therefore, to ensure that the process gains predicted by 

the model are in the proper direction as well as approximately close in magnitude to those 

observed in the actual practice. Sensitivity studies also give an idea about variation of 

product properties and yields over an operating range. This gives a better idea about the 

shape ofthe objective fimction, and also, in a few cases, an approximate estimate ofthe 

area where optimum could be located. This knowledge can prove uivaluable when 

applying optimization algorithms to locate the exact optima. 

This chapter also discusses the temperature and composition profiles observed 

over the length ofthe catalyst bed. It provides a clearer picture of composition changes in 

different sections ofthe catalyst bed as the reaction mbcture advances along the reactor 

system. The trends in time with respect to product properties hke, octane number, as well 

as, reformate yield are also presented. 
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6J Profiles along the Length ofthe Cataly.st Red 

Figure 6.1 displays the temperature profile in each catalyst bed. All the four 

reactors are operated at equal inlet temperatures of 767 K and recycle ratio is maintained 

at 8.73. In fact, these are the base case operating conditions at which the model was 

bench marked. An immediate distinct drop in temperature is witnessed at the inlet ofthe 

first bed. This is caused due to neariy instantaneous occurtence of naphthene 

dehydrogenation reactions, which are the fastest and most endothermic of all the 

reactions. Let us keep in mind that the reactors are operated perfectly adiabatically. This 

big drop in temperature instantly quenches the reaction mixture and subsides the rates of 

all the reactions. Consequently, the temperature profile gets levelled off in the latter part 

ofthe bed. The total temperature drop in the first bed is 53.5 K and the reaction mixture 

needs to be reheated before any further reactions can be carried out. After passing 

through the first interheater, the reaction mixture enters the second catalyst bed. Most of 

the remaining naphthenes are dehydrogenated in the second bed and this leads to a net 

temperature drop of about 17 K. 

The reaction mixture is reheated again and passed through the third and fourth 

bed. The aim here is to push ring closure reactions as far as possible. It must be 

mentioned here that ring closure reactions, which are the most desirable reactions from 

reforming point of view, are the most difficult to conduct and slowest to proceed. The 

ring closure of paraffins to naphthenes, which is modestly endothermic, followed by 

dehydrogenation of these naphthenes to aromatics, creates an endothermic temperature 
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Figure 6.1 Temperature profile through reactor system 
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drop in the third and fourth bed. However, the temperature drop is moderated by 

increasing degree of hydrocracking reactions, which are exothermic in nature. The 

temperature drops in third and fourth reactor are 4.9 K and 4.5 K, respectively. 

Figure 6.2 depicts the composition profiles of major components, i.e., paraffins, 

naphthenes, and aromatics as well as lighter cracked gases. As pointed out earlier, the 

most significant reaction in the first bed is the dehydrogenation of naphthenes. This is 

reahzed by sharp decrease in naphthene concentration through the catalyst bed and 

consequent increase ofthe aromatics formed. However, the activation energies of 

reactions are such that the reaction rates are very low at the bottom ofthe first reactor. 

Thus more catalyst in the first reactor would not provide additional conversion. After the 

product is reheated to 767 K for second reactor inlet, the remaining naphthenes, 

particularly, five-carbon ring naphthenes are isomerized to six-membered rings, which are 

subsequently dehydrogenated to aromatics. Notice that this occurs at the top ofthe 

second reactor bed, with a correspondmg large temperature drop. Once the five-carbon 

ring naphthenes are reacted, equihbrium constraints on the paraffin ring closure reactions 

are relaxed and these reactions proceed. Therefore, C6+ paraffins concentration, which is 

more or less unaffected in the first reactor bed, starts to fall in the second bed. 

Isomerization of paraffins also continues to progress in the first and the second bed. By 

the end of second bed, paraffin isomers are almost at equilibrium amongst themselves. 

In third and fourth bed, the focus is on conducting ring closure reactions of 

paraffins, which are also accompanied by hydrocracking reactions of paraffins. 

Hydrocracking reactions proceed at very similar rates to ring closure. Consequently, 
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concentration of paraffins keeps dropping. More aromatics are fortned as a result of ring 

closure reactions, even though the plot shows a slight decline in aromatics concentration. 

This is the effect of much higher cracked products presence in the reactor masking the 

effect of actual increased aromatics formation. 

Figure 6.3 is the plot tracking the most important product property, i.e., research 

octane number of reformate, and the amount of product formed, expressed as the 

volumetric reformate yield, as we go along the reactor system. Note that reformate yield 

is computed on the basis of pure naphtha fed to the unit and plotted as a liquid volume 

percentage. At a first glance, we can observe that octane number continues to increase 

while reformate yield keeps falling down through to the end. The process of octane 

number augmentation is synchronous with cortesponding aromatics formation in the 

reactors. The feed octane number of 56 rises up to 74 in the first two beds, primarily on 

account of naphthenes dehydrogenating to aromatics. However, two more catalyst beds 

are needed to get it up to the desired range of around 95 to 100. This is obviously 

achieved by ring closure reaction of paraffins. However, it is important to realize that 

octane enhancement is also achieved by hydrocracking reactions, which perform the job 

of removing low octane number paraffins from reformates. In fact, it is supposed that 

with deactivation ofthe catalyst, when the reactor severity is increased, more ofthe boost 

in octane number comes from hydrocracking than ring closure. Of course this happens at 

a cost of loss ofthe product reformate yield. In general, all reforming reactions involve 

loss of volume and hence it is typical to end up with a reformate yield of around 70 to 

80%. 
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We wish to point out at this juncture that the nature ofthe profiles of temperature, 

composition, and product properties observed and described in Figures 6.1 to 6.3 agrees 

quite well with that seen in the industrial practice (Mudt, Hoffinan and Hendon, 1995; 

Ramage et al, 1987). The model predicted values ofthe temperature drop in each bed 

and the product qualities at the end of reactor system, match well to the provided 

industrial data (Section 5.1). 

6.2 Profiles over the Life ofthe Catalyst 

A constant catalyst life of approximately one year is considered for each bed. This 

is typical ofthe reforming catalyst m a semi-regenerative type of unit, even though life of 

the catalyst is significantly affected by operatmg conditions employed. Usually the higher 

the severity of reactions, the lower the catalyst life. In actual practice, severity is varied 

over the mn length ofthe catalyst. However, in case of plots displayed in this section, all 

input variables including bed inlet temperatures are held constant at their base case values 

throughout the entire mn-length ofthe catalyst. 

Figure 6.4 shows the average coke content on the surface ofthe catalyst in each 

bed. Coke content is calculated as weight of coke deposited per unit weight ofthe 

catalyst and is plotted on a percentage basis. Average coke content increases in going 

from first to the last bed. This is caused by higher average temperatures in each 

successive bed. The coke profiles also show smoothing off characteristics towards the 

end ofthe mn. This is because ofthe fact that coke formation reactions themselves get 
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Figure 6.4 Accumulation of average coke content in each bed over the life of catalyst 
(under constant reactor operating conditions) 

103 



suppressed due to deactivation ofthe catalyst. The phenomena of coke fortnation 

predicted by this model was discussed with the industrial sources and concluded that it 

reasonably estimated the actual behavior. 

In Figure 6.5, variation of octane number and reformate yield over the catalyst 

mn length is plotted. As expected, the octane number keeps declining with time since the 

reforming reactions are adversely affected due to coke fonnation. The refonnate yield 

increases at the same time, because major source ofthe loss of reformate yield, i.e., 

hydrocracking takes place to a lower extent. In actual operation, reactor inlet 

temperatures are usually raised to adjust octane. So these plots, which are prepared at 

constant inlet temperatures may not resemble the operating scenario. Nonetheless, they 

are useful from the perspective of purely studymg the effect of coking on reformate 

quality and yield, and for model verification. 

6.3 Sensitivity Studies 

Sensitivity studies are conducted to analyze the effect of each process variable on 

the output variables. The degrees of freedom considered in this study are four catalyst bed 

inlet temperatures and the recycle ratio. Process behavior is plotted at various discrete 

values of one particular variable while maintaining all the remaining independent variables 

constant, usually at theu^ base case values. Each ofthe variables is varied m tum over its 

expected operating range. The operating range for bed inlet temperatures is assumed to 

be from 750 K to 790 K, while that for the recycle ratio from 5.5 to 14.5. The sensitivity 

studies discussed in this Section are carried out in two parts. The first part (Figures 6.6 -
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6.10) conducts the study only at start-of-cycle conditions, in other words, no deactivation 

phenomena is involved. In the second part (Figures 6.11 - 6.16), the profiles over one 

year operation ofthe catalyst beds are presented, which account for aging ofthe catalyst. 

The plots are prepared to show how these profiles change with a variation of each degree 

of freedom. 

Figure 6.6 presents the octane number, reformate yield, hydrogen production, and 

total cracked products formed as a function of first bed inlet temperature. The same 

quantities are presented in Figures 6.7, 6.8, and 6.9 for second, third, and fourth bed inlet 

temperatures, respectively. It can be seen that almost the same pattem of behavior is 

displayed in each case. The octane number of reformate is enhanced with increase in the 

bed inlet temperatures, while the reformate yield drops. This is an expected trend. Octane 

number boost is achieved by higher rate of reforming reactions, while higher rate of 

hydrocracking adversely affects the yield of reformate. In fact, h is quite apparent by the 

tests conducted so far that reformate quahty, i.e., octane number, and reformate yield 

always vary in opposite directions. This is quite logical because ofthe fact that major 

reforming reactions, such as dehydrogenation of naphthenes and ring closure of paraffins 

are accompanied by a loss in volume. This is also in agreement with the trend observed in 

the mdustrial process (Little, 1985). Henningsen and Bundgaard (1970) also obtained 

qualitatively very similar sensitivity results to the inlet bed temperature, in then- modeling 

efforts of catalytic naphtha reforming. The increase in bed inlet temperatures also leads to 

an increase in cracked products formation. A relatively modest increase in hydrogen 

production is also achieved because the major reforming reactions are hydrogen 
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producers. The increase in hydrogen formation is somewhat tempered b> hydrocracking 

reactions which consume hydrogen. 

A noticeable characteristic of these plots is that the sensitivity with respect to inlet 

temperatures increases in going from first to last bed. The first two beds primarily carry 

out the naphthene dehydrogenation reactions which quickly reach the equilibrium. The 

main effect achieved by raising temperature is to shift the equilibrium to the right hand 

side. Since the extent of ring closure and hydrocracking reactions taking place in the first 

two reactors is very low, the effect of first and second bed temperatures on these reactions 

is limited. Comparatively, ring closure and hydrocracking are the prominent reactions 

taking place in the third and the last bed, and therefore, the bed temperatures significantly 

affect the extent of these reactions. This is a major cause ofthe increased sensitivity 

observed in going from first to the last bed. Also, the catalyst weight in the last bed is 

twice as much as that of any ofthe other bed. Thus higher last bed inlet temperatures 

result in a proportionally much higher weight average catalyst temperatures in the system. 

This also contributes to the largest sensitivity exhibited by the system to the last bed inlet 

temperature. 

Figure 6.10 represents the sensitivity analysis ofthe recycle ratio. As hydrogen 

recycle is increased, it suppresses the desirable reforming reactions. This is due to the fact 

that hydrogen being the product of these reactions, the increase in hydrogen partial 

pressure shifts the equilibrium to the left. However a few more interesting phenomena 

also take place simuhaneously, the individual effects of which interact to give the 

resultant afreet. Higher recycle stream means higher flow through the reactor and lower 
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residence times leading to reduced conversions. At the same time higher recycle stream 

offers a better heat sink for the reforming reactions and this means low temperature drops 

and therefore higher conversions. Higher recycle flow also implies that reactants and 

products are diluted and therefore their mole fractions and partial pressures are reduced. 

Anyway, the net resuh, as shown in Figure 6.10, is that as recycle ratio is boosted octane 

number falls and reformate yield goes up. As can be noticed, very little effect is observed 

over the cracked products and hydrogen formation. 

Figures 6.11 to 6.15 display the plots where time variant profiles are plotted at 

various values of degrees of freedom. As explained earlier, octane number dechnes and 

reformate yield goes up with time. However, it is important to notice the differences in 

the dynamic behavior of these output properties at different inlet bed temperatures. Figure 

6.11 shows octane number and reformate yield both plotted at three different first bed inlet 

temperatures, 750 K, 770 K, and 790 K. The product properties vary almost parallel to 

each other in this case. Tuming our attention to Figure 6.12, where second bed inlet 

temperatures are varied, we can see an interesting change from the Figure 6.11. The 

octane number at 790 K is higher at the start ofthe cycle, but its decline is faster than that 

at 750 K and 770 K and eventually we end up with lower octane numbers by the end of 

cycle. Similar pattem is observed for the reformate, except in reverse direction. Figures 

6.13 and 6.14 which are for third and fourth bed temperatures, respectively, indicate a 

similar feature with even more pronounced decline in octane numbers at higher 

temperatures. The reasons behind this behavior are quite straight forward. The 

temperature increase produces higher octane number for that moment, but it also leads to 
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Figure 6.14 Sensitivity of products to fourth bed inlet temperature over the catalyst life 

117 



110 

105-

t 100 E 
o^ 

E 
3 
4> 

c 

O 

1000 2000 3000 4000 5000 
Time, hours 

6000 7000 8000 

6.7 10.7 14.7 

1000 2000 3000 4000 5000 6000 
Time, hours 

7000 8000 

Figure 6.15 Sensitivity of products to recycle ratio over the catalyst life 

118 



lot more enhancement in coke formation rate. Therefore, operating the beds at more 

severity for a sustained period of time leads to more coking and eventually it offsets the 

advantage gained by increasing the temperature, and the octane number falls rapidly. 

Again the last bed shows most drastic variation because absolute amount of coke formed 

is highest in the last bed. This is the smgle most key observation to be made so far in our 

study of modeling results. It very clearly illustrates the need to consider deactivation of 

the catalyst as an important part ofthe optimization scenario. Any optimization study 

earned out without it, is going to give misleading results because whatever is optimum at 

one instant may be quite sub optimal later during the run. Figure 6.15 studies recycle 

ratio variation. The results quaUtatively indicate the same pattem observed in case of 

temperatures. Lower recycle ratio may result in higher octane numbers for the moment, 

but it is not going to be able to prevent coking as effectively and hence will later lead to a 

sharp drop in the octane numbers. 

Before concluding this chapter, it may be worthwhile to mention that the 

sensitivity plots were seen by the personnel from the industrial sources from where the 

data was obtamed. The feedback obtained was that the results seemed to be satisfactory 

and in general agreement with the trends observed. 
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CHAPTER 7 

OPTIMIZATION 

In the last chapter, modeling results ofthe catalytic naphtha refortner were 

presented over a wide operating range. This chapter discusses the optimization analysis 

carried out on this unit. 

7.1 Formulation of the Optimization Problem 

The first half of this Chapter is devoted to discussing various steps involved in 

making the model suitable to using it for optimization purposes. 

7.1.1 Formulation of the Objective Function 

In most cases, it is quite straight forward to state the ultimate objective of 

optimizing an industrially operatmg process. It can be summed up in following phrase, 

"Improvement in profitability." The term "profitability" is used to measure the amount of 

profits generated, but this measure can be expressed in different ways. The considerations 

that must be included in economic evaluation will depend on every specific case. Proper 

formulation of objective functions is one ofthe cmcial steps in the application of 

optimization to a practical problem. 

The target ofthe optimization problem in hand was to identify the operating 

pohcies which would resuU in maximizing operating profits ofthe unit, under different 

kinds of operating scenarios. Therefore, only variable operating costs and revenues from 
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the products are taken into account. This also means that fixed costs, such as the capital 

costs, are excluded from consideration, since we cannot influence these costs by 

optimizing the operating variables. The products from the refortner are, refonnate, which 

is the major product, hydrogen and cracked light gases. The main variable operating costs 

are, cost of ftiel in the heaters and the cost of compression in the recycle gas compressor. 

The following simple Equation illustrates the objective fiinction evaluation, 

objf = + Reformate product flow rate x Price of reformate 

+ Hydrogen product flow rate x Price of hydrogen 

+ Light gas products flow rate x Price of cracked products 

- Consumption rate of fuel in mterheaters x Cost of fiiel 

- Power Consumption in compressor x Cost of power. 

(7.1) 

The product flow rates are usually calculated as quantity/time, and the price or the cost is 

given as $/quantity. Thus, it is clear that the objective function will be computed as 

$/time. 

The price of reformate has to be related to the quality ofthe reformate, which is 

described by the octane number. The price of reformate was assumed to vary linearly with 

the octane number (Turpin, 1994). The value of reformate at a base octane number of 95 

was known. Variation in price of reformate per unit variation in octane, called "octane 

value," is used to compute reformate price at any given octane number, 

reformate price = reformate price(at95 octane) + octane value x (octane no. - 95 ). 

(7.2) 
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The tertn "light gas products" in Equation 7.1 symbolizes the constituents 

methane, ethane, propane, butanes, iso- and n- pentanes produced because of 

hydrocracking reactions. The price of each constituem is considered separately while 

evaluating the total objective fiinction. The data on product prices and utility costs was 

gathered from Philips Petroleum, the source of data for benchmarking our model The 

cost data is displayed in Table 7.1. 

To restate the objective of this study, we want to find the operating policies such 

that objective function value given by Equation 7.1 is maximized. The operating variables 

to be manipulated, called "decision variables" or the "independent variables" are four bed 

inlet temperatures and the recycle ratio. The deactivation of catalyst is making the process 

change continuously with time, and consequently the objective function term ($/time) will 

vary with time. Given this scenario how would one evaluate the objective function for a 

specific set of independent variables? The only way to do that, is to assess the value ofthe 

objective fiinction over the entire mn-length. The easiest way to accomplish the task was 

to mtegrate the objective fiinction in time along with the other Equations for coke 

formation (Equation 4.5). As mentioned in Section 4.8, the CPU time required for 

integration over a mn-length of one year was 15 to 20 minutes, which implies that one 

objective function evaluation would cost that much of computational time. This basically 

indicates that objective function evaluation for this problem is not "cheap." How much 

does each product value and the operating cost contribute to the overall value ofthe 

objective function? Table 7.2 gives the break-up of each term in the overall objective 

fiinction calculated under base case operating conditions, that is, operating point for which 
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Table 7.1 Product values and operating costs 

Product values 
uinih^'"'"''"^"°''" 

Reformate $ 150/m^'at 95 
Octane 

Fuel gas $7.8/Gcal 

Octane value $ 4.5 / OCT - m̂  Compressor $ 0.08 / KWH 

Hydrogen $71.8/KNM' 

Methane/ Ethane $7 .8 / gC AL 

Propane $ 70 / m̂  

Butane $87.5/m^ 

.23 



Table 7.2 Distribution ofthe overall objective fimction in tertns of its constituems 

Products and Utihties Contribution to 
net objective fiinction 

Reformate 75 2 % 

Hydrogen 5.6% 

Methane 0.36 % 

Ethane 0.34 % 

Propane 1.9% 

Butanes 4.7 % 

Fuel cost 10.2% 

Compressor cost 1.7% 
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the model was benchmarked. This table shows that, as expected, the major contributor to 

objective fiinction was the refortnate price, constituting 75% of overall value. Other tertns 

are comparatively smaller in magnitude, and hence, their impact on the optimization 

scenario wih be even less. Therefore, the discussion of results centers mainly around the 

behavior of reformate yield and octane number. 

7.1.2 Constraints 

Some ofthe commonly observed constraints in the actual operation ofa catalytic 

naphtha reformer are enforced here. The upper bounds considered on the temperatures in 

the bed are 790 K which cortespond to the metallurgical constraints on the material of 

constmction. The upper bound of 12.0 is considered on the recycle ratio. This is typical 

ofthe lunits observed when recycle gas compressor capacity starts hmiting the recycle 

flow. It is important to note that the life ofthe catalyst is fixed for every mn. In other 

words, catalyst life is imposed as an equality constraint for the problem. 

The assumptions applied for optimization analysis need to be mentioned here. For 

a given optimization case, no variation m feed conditions is assumed. The analysis is 

conducted separately for different types of feed qualities. Also for a given optimization 

mn, the separator pressure, which controls the pressure in the loop, is assumed to remain 

constant. The product prices and utility costs are assumed to remain constant over the 

mn-length. 
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7.1.3 Optimization Approach 

The very first issue that needed to be addressed was whether the objective fiinction 

described by Equation 7.1 would exhibit any maxima over the operating window of 

decision variables bound by the constraints just described. Only if the answer to the above 

question is "Yes," do we have a meaningftil optimization problem in hand*̂  

As the logic would dictate, the first step in answering this question was carried out 

before beginning the work on this project. A qualitative assessment ofthe various trade

offs possible while operating the unit was conducted. For example, as the inlet 

temperature of any reactor bed is increased, the octane number of product increases, while 

the reformate volumetric yield decreases. Also the existence of catalyst deactivation 

phenomena, adds another dimension to the problem, because conditions that are optimum 

at one point in time may be sub-optimum later during the mn. Therefore, trends over 

entke hfe ofthe catalyst need to be looked at. The modeling results plotted in Chapter 6 

illustrate this kind of behavior quite clearly. 

From these considerations, it was quite apparent that there existed enough 

potential for optimizing the performance of reforming unit. At the beginning of our 

optimization analysis, we decided to verify this analysis by actually plotting the objective 

fiinction at various values of decision variables. Figure 7.1 shows the sensitivity of 

objective function to each decision variable varied independently. The objective fiinction 

(evaluated over a year of operation) is plotted as percent improvement from its value 

under the base case operating conditions, i.e., the conditions under which the model was 

bench marked. We can see that with the exception of first bed inlet temperature, the 
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objective fiinction indicates existence ofa maximum for all the other decision variables. 

These plots partly answer the issue we raised regarding meaningfulness of optimization. 

Imtially, the optimization approach adopted was to ignore the time dependent 

nature ofthe process, i.e., optimize the plant only at the instantaneous point of operation. 

In other words, the issue here is ofa possible trade-off between the octane number and the 

reformate yield. Of course, deactivation ofthe catalyst did not feature in this problem. 

The results of optimization studies predicted all the inlet bed temperatures to go towards 

then- upper constraints. That is, the optimizer told us that the most optunum way to 

operate this unit would be to operate at the maximum possible severity. However, in 

practice, the aim is not to maximize instantaneous profits, but rather to keep operating the 

unit for a certain period of tune, and maximize the overall profits. Thus the first important 

conclusion ofthe optimization studies was; consideration ofthe dynamic nature ofthe 

system caused by deactivation, is essential to carrying out any meaningfiil optimization 

analysis ofthe problem. 

Having concluded this, we can still look at the optimization problem from two 

distinctly different perspectives. We call the first one as "time-invariant independent 

variable" mode of operation and the second one as "time-optimal independent variable" 

mode of operation. Henceforth, we have referred to them simply as time-invariant mode 

and time-optimal mode respectively. What we mean by these terms is explained m the 

following paragraph. 

In the case of time-invariant mode of operation, the decision variables are held 

constant throughout the period of operation. The optimizer searches for the decision 
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variables, four bed inlet temperatures and a recycle ratio in this case, such that the 

objective fiinction value over the entire period is maximized. In actual practice, this would 

hardly be the preferred mode of operation. However, this provided a good starting point 

for our optimization study. It simphfied the optimization problem as compared to the full 

blown version, i.e., the time-optimal problem, because ofa relatively lower number of 

independent variables that we have to deal with. As would be seen later, this type of 

analysis did lead to some interesting findings. 

The most optimal way to operate this unit would be to vary the decision variables 

along an optimal path, i.e., the time-optimal manner, such that the objective fiinction is 

maximized. Thus the task involved is not only to find the optimum decision variables, but 

to vary them in an optimum fashion. This is a problem of dynamic programming. It 

requires utilizing some special techniques for the solution and also deserves a separate 

Section for its discussion. 

7.1.4 Solution Technique for Time-Optunal Mode of Operation 

This type of problem is also known as an optunal-control problem. If "u" is the 

manipulated variable then the goal of optimization is to optimize the fiinction "u(t)". The 

main numerical techniques used to solve the above control problem are the collocation 

method (Biegler, 1990) and the control vector parameterization (CVP) method (Farhat et 

al., 1990). 

The collocation methods discretize both the control functions and the ordinary 

differential Equations in the original simulation model, using collocation over finite 
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elements. This approach approximates the state variables by a series of orthogonal 

polynomials in time. This converts a differential algebraic system to a large system of 

non-hnear algebraic Equations, which together with the objective function and constraints, 

can be solved simuhaneously using non-hnear programming (NLP) optimization 

techniques. A major advantage of this approach is the ease of incorporating bounds 

corresponding to the state and control variable profiles. One ofthe major difficulties of 

this approach is the size ofthe resulting NLP formulation, which can be fairly large, with 

over 1000 variables and would need a high performance computing machine. 

Control vector parameterization methods assume a functional form for the control 

variables (polynomials, exponential, etc.) thus parameterizing the control variable 

determination. For example, a sunple polynomial form may be used hke, 

u(t) = bo + bi t -H b21^ + .... + bp f. (7.3) 

The entire control profile is then defined by parameters from bo to bp, and these form the 

decision variables. The optimal control problem is then solved using the following 

sequential approach. A simulator ofthe process works sequentially with the NLP 

optimizer in order to provide information to compute the objective and constraint values 

and their sensitivities. The optimizer provides the values of decision variables to the 

simulator for which it needs the objective and constraint values calculated. The simulator 

then does the simulation, calculates the objective function or constraint values as 

required, and retums them back to the optunizer. 

Comprehensive comparisons between the collocation and the CVP methods have 

not been published, so h is not possible to make definite statements about the relative 
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ment (Macchietto and Mujtaba, 1992). For solving the time-optimal problem in this 

work, we have utilized the control vector parameterization technique with a slight 

modification. Each decision variable is expressed in terms node values at specific points in 

tune domain over life ofthe catalyst. The optunizer uses these node values as decision 

variables. Whenever intermediate values are requu-ed during integration within the 

simulator, these are provided by conducting cubic spline interpolation (Riggs, 1994) 

between all the node values. Thus entire path of each decision variable is represented by a 

thkd order polynomial with a spline. One advantage gamed out of this technique is that 

successive values of decision variables are connected by a smoothly varying fiinction, and 

do not vary in a discrete way all over the operating region in a random fashion. It is also 

simpler to implement constraints on the decision variables, because constraints on the 

original decision variables just transform to constraints on the node values. 

7.1.5 Optimization Algorithm ( "Optimization Engine") 

A host of different types of optimization software is available in the market today. 

As mentioned earlier, one objective fiinction evaluation is not cheap in case of this model. 

Therefore, it was necessary to choose an optimizer, which in general required fewer 

functional evaluations and exhibited quick convergence. Successive quadratic 

programming (SQP) is becoming quite popular lately for solving non-linear programming 

problems. It requires smaller number of iterations than other comparable techniques, such 

as successive hnear programming (SLP). SQP is usually much faster overall, particularly 

in cases where optimum is not at a comer pomt (Edgar and Himmelblau, 1988). A 
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software package using SQP algorithm, known commercially as NPSOL^' was used as 

the optimization engine for this problem. A brief review ofthe theory behind NPSOL^^' 

and the program documentation is provided by Gill et al. (1986). 

No optimization algorithm can guarantee an absolute convergence to global 

optimum. The only way to make sure that you have reached a global optunum and not a 

local optimum, is to start from different starting points. The optimum answer achieved in 

each case is verified by starting from a totally different starting point in each case. Before 

proceeding to the results section, one point should be noted, i.e., the objective fiinction in 

each case is reported as percentage improvement from the objective fiinction at the base 

case. The base case is considered to be the operating point at which the model was 

benchmarked with the industrial data. 

7.2 Optimization Resuhs 

This Section discusses the optimization resuhs obtained in various cases; most 

important among those are the tune-invariant case and the time-optunal case. 

7.2.1 Time-Invariant Mode of Operation 

The first case study involves the operating mode where decision variables are 

time-invariant, i.e., maintained at their constant values over entke hfe ofthe catalyst. The 

decision variables considered are the four bed inlet temperatures and the recycle ratio. 

Essentially, this formulation evaluates the benefits of using a staggered temperature 

profile, vis a vis, a flat one, i.e., where all beds are operated at equal temperatures. 
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As described in the earlier Section, successive quadratic programjning algorithm 

was apphed to seek the operating conditions that would optimize the objective fiinction, 

computed over one year of catalyst operation. The optimum operating conditions 

observed for the time invariant problem are hsted in Table 7.3. It was found that the 

objective fiinction value under the optimum conditions described in Table 7.3 was 4.8%o 

higher than the base case value. Base case refers to the condition where all the bed 

temperatures are equal at 767 K as well as constant in time, and the recycle ratio is held at 

8.73. It may be reminded that these operating conditions were used for model 

benchmarking covered in Chapter 5. 

A brief look is taken at Figure 7.1 for the moment to inspect the plots of objective 

function versus each independent variable. The plot with respect to first bed inlet 

temperature shows a continuous increase in objective function value as the inlet 

temperature is increased and Table 7.3 indicates that the optimum solution found for the 

first bed temperature is located at the upper constraint value of 790 K. The plot of 

objective function with respect to second bed inlet temperature shows a maxima between 

770 K and 790 K. The optimum solution determined here is 779.7 K. Similar 

observations also hold tme for the third and fourth bed inlet temperatures and the recycle 

ratio. Thus for the time-invariant mode, preliminary sensitivity analysis with respect to 

decision variables led to a fairly good idea about the optimum answer for that variable in 

the overall optimization problem. 

Figure 7.2 demonstrates the octane number and reformate yield variation observed 

under the optimum conditions described in Table 7.3 over the entke life ofthe catalyst. 
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Table 7.3 Optimum operating conditions for the 
time-invariant mode of operation 

Bed inlet temperature Temp (K) 

First 790 

Second 779.7 

Third 766.8 

Fourth 766.9 

Recycle Ratio 9.96 

% improvement in profitabihty 
over nominal̂  operation 4.8 % 

^ Nominal operation involves using same inlet bed temperatures (767 K) for aU the beds 
and a recycle ratio of 8.73 over the entke period of operation. 
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Figure 7.2 Octane number and reformate yield variation for time-invariant mode of 
operation, under optimal conditions (Table 7.3) 
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Octane number declines in almost linear fashion from 102 to 85.5 and the refonnate yield 

changes from 78% by volume to 88% by volume. 

It is not unusual by the refiner to expect variations in cmde quality and therefore 

resultant changes in quality of naphtha fed to the reforming unit. In broader terms the 

changes in feed composition can be constmed as changes in the paraffins, naphthenes, and 

aromatics composition ofthe naphtha. Two test case scenarios conceming changes in 

feed composition are considered in this work. In one test case, total aromatics content is 

increased by absolute 10%, and the paraffins reduced by absolute 10%. The increase in 

aromatics concentration is distributed equally between all carbon number groups and the 

same strategy is applied for the paraffins. In the second test case, aromatics composition 

is reduced by 10%) and cortespondingly paraffins raised by 10%. The optimum solutions 

obtained in each test case after applying the optimization algorithm are presented in Table 

7.4. The optimum solution for first bed inlet temperature reaches ks upper limit ui all the 

cases. As far as the other temperatures are concemed, lower severity is predicted for the 

case wkh more aromatics in feed. The most plausible explanation for this phenomena 

could be the fact that presence of more aromatics leads to more coking on the catalyst and 

therefore, higher severity could cause more harm in the long mn. Analogously higher 

severity is predicted in case of lower aromatics and higher paraffins in feed. Increased 

aromatic feed exhibits a 4.5% increment in objective fiinction over the base case, while 

reduced aromatic feed shows the most, i.e., 5.4% improvement in objective function over 

the base case. Base case operation in each case refers to the operation with a constant and 

equal temperature of 767 K and recycle ratio of 8.73 with cortesponding feed. It can be 

138 



Table 7.4 Optimum operating conditions for the time invariant mode of operation, for 
varying feed types 

Bed Inlet Temperature Feed type 

Base case Heavy' Light' 

First 790 790 790 

Second 779.7 777.6 780.1 

Third 766.8 765.9 767.3 

Fourth 766.9 763 767.1 

Recycle Ratio 9.96 10.85 9.53 

% improvement in profitabihty 

over nominar operation 4.8 % 4.5 % 5.4 % 

' Heavy means 10%) increase in aromatics and 10% decrease in paraffins in feed. 

Light means 10% decrease in aromatics and 10% uicrease in paraffins in feed. 

^ Nominal operation involves using same inlet bed temperatures (767 K) for all the beds 
and a recycle ratio of 8.73 over the entire period of operation. 
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noted that despite these small variations predicted in operating conditions, the overall 

trend expected in each case remains the same, i.e., maximum severity for the first bed and 

lower severity for each successive bed. 

These resuhs have suggested that staggered temperature profile is more beneficial 

than the flat one. In other words, the difference in each bed behavior towards the output 

properties can be taken into account and used advantageously to optimize the objective 

fiinction. 

7.2.2 Time-Optimal Mode of Operation 

As recognized earlier, the most comprehensive optimization problem solution 

would involve searching for the optimum control profiles ofthe independent variables, i.e., 

the decision variables would fohow an optimum path over the life ofthe catalyst. The 

development of optimization strategy for attempting to solve the time-optimal or the 

dynamic optimization problem is illustrated in Section 7.1.4. It entails the application of 

optimization algorithm (NPSOL in this case) to search for values of independent variables 

at different node points placed along time. Each node in time is connected to the 

consecutive node by a third order polynomial derived by utilizing cubic spline interpolation 

technique. Initially the study is conducted with just three nodes in time for each ofthe 

manipulated variable; one node each at the beginning and end ofthe cycle, respectively 

and one node at the middle ofthe cycle. Wkh this formulation the number of independent 

variables goes up by a factor of three, from five to fifteen in this case, as compared to the 

time-invariant problem. Accordingly, there is a significant rise in the computational time 
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required to reach the convergence. The optimum values obtained are represented in the 

plot in Figure 7.3. The continuous line connecting the nodes indicates the optimum path 

predicted for each variable. The common trend observed in case of each bed inlet 

temperature is that the conditions at the start ofthe cycle are of lower severity, gradually 

moving towards higher severity, and reach the upper constraint by the end ofthe cycle. 

The first bed exhibits the maximum average severity over the cycle length, with 

temperature going up to upper constraint of 790 K at the midway in the mn and staying 

there for rest ofthe period. In general, the higher the bed number, lower the average 

severity observed. The plot of octane number and volumetric reformate yield with time 

(Figure 7.4) provides a better insight into the operating mode selected by the optimizer. 

The octane number stays in a range of 94-96 for almost 2/3'*̂  ofthe cycle period. This 

implies that the operatmg condkions vary in a maimer such that the octane number 

remains more or less constant for a large part ofthe initial period. The continuous loss of 

catalyst activity during this time is compensated by gradually raising bed inlet 

temperatures. It is interesting to note that the most optimum range chosen by the 

optimizer is between 94-96. Towards the end ofthe catalyst life the temperatures start 

increasmg rapidly and the recycle ratio drops down, indicatmg the most severe operation. 

To explain this phenomena, we have to realize that the catalyst life has been fixed at a 

certain value all along, regardless of whatever takes place in the reactors. It means that 

we have decided to operate the unit for 8000 hours without catalyst regeneration. 

Assume that after that period a shutdown is planned to regenerate the catalyst. It, 

therefore, makes sense to use up all the available activity so as not to be left with any 
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unused activity while going in for the regeneration. In other words make the operation 

more and more severe as the shutdown is approached. Of course, the rate at which this 

task needs to be accomplished so as to make the entire operation most profitable is for the 

optimizer to decide. 

Figure 7.5 shows the coke profile (coke content plotted as average kg of coke per 

kg of catalyst and expressed on a percentage basis) for each bed in this operation. The 

increase in coke content is gradual at first and accelerates towards the end. The trend is 

particularly non-linear for the coke content on the last bed. By the end ofthe mn, the last 

three beds produce heavy amount of coking with 12-15% coke content by weight. The 

coke content on the first bed is the lowest despite ks highest inlet temperatures and that is 

attributed to the largest temperature drop in that bed. The low coke content ofthe first 

bed is the primary cause for making the first bed operate at the highest inlet temperature. 

It is quite interesting to make a comparison between the results obtained for the 

time-optimal problem with those for the time-invariant case. Certain similarities are 

apparent. For example, the inlet bed temperatures are the most severe for the first bed and 

the severity dechnes in going through successive beds. However, the difference between 

the two modes of operation make a big impact. The most critical difference is that the 

time-optimal problem affords a lot of flexibility by giving the ability to adjust the 

independent variables during the mn. This is reflected in a drastically different octane 

number profile over the catalyst life in both the cases. As could be expected, the time-

optimal mode is more profitable than the time invariant operation. The improvement in 

objective function between the two is 5.6 %. 
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What is the effect ofthe total number of nodes or the node spacing on the 

optimum path and the objective fiinction? More number of nodes would most likely 

improve the performance since k means greater flexibility in manipulating the decision 

variables. Also, the nodes could be spaced unequally. For example, nodes could be 

placed closer in the latter portion of catalyst mn length where the profiles show most non-

linearity. A study was conducted by using one addkional node for each decision variable, 

i.e., using four nodes rather than three. Different node spacings were also attempted. In 

aU the studies, the results indicated a qualkatively similar performance to that attained in 

the first case (Figure 7.3). No significant gain in the values of objective function was 

observed. Figure 7.6 represents one particular mn where four nodes were spaced at time 

mtervals of 0%), 40%), 70%, and 100% ofthe total mn length. The temperature and the 

recycle ratio profiles exhibk similar pattems and also follow an almost identical path. The 

improvement in objective function to that observed with three nodes was close to 1%. It 

should be realized that more node imphes more decision variables and cortespondingly 

more computation time required for convergence. In view of this fact, all the fiirther 

studies ofthe time-optimal analysis in this work are conducted by using three nodes. It is 

deemed to be sufficient to predict close to a maximum achievable optimum operation. 
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Figure 7.6 Time-optimal mode of operation with increased node points 
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7.2.3 Equal but Dynamically Changing 
Catalyst Bed Inlet Temperatures 

This Section discusses another case study carried out in relation to determining the 

optimum operating conditions for a catalytic naphtha reformer. The mode of operation 

consists of varying the inlet bed temperatures in an optimum fashion but imposed with an 

addkional constraint that they be equal to each other. The motivation for conducting a 

study of this kind stems from the fact that it is a common practice in industry to vary inlet 

bed temperatures with time but keep them more or less equal to each other at all times. 

Figure 7.7 displays that the optimum path detected for inlet temperatures and the recycle 

ratio. The analysis is conducted with three node point spaced at equal distance in time. 

The inlet bed temperatures acquire a value of 767 K at the start of cycle and reach 

their upper constramts of 790 K by end of cycle. The interesting feature ofthe plot is that 

the variation is almost linear over the period. Also the optimum objective function value 

was only 1.7 % lower than that gained in a full scale version ofthe problem (Section 

7.2.2), i.e., where the temperatures are aUowed to be unequal as well as time varying. 

This leads us to draw an important conclusion. We have seen three cases so far. In the 

first case (Section 7.2.1), the inlet temperatures differ but they are held constant from the 

beginning tih the end. In the second case (Section 7.2.2), these temperatures are also 

allowed to vary during the mn length. The third case, described in this Section, 

investigated the effect when temperatures are varying in time but always remain equal to 

each other. The second case obviously demonstrated maximum objective function 

amongst the three. What is interesting is the fact that third case indicated objective 
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Figure 7.7 Optimum operating conditions for the case with 
equal but time varying bed inlet temperatures 
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fiinction closer to the maximum (which is obtained in second case) and significantly larger 

than the first case. Therefore, k can be concluded that taking into account the time 

dependent nature ofthe process caused by deactivation of catalyst is a key to conducting 

the optimization analysis ofthe unit, even more cmcial than keeping the staggered 

temperature profile. 

Making an assessment at this point about the scenarios considered so far in this 

work vis a vis the actual practice; as per the feedback obtained from the industrial source, 

the catalytic naphtha reforming unk modeled here is normally operated at equal bed 

temperatures. But these temperatures do not exactly remain constant in time, however, 

they may not be varied by an optimum path. It may be reminded that even if the 

temperatures are held equal to each other, we still require the optimizer to find out the 

optimum path by which to vary them with time. The analysis made so far clearly shows 

that there is a significant scope in improvement ofthe profitability ofthe unit modeled in 

this work. 

7.2.4 Constant Octane Number Case 

For all the studies conducted so far, the octane number was allowed to vary 

unconstrained. However, in some cases, it may be required to meet a fixed octane number 

specification on the product for a long period of time, possibly for the whole cycle. In 

such a case, the optimization problem has to be solved with a constraint on the octane 

number. The problem mainly reduces to maximizing the reformate yield while keeping the 

octane constant. The plots in Figure 7.8 show the optimum octane number and yield 
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profile obtained at constant octane operation at 95. The constraint on the state variable 

such as octane number, can be handled by NPSOL^'. However, since that constraint has 

to be specified at different node points in time domain, the number of constraints is not 

one but equal to the number of node points for which the constraint on octane number is 

specified. This tumed out to be quite a time consuming ordeal for the optimizer (and 

researcher). The constraint was then incorporated into the objective function by means of 

a penalty fimction approach and the problem was retained as an unconstrained version. It 

can be observed that initially there was a small amount of deviation from the octane 

number of 95, but for most part ofthe cycle , the octane number has remained very close 

to 95. The reformate yield more or less remain constant, but towards the end ofthe cycle 

there is a gradual drop in ks value. By the end ofthe cycle, reformate yield drops by 

about 2%. This is caused by the increase in bed inlet temperatures to try to keep octane 

constant in the face of loss in catalyst activity. Figure 7.9 displays the optimum paths for 

decision variables. The trends observed are similar to octane unconstrained cases except 

for the fact that the increase m bed severities is more gradual. Again, this is due to 

constraint on the octane number, which needs lower temperatures at the beginning as 

compared to earher cases 

7.2.5 Model Parametric Sensitivity Analysis 

So far we discussed various optimization results. The model of catalytic naphtha 

reformer used in this project was benchmarked against the data obtained from an industrial 

source so as to make the model represent an industrially operating cat reformer as closely 
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as possible. When the optimizer is applied to the model, it imphes that we have assumed 

the model to be our actual process. However, no model is perfect and there is bound to 

be a mismatch between the actual process and the model. Therefore, the optimization 

analysis will not be complete without addressing the issue of how the mismatch would 

affect the prediction accuracy, or more specifically, the predicted improvement in the 

objective fiinction. We conducted the model parametric sensitivity analysis to assess the 

impact of uncertainty in the main model parameters on our results, i.e., the prediction of 

improvements in objective function. The procedure is described in the following 

paragraph in the form of steps followed. 

1. The main model parameters with the possibility of largest degree of uncertainty and 

consequently causing the biggest inaccuracy in resuks are the kinetic model parameters 

and the deactivation model parameters. The activation energies of reforming rate 

expressions are computed by the regression analysis. Consider the ring closure 

reactions. We assumed that there was a 50% ertor in computing the activation energy 

of all the ring closure reactions. (Most probably, this would be the worst case 

scenario, in our opinion, usually the ertor encountered would be much less than 50%.) 

2. This would of course, shift the model from its base case operating point, it is 

presumed that the base case operation is quite clearly defined and hence we would at 

least have a model that adheres to the process at that point. The next step, therefore, 

was to adjust other parameters ofthe model, mainly the pre-exponential factors of ring 

closure reactions to bring the model approximately back to its base_case operating 

point. 
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3. We have now ended up with two models, both seemingly agreeing at the base case 

operation, yet both would behave differently in the other operating regions We 

assume the original model to be the tme process and the model with inaccuracies in 

parameters to be our model to be used for optimization. The optimizer is applied on 

this second model to find out new answer with respect to optimum decision variable 

values. 

4. The new decision variable values are then unplemented m the old model (our "tme 

process") to evaluate the objective function. 

5. The optimum objective function value gained by applying optimizer on the old model 

is akeady known. (The answers that have been reported so far.) The objective 

function of step 4 would obviously be less than this answer. The difference would tell 

the value we would be losing due to inaccuracy m our model 

6. Parametric studies of this nature were conducted for activation energies of ring 

closure, hydrocracking and paraffin isomerization reactions. The deactivation 

parameters were also studied in this fashion. The results are hsted in Table 7.5. 

For the purposes of this analysis, we ran only time-uivariant mode of operation. 

However, a couple of cases mn with the tune-optknal mode indicated almost similar 

resuks. The observation of Table 7.5 shows that for most refomung reaction rate 

parameters, even with an error of 50 %, the loss in objective function hardly exceeds 1.5 

%. The deactivation rate parameters, ki general, exhibit more sensitivity, so relatively 

higher accuracy estimates should be used in the deactivation model. 
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Table 7.5 Model parametric sensitivity analysis 

Parameter 

Activation energy of ring closure 
reactions 

Relative ertor Loss in objective 
introduced function value 

50% 0.5 % 

Activation energy of hydrocracking 
reactions 

50% 1.5% 

Activation energy of paraffin 
isomerization reactions 

50% 0.32 % 

Activation energy of coke formation 
(Aromatics •+• Alkylcyclopentanes) 

50% 2.25 % 

Activation energy of coke formation 
(Aromatics + Alkylcyclohexanes) 

50% 2 . 1 % 

Deactivation parameter, x 50% 1% 
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CHAPTER 8 

DISCUSSION, CONCLUSION 

AND RECOMMENDATIONS 

The work on this project was begun with the following objectives in mind: 

1. Prepare a simulation model ofa catalytic naphtha reformer. 

2. Make the simulation realistic by matching the model with some plant data. 

3. Identify and analyze issues related to optimization ofthe unit. 

4. Develop a strategy that can be used to realize the full potential in optimizing the unit. 

This chapter is essentially a final commentary on how far successful we were in 

meeting these targets, and also on the new techniques and the knowledge we gained 

during the course of this work. 

Amongst the three major steps listed above, the fkst step, i.e., modeling of 

catalytic reformer requked the maximum amount of mvestment of time and effort. A 

rigorous mathematical model ofthe catalytic naphtha reformer was developed with the 

intention of adequately representing the actual plant behavior. As expected, simulting the 

complex chemistry of reforming reactions occurring in the fixed-bed reactors was the most 

cmcial part. It was felt that detailed kinetic modehng ofthe reactions was absolutely 

essential in order to improve the prediction accuracy ofthe model. From our literature 

surveys we chose the most detailed and comprehensively studied kinetic scheme available. 

This made the model computationally more intensive. However, at the same time the 

modehng equations for fixed-bed reactors, i.e., equations representing mole and energy 
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balances were simplified by certain assumptions. Uncertainty associated with some 

phenomena, e.g., mass transfer resistance in the catalyst peUets, could be effectively 

lumped into rate parameters. As k became evident during optimization studies later, 

simulating the loss in catalyst activity with time was at least as important, if not more, as 

simulating reforming reactions. Modeling of other components ofthe reformer flowsheet 

was completed mostly along the standard estabhshed techniques. The sequential modular 

approach necesskated the use of an kerative solution algorithm, which kicreased program 

execution times. However, in a face ofthe fact that an iterative solution was requked at 

every time step, the 15-20 minutes of execution time per simulation of one year of mn-

length achieved on a DEC-Alpha machine indicated that the algorithm was 

computationally efficient. 

The next step was our attempt to bench mark the model with industrial data. Since 

the data obtained contained figures from daily operating data sheets, we could not find 

data pomts spread over the operating region. Therefore, the approach taken was "to do 

the best with what we had" and decided to bench mark our model at a base case operating 

pouit. This required developing some heuristic mles, based on prior pubhshed kinetic 

studies, to reduce the number of unknown parameters in the model. It was possible to 

employ a regression routine to fit the model parameters so as to obtain a good match of 

the model and the data at base case. The model behavior was then studied with at different 

regions, for which we did not have the operating figures available. The results seemed to 

be in quite good agreement with observations and trends reported in the published 

literature and seen in the industry. Based on this, we concluded that model represented the 
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performance of actual unit "reasonably" well. However, it has to be agreed that there is a 

possibility of some mismatch in a different operating region. The only way to verify it 

would be by collectmg data over a wide operating range, the luxury that we unfortunately 

did not have during this project. Also, the simulation ofthe deactivation phenomena ofthe 

catalyst has to be verified by collectmg data over cert am time period. The possible 

uncertamty in the parameters was also the motivation behind carrying out the model 

parametric senskivity analysis discussed at the end of results section. A special mention 

has to be made about the feed characterization procedure apphed during bench marking. 

This procedure could be a useful tool for characterizing refinery streams in terms of 

chemical components. 

The formulation ofthe optimization problem presented some challenges in itself 

We realized very quickly that any optimization studies done without taking into account 

the scenario over the entke cycle length is not gouig to be very meaningful. During our 

interaction with the industrial sources, we realized that many a times the catalyst beds are 

operated at near equal mlet temperatures, mainly for the reason that "it has always been 

operated this way." So one ofthe issues that we attempted to answer was; is there an 

advantage in using staggered temperature profile over a flat one? The analysis showed an 

improvement in the objective function of 4.8%. It should be remembered that we kept the 

decision variables constant through out the operation, caUed as the time invariant mode of 

operation. Thus, k clearly showed the advantages of accounting for varying influences of 

each bed on the outlet properties. 
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The deactivation of catalyst causes the reactor behavior to continue changing over 

a longer period of time. This fact clearly pointed towards searching for optimum control 

profiles of decision variables, rather than just fixed values. The control vector 

parameterization technique apphed to solve this dynamic optimization problem worked 

quke effectively. We obtained an additional improvement of 5.6% over the time-invariant 

mode of operation. The time-optimal mode adds a lot more flexibility in adjusting the 

decision variables over the time domain. This clearly seems to pay off in the scenario 

where coke deposkion plays such a major role. 

In general, the analysis for identifying optunum reactor inlet temperatures 

indicated that k is more profitable to operate the first bed at the highest inlet temperature, 

followed by other beds at successively lower inlet temperatures. It is hypothesized that this 

results due to the fact that the optimum operation cortesponds to the case where the 

activity on all beds has been consumed almost equally, in other words, all the beds should 

have almost equal coke content. Since the rate of coke formation increases as we progress 

from first to the last bed, keeping a decreasing inlet temperature profile from first to the 

last bed would lead to more uniform coke content in each bed. 

Extendmg the similar principle to time-optknal control profiles, the operating 

policies which would lead to almost uniform cokkig in each bed and would leave httle 

activity by the end of cycle, would resuk in optimum operation. The resuks which were 

obtained clearly supported this conclusion. 

FkiaUy, the main conclusion ofthe study was that the operating pohcies for a 

catalytic naphtha reformer, decided on the basis of prior optimization analysis would be 

160 



expected to resuh in significant economic benefits. The improvement in objective function 

anywhere around 4 to 5 % means a significant improvement in terms of profits. 

The model parametric sensitivity studies were conducted to tackle the issue of 

process model mismatch, and identify the loss on account ofthat fact? The results 

indicated that in most cases, even wkh substantial relative ertors in the parameters, no 

considerable loss was observed in the objective function values. 

So in conclusion, we would hke to say that we completed the three major steps 

outlined at the begmning of this chapter. Of course, no work can be said to be totally 

perfect. There are always ways to improve and expand. The following recommendations 

are made for the possible future study. 

The next logical step in this work would be to make an attempt to implement it on 

an actual operating unit and assess the improvement in the performance attained. The pre

requisite for this job would be to bench mark the model with a larger amount of data, i.e., 

collect data over a wider operating region to ensure the accuracy of model's gain 

prediction. Also, the unplementation would have to be on-line. The on-hne unplementation 

could involve a model vahdation step preceding the optimization analysis performed at 

regular intervals. The optimization analysis could be performed by looking at the scenario 

from the given tune instant till the end of cycle. 

The sequential modular approach of modehng necessitates use of iterative solution 

strategy. As a resuk, the computational requirements cost a significant amount of CPU 

time, till the converged answer is obtained for the optknization mn. Use of open equation 

based modeling, which converts the differential-algebraic system of equations to a set of 
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purely algebraic equations and precedes to solve them simultaneously, is supposed to 

avoid the iterative solution and enhance the computational times. This approach would 

have to be adopted if the optimization analysis has to be performed frequently. Another 

advantage of open equation based modeling is the fact that the same model can be used 

for parameter estunation and optimization. Of course, it also involves solving hundreds or 

perhaps thousands of equations simultaneously. Hence a computer with sufficient memory 

capabilities is needed. 

Look at our cat reformer model from a httle different perspective. The feed, 

catalyst bed inlet temperatures, etc., could be treated as mputs, and octane number and 

reformate yield as outputs. The kinetic rate parameters are the model parameters. Would it 

be possible to train a neural network for this process? This is an idea worth exploring. It 

would enhance the speed of computation several times. However, due to the dynamic 

nature ofthe process, the neural networks to be trained would have to be dynamic in 

nature. 
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