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CHAPTER I 

INTRODUCTION 

The design of chemical process plants has come a long 

way since the initial, so-called, "hit and run" design meth

od. During the early days, the prime concern of a design 

engineer was that the process should remain sufficiently 

flexible, operable and controllable to take care of fluctua

tions in demand, raw material quality and product specifica

tions. Reduced initial fixed cost and operating efficiency 

were often secondary considerations. 

In recent years, rising raw material and energy costs 

have brought about a change in the philosophy of plant de

sign. Economic considerations have forced designers to 

strive for a more efficient utilization of natural resourc

es. Moreover, increased confidence in the design due to ad

vances in chemical process technology and the availability 

of software and hardware for precise process control has re

duced the need of the decoupling action of buffer equipment 

between process steps. 



Thus, with the stage being set for industrial 

application of process optimization and synthesis 

techniques, the attention to this subject has greatly 

increased. A number of effective synthesis tools are now 

available and important progress has been made in synthesis 

of heat exchange networks and synthesis of multicomponent 

distillation separation sequences. However, the development 

of techniques for the systematic synthesis of an entire 

chemical process, including reactors, component and phase 

separation equipment, energy transfer devices, etc., is 

still an extremely formidable problem. 

The object of the work described in this thesis is to 

identify a heuristic method for choosing an optimal process 

design, based on the synthesis of an optimal multistage 

chemical process plant where options for process selection 

exist at each stage. To demonstrate the proposed approach, a 

plant for production of fuel grade ethanol from a cellulosic 

feedstock was chosen. The procedure followed in this work 

was to 

a) Develop a design and computer simulation for each 

potential battery within the plant using heat recovery 

synthesis techniques. 



3 

b) Specify operating conditions for each battery 

separately, using a parametric sensitivity and 

optimization approach. The incremental production cost 

contributed by that processing step is chosen as the 

dependent variable. 

c) Develop a candidate optimal flowsheet based on the 

combination of batteries which gives a minimum 

production cost. 

d) Examine effect of operating one battery at its optimum 

with the operation of the others as response variables. 

e) Compare optimal battery and optimal sequence operation 

with totally heat integrated operation. 

Based upon the results obtained by following this procedure, 

a candidate heuristic for synthesis of a multistaged process 

design has been established. 

'•1 

it 



CHAPTER II 

OPTIMIZATION AND SYNTHESIS OF PROCESS PLANTS 

Optimization of Process Plants 

Equipment Optimization Logic 

Optimization may be defined as simultaneous considera

tion of all possible allocations of one's resources and max

imization, subject to certain constraints, of the utility 

fuction of the optimizer (McClosky and Trefethen, 1954). 

Successful application of optimization to chemical processes 

depends on proper evaluation of broad alternatives and ex

ternal variables and maximization of process and equipment 

variables. Most problems of engineering process design have 

several solutions. The objective of optimization is to se

lect, out of the multiplicity of solutions, the one which is 

best with respect to some desired criteria, the so-called 

objective function (Taborek, I960). 

The general definition of financial aspects of a process 

can be stated based on the profit P($) which is the differ-



ence between the value of the product V($) and the cost of 

production C($), or 

Profit = Value - Cost . . (1) 

Cost of production includes the fixed cost, F, and the oper

ating cost, 0, or 

Cost of production = Fixed cost + Operating cost . . (2) 

The optimum design is usually the one that will produce max

imum profit. 

An optimum may exist when two parameters are changing in 

the same direction, e.g. the case of a reactor where the op

erating pressure is a variable. The product value will in

crease with pressure due to higher conversion but so also 

will the cost of the apparatus and its operation. The rates 

of increase are, however, different and an optimum will ex

ist at P(opt) as shown in Figure 1. 

An optimum may also exist when two parameters are chang

ing in opposite directions. For example, consider the cost 

of a heat exchanger as the dependent variable and the fluid 

velocity as an independent variable. The higher the flow ve

locity, the smaller will be the required area and the fixed 

cost. The cost of operation will, however, increase with 

increasing flow velocity. The cost components F and 0 change 

magnitudes in opposite directions, thus fixing an optimum at 

C(min) as shown in Figure 2. 



opt. 

Production Volume 

Figure 1: Effect of Production 

Volume on Profit 

$ 

min 0 

Production Volume 

Figure 2: Effect of Production 

< 
,> 

on Cost of Production 
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Types of Objective Functiorvs 

The objective function may be based on economic or tech

nical criteria. Common economic criteria include total cost 

of operation, incremental cost contributed by each module, 

net profit, gross profit, return on investment, or net pres

ent worth. In some cases the economic criteria can be re

duced to technical design parameters like product yield or 

impurity levels. When the objective function is solely tech

nical, as in quality control or maintaining safety stan

dards, the profit or economic criterion may be retained as a 

restriction on the solution to avoid impractical results. 

The most popular objective function, return on invest

ment, is quite suitable for evaluating integrated plants. 

Literature indicates the use of some other economic objec

tive functions as well. Johns and Vardas (1979) have used 

net present value (NPV) for optimum process design and se

lection. Malik and Hughes (1979) have used average return on 

investment during the design stage and the life-time of the 

project. Schlosser (1979) has used internal rate of return 

(IRR) as an objective function to optimize the design of a 

condenser in a refrigeration plant. 

^ 

IP 



8 

Types of Optimization Problems 

The scope of the optimization problem in process and 

plant design may be of varrying complexity. 

1) A combination of factories : e.g. an oil company 

2) A network of individual plants using interconnected 

feeds and products : e.g. a refinery 

3) A combination of components arranged in a unit pro

cess : e.g. an acetic acid plant. 

4) A specific component : e.g. a heat exchanger 

The design and optimization problems commonly encoun

tered in the chemical- process industry include 
• * • 

1)Decision at the management level - evaluation of a 

given project or comparison between projects. 

2) New projects - choice of chemical route, choice of 

plant capacity. 

3) Process and flowsheeting - choice of process, choice 

of process flowsheet, arrangement and layout of flow

sheet 

4) Equipment specifications - selection of type of 

equipment, sizing of equipment 

The optimization may be carried out at an integrated 

plant level or at successively lower levels. However, if 
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optimization is carried out at isolated stages, it does not 

follow that the optimal results for the integrated plant 

would be found. Therefore, after entering at a lower level, 

one has to consider and optimize all successive stages in 

order to achieve the optimum conditions for an overall 

plant. 

Types of Approaches Used 

Analytical Method 

The classical mathematical method of optimum seeking in

volves equating the first derivative of the objective func

tion to zero and solving for the variables in order to spec

ify the location of the extremum. Optimization by this 

method is possible in cases where the objective function is 

continuous and differentiable, allowing explicit solution 

for the optimum parameters. Consider the problem of finding 

the optimum length/diameter ratio for a cylindrical storage 

tank of a given volume, V, so that the surface area. A, is 

minimum. Let L be the length and D be the diameter. The ob

jective function is an expression for A in terms of L and D. 

On equating the derivative of A with respect to D to zero 

and solving, we find that this condition is satisfied when L 

is equal to D. Thus, a length/diameter ratio of one would 
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give minimum surface area for a cylindrical storage tank of 

a given volume. 

Konowalow (1959) used the analytical method to optimize 

reaction time for the first order reaction 

1̂ ^2 A !>- B -> C . .(3) 

With the objective of maximizing the concentration of B, he 

expressed the objective function as 

1 Ao 
' = TkpkTT ^' ' 

^ -k,t -k^t 
^ ) (e ^ - e 2 ) 

'Ao 
. , . ( ^ ) 

Equating the first derivative of the objective function to 

zero, he found that the optimum value of the reaction time 

IS 

t = 
In (k^/k^) 

. .(5) 

Devera and Varma (1979) carried out a similar analysis for 

the Van de Vusse reaction 

k. k. 
A •> B -> C . .(6) 

k. 
A + A > D . .(7) 

They chose the yield of B as their dependent variable and 

determined the optimum recycle ratio for a plug flow 

reactor. 
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Parametric Optimization Methods 

Analytical optimization methods connote a purely mathe

matical approach. In practice, it is not always possible to 

differentiate the objective function, particularly for dis

crete, independent, variables (Taborek, I960). In many ins

tances, it is easier to formulate a black box model for a 

system instead of an analytical model. Examples include a 

process module consisting of a series diverse process units 

or a collection of mathematical formulae which describe the 

behavior of a system. The parametric optimization approach 

may be used successfully in these cases. 

In the parametric optimization, or the case study, meth

od, a set of values for the optimization parameters is as

sumed. A complete set of design solutions is obtained which 

gives the values of the objective function for each set of 

values of the optimization parameters. If the first set of 

assumed values does not include an optimum, it will probably 

indicate the trend and the subsequent selections can pro

gressively approach the optimum. 

Taborek (1960) used the case study method to optimize 

the design of air coolers. The approach is based on a design 

solution of the air cooler for a given air velocity, V. The 

higher the air 'flow velocity, the higher the air film heat 
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transfer coefficient and, thus, the smaller the unit 

required. But the pressure drop is higher and the operating 

costs increase with increased air flow rate. Since the 

actual design of the air cooler involves a number of process 

calculations, the overall design is best assembled in the 

form of a computer modelling program. Once the computer 

program is available, all the engineer has to do is to 

supply the lower and the upper limits on 'V and a computer 

will give a set of solutions for various values of 'V in 

the given range. The cost of each unit, including the cost 

of the fan, is calculated by computer by solving a set of 

predetermined cost equations. The final presentation of the 

results is a tabulation or a graph of cost against the 

operational parameters. This graph not only shows the 

position of the optimum but also indicates the curvature of 

the optimum function. The parameter curves guide the design 

engineer if he has to deviate from the optimum for practical 

considerations. 

The parameter variation method of optimization is 

particularly suitable for computer use. Complete economic 

calculations, including an elaborate unit cost estimation, 

can be included as a part of the program. Another advantage 

of the case study method is that it can be readily applied 

to optimize a group of various units appearing in a process 
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circuit. The building blocks for such a program are 

independent equipment design programs. These are then 

grouped together in any desired combination as directed by 

the process. Doering and* Gaddy (1979) applied an 

optimization procedure to the contact sulfuric acid process 

and acheived a significant improvement in the economics of 

the process. Bickel and Himmelblau (1980) considered the 

case of expansion of a hydrodesulfurization plant with three 

possible expansion alternatives. They came up with an 

optimum plant expansion solution for the discrete decision 

problem of whether or not to expand capacity during a given 

time interval. Webb, Lutter and Hair (1978) used dynamic 

programming for determining optimum operating conditions for 

a fluid catalytic cracker in the face of changing feed 

conditions. Horn (1978) used operating cost as the dependent 

variable for optimizing boiler performance. The resulting 

idle/operating cycle to take care of the changing demand for 

steam led to 5% to 10% saving in utilities. 

These examples indicate that the parametric optimization 

method is more suitable than analytical method of 

optimization for determining the optimum operating 

conditions for a battery of equipment or for an entire 

process. For the purposes of this work, the parametric 

sensitivity and optimization approach has been taken. The 
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incremental production cost contributed by that processing 

step is chosen as the dependent variable. A black box model 

consisting of a set of mathematical equations representing 

the process design and cost estimation is used for each 

process module as described in Chapter 3. The equations for 

converting concentration of Ethanol from proof to volume 

percent, from volume percent to weight percent, and from 

weight percent to mole percent are given in the appendix 

for ready reference. 
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Process Synthesis Approaches 

Process Synthesis Techniques 

Proper design procedures include three essential stages 

of synthesis, analysis and evaluation (Asimov, 1962). The 

design process is complicated by the inter-relationships 

that exist among these three stages. Generally, the analy

sis proceeds by decomposing the system into its components 

and investigating each component separately ("del, 1967). In 

one sense, synthesis is the opposite of analysis. The goal 

of process synthesis is to conceive a structure that will 

meet certain given requirements or specifications, hope

fully in the most advantageous possible manner. 

The literature of process synthesis may be broadly clas

sified into two areas: techniques and applications. The 

general techniques that have been developed for process 

synthesis include 

1) Decomposition techniques 

2) Heuristic and evolutionary approaches 

3) Algorithmic optimization techniques 
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Process Decomposition Techniques 

The main difficulty associated with choosing a process 

structure is that an enormous number of equipment arrange

ments exist for most processing tasks. It is difficult to 

examine all of these. The conventional optimization methods 

are designed to handle a limited number of discrete varia

bles representing equipment connections. Thus, process 

synthesis beginning at the detailed equipment level is not 

possible. 

Recognizing this problem, Rudd (1968) proposed an ap

proach based on decomposition of a design problem for which 

no previous technology exists. The s-ubproblems may be decom

posed further until the level of available technology is 

reached. The choice of design variables and tear locations, 

that is, the locations at which the given problem is divided 

into subproblems, determines the computation labor required. 

The following numerical example illustrates the importance 

of a tear location for dividing a problem. 

Consider the integral of sinx.x.dx. This integral may 

be solved by the method of integration by parts, using the 

relation 

\ 
u .dv = u.v - jv.du . . (8) 
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If we set u = sinx and dv = x.dx and use the above relation, 

then the problem gets more and more complicated and does not 

readily yield a solution. However, if we set u = x and dv = 

sinx.dx then we get the solution in two steps. 

Similarly, in chemical process synthesis, proper 

decomposition of the problem is important. Rudd (1968) has 

proposed a heuristic that at every stage of decomposition, 

at least one of the subproblems must be immediately 

solvable. However this approach may not necessarily lead to 

a solution. Barkley and Motard (1972) and Upaddhye and Grens 

(1972, 1975) have developed methods for decomposition of 

networks that guarantee convergence to a solution in a few 

iterations. 

The proper choice of design variables helps to simplify 

the problem. Consider the following system of equations. 

fl(v2, V3, v^) = 0 . .(9) 

and 

^2^^T ""2^ ̂ 3' ̂ 4^ " ° • -^^^^ 

If we select v^ and v^ as the design variables we can solve 

equation (9) for Vp and then equation (10) for v-j. The 

system is acyclic as shown in Figure 3. 
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Figure 3: Choice of Design Variables leading to an 

Acyclic System 

Figure 4: Choice of Design Variables leading to a 

Cyclic System 
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However, if we select v-i and vo as the design variables, 

then we have to solve equations (9) and (10) simultaneously. 

The resulting system is cyclic as shown in Figure 4. Lee, 

Christensen and Rudd (1966) have proposed a systematic 

approach to the selection of design variables based on the 

criterion that acyclicity is desirable. They have used the 

notation of bipartite graphs which exposes the structure of 

the equations compactly and lucidly and also leads to the 

dissection of the equations. They have presented a step by 

step algorithm for proper selection of design variables 

which has also been adopted for machine computation. 

Heuristic and Evolutionary Techniques 

A heuristic method seeks a solution by using a series of 

plausible but fallible guesses. Heuristic rules of thumb are 

quite common in chemical engineering; examples being the 

six-tenths power law for cost of equipment, minimum approach 

temperatures in heat exchangers, estimation of optimum re

flux ratios and economic fluid velocities. In evolutionary 

synthesis, new processes are generated by modification of 

previously generated processes.King, Gantz and Barnes (1972) 

applied the evolutionary technique as a succession of 
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alterations involving identification of steps within the 

processes which could be changed to greatest advantage. They 

used this technique for the synthesis of a demethanizer 

tower in an ethylene plant in which successive improvements 

were sought to reduce the loss of ethylene in the tail gas. 

Seader and Westerberg (1977) have developed a combined 

heuristic and evolutionary strategy for synthesis of simple 

separation sequences. A method for synthesizing optimal 

distillation sequences, where condensers and reboilers are 

integrated, has been presented by Rathore, Van Wormer and 

Powers (1974). 

The evolutionary synthesis approach is more useful in 

improving upon a solution obtained by some other process 

synthesis techniques. It may help the design engineer to 

structure his thinking better, but it has little prospect of 

being an ultimate, totally computerized synthesizer. 

Optimization Techniques 

Optimization techniques may be profitably applied to the 

synthesis of chemical processes. Ichikawa and co-workers 

(1972) have suggested an approach that consists of combining 

all possible process flow-sheets into one combined 
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flow-sheet. Split fractions with values from 0 to 1 are 

assigned to all interconnections that might exist for 

various pieces of equipment. A split fraction of 0 indicates 

no connection between the two units. Normal optimization 

techniques are then used to arrive at optimal split 

fractions and optimal operating conditions. 

Umeda, Hirai and Ichikawa (1972) used a direct search 

technique to synthesize a processing stream which includes 

two continuous stirred tank reactors, two distillation 

columns and several heat exchangers. The major drawback of 

this optimization approach is the large number of variables. 

Since generation of a general flow-sheet is a complicated 

problem, the direct application of the optimization 

techniques is suitable only for small problems. Moreover, if 

discrete variables are represented by continuous ones, 

whether the solution of the continuous optimization problem 

would apply to the mixed integer problem is open to 

question. 
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Applications of Process Synthesis 

Heat Exchange Networks 

Synthesis of networks of heat exchangers, furnaces, 

heaters, coolers,condensers and vaporizers, to satisfy heat

ing and cooling requirments of a process has received con

siderable attention in the literature. Effective integration 

of heating and cooling requirements offers significant eco

nomic returns and, therefore, a great incentive exists to 

design process heat exchange networks in an optimal fashion. 

The heat exchange network problem may be specified as 

follows: a set of process streams are given and for each 

stream the inlet temperature, a desired outlet or target 

temperature, fluid heat capacity and mass flow rate are 

specified. Available utility streams such as steam and cool

ing water are also given. The solution involves pairing and 

sequencing these streams in such a manner that the total an

nual cost of the network is minimal. The total cost includes 

the fixed cost for the heat exchangers, converted to a cost 

per year figure and the annual cost of the utilities. The 

problem is one of trading investment costs against the util

ity costs. 
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Frequently, a multitude of feasible solutions exists for 

a given problem. Therefore, it is important to represent the 

problem in a convenient fashion. The Temperature Interval 

(TI) Diagram (Figure 5), proposed by Linhoff and Flower 

(1978) is such a representation. The temperature scale on 

the horizontal axis is divided into a number of small inter

vals and the streams are represented by horizontal lines. A 

match between two streams is indicated by placing a pair of 

circles, one on each stream, and connecting them by a verti

cal line. The network synthesis consists of identifying a 

set of matched streams and then combining the matched stre-

ams into a network of heat exchangers. Other suitable rep

resentations include Match Matrix (Pho and Lapidus, 1973) 

and Heat Content Diagram (Nishida, Koyabashi and Ichikawa, 

1971). 

The main steps in the synthesis of heat exchange net

works are 

1) Preanalysis to set target temperatures and limitations 

such as approach temperature. 

2) Network invention 

a) partition of synthesis problem 

b) selection of stream/stream matches 

c) selection of a network capable of producing desired 

results 
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Stream Plow-Rate Specific Temp. In Temp. Out 

Ib/hr. Heat Deg. P. Deg. P. 

H-1 

C-1 

C-2 

C-3 

1000 

500 

1200 

3360 

Btu/lb.P 

0.96 

0.96 

0.80 

1.00 

250 

160 

180 

70 

100 

200 

240 

90 

C-1 

C-2 

C-3 

H-1 
« O"̂  « 0 

Temperature 50 100 150 200 250 
Deg. ?. 

Figure 5: Temperature Interval (TI) Diagram 
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Several techniques and algorithms are reported in the 

literature for the synthesis of heat exchange networks. A 

synthesis and design strategy proposed by Umeda (1979) and 

the flow diagram that forms the basis of their heat recovery 

planner (HERP) program (Figure 6,7) indicate a typical 

algorithm to solve heat exchange network synthesis problem. 

Multicomponent Distillation Sequences 

As Hlavacek (1978) has pointed out, multicomponent sepa

ration problems are encountered in the areas of feed prepa

ration, reactant recovery, product separation and product 

finishing. The choice of the appropriate separation opera

tions and their sequencing is a ' complicated combinatorial 

problem. The synthesis problem becomes quite formidable for 

a large number of components. For example, for 10 compo

nents, the number of possible separation sequences is 4862 

(Heaven,1969). 

Various approaches and methods have been used for solv

ing separation problems, the more successful being the heu

ristic, evolutionary and algorithmic techniques. Powers 

(1971) has suggested following heuristics. 

1) The direct sequence is normally favored. 
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Give an initial system structure and 

a set of design or operating conditions. 

I 
Construct a heat availability diagram 

using a given set of stream temperatures, 

mass flow rates and specific heats. 

i — — \f 

Decrease the loss of available energy 

on the heat availability diagram. 

>f 

Simplify the heat integrated system. 

\f 

Estimate dependent variables such as 

fixed and operating costs. 

I 
Check operability for the heat 

integrated system. 

^C!satis fied?I> 

Yes 

Make a Decision, 

No 

Figure 6: A Synthesis and Design Strategy for Heat 

Integrated Systems 
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Input: 
•Define heat source and sink streams 
•Give information on flaw rates and 
inlet and outlet temperatures. 

Data preparation: 
•Call or estimate enthalpy data 

Construction of composite lines: 
•Calculate heat flow rates and their 
cummulative values for all the 
specified temperatures. 

Heat exchange network synthesis: 
•Calculate heat recovery duty for 
a given minimum approach 
temperature, or 
•Calculate minimum approach temperature 
for a given heat recovery duty. 
•Determine temperature profile. 

I 
Criteria: 
•Estimate 
cost. 

heat exchange area and 

Yes 

Add or 
delete 
heat 
source 
and/or 
sink 
streams. 

Change 
minimum 
approach 
temp. 
or heat 
recovery 
duty. 

No 

Output: 
•Print out information on the heat 
exchange network and heat exchangers 

Figure 7: Block Flow Diagram of the HERP (Heat Recovery 

Planner) 



28 

2) If one component is predominant in feed, remove it 

first. 

3) Leave difficult separations until last in the 

sequence 

4) Remove corrosive components first. 

Heaven favors the sequences that give nearly equimolal 

division of feed into distillate and bottom product. 

Reactor Networks and Synthesis of Reaction Paths 

Advantages often exist for using a network or sequence 

of reactors instead of using a single reactor e.g. a series 

of continuous stirred tank reactors.. Aris (1964) has de

scribed the use of dynamic programming to determine the op

timum number of reactor stages. A combination of a continu

ous stirred tank reactor and a plug flow reactor has also 

been discussed by Aris (1969). Umeda and Ichikawa (1972) 

used a decomposition technique to determine optimal reactor 

arrangement to conduct the second order reversible reaction 

A -> B. 

Entire Chemical Processes 

The development of techniques for the systematic synthe

sis of entire chemical processes, including reactors, 

component and phase separation equipment and energy transfer 
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networks, is an extremely formidable problem (Hendry, Rudd 

and Seader, 1973). Siirola, Powers and Rudd (1971, 1972) 

developed a computer program called AIDES ( Adaptive Initial 

Design Synthesizer ) , which has been successfully employed 

to produce alternate flow schemes, not necessarily including 

the optimum. 

An evolutionary search approach was applied by Ichikawa 

and Fan (1972) to the synthesis of a simple process for 

producing B from A by a reaction path involving a single, 

first-order irreversible reaction, A --> B, to be conducted 

isothermally. . The only equipment items available to the 

designer were a continuous stirred tank reactor, a plug flow 

reactor and an ideal component separator. Starting with an 

initial feasible process structure, consisting of a single 

continuous stirred tank reactor, their procedure led to the 

optimal system as one involving a plug flow reactor followed 

by a separator with recycle of unreacted A back to the plug 

flow reactor. This approach is quite suitable for the 

illustrated simple hypothetical problem with only three 

equipment items. 

The direct optimization method of Umeda, Hirai and 

Ichikawa (1972) is more difficult to apply than AIDES, but 

it can lead to the optimal system. They combined all the 
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alternative processing schemes into a single integrated 

system. Next, certain interconnecting streams were 

eliminated in favor of others. In addition, certain items 

of equipment may be discarded to achieve the optimal system. 

They solved a process design problem involving reaction and 

component separation steps with recycle. A large number of 

processing streams were embeded in the original flow 

diagram, which contained 32 process streams and 24 equipment 

items. The optimal scheme was achieved after eliminating 10 

streams and 2 heat exchangers. 

Generation of a general flow sheet to include all 

possible processing concepts is a complicated problem. It 

appears that the application of direct optimization 

techniques to process synthesis is restricted to fairly 

small problems and may not offer any great advantages in the 

general synthesis of chemical processes. The process 

options for the ethanol plant are shown in Table 1. Even 

after eliminating the unattractive process options, there 

still remain 12 alternate process sequences as indicated in 

Table 2. If direct optimization technique were to be used 

for determining optimum values of 5 design variables for 

hydrolysis, 2, for fermentation and 2, for separation, 

(12*5*2*2=) 240 cases would have to be considered. The 

approach followed in this work avoided the complication of 

considering 240 design alternatives. The approach was to 
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a) Optimize each battery internally. 

b) Develop a candidate optimal flowsheet based on the 

combination of batteries which gives a minimum 

production cost. 

c) Compare optimal battery and optimal sequence operation 

with totally heat integrated operation. 

The work done so far in the area of synthesis of chemical 

processes deals primarily with - small problems. No 

computational experience with a large size problem has been 

reported. Thus the problem of synthesis of entire chemical 

processes, given the current state of the art, does not have 

a readily available solution. It would be a great help to a 

design engineer, if a simple heuristic were available for 

choosing an optimum design. The object of the work described 

in this thesis is to identify a heuristic method for 

choosing an optimal design, based on the study of an optimal 

multistage chemical process plant, where options for process 

selection exist at each stage. 



CHAPTER III 

CELLULOSE CONVERSION TECHNOLOGY 

Introduction 

In recent years rapidly rising fuel prices, decreasing 

domestic oil and gas reserves, the deficit in the U.S. 

balance of trade and the possibility of political inter

ruption of oil supplies have led to a search for less expen

sive and renewable domestic energy sources like sunlight, 

wind, municipal waste and biomass. The high cost of solar 

collectors used to concentrate the energy required for power 

generation or heating and cooking in homes, makes the use of 

solar energy less practical than the use of conventional en

ergy sources. Wind, being local and intermittent, is not re

liable . 

Through photosynthesis, solar energy is absorbed, con

verted, and stored in the biomass of farm crops, trees, 

brush plants, algae and other vegetation. Crops, trees and 

many other green plants are now produced for various econom

ic reasons, but a large amount of cellulosic wastes is cur-

34 
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rently not utilized. Estimates for such wastes in the 

U.S.alone are of the order of one billion tons per 

year (Benson, 1977). In a world searching for alternate 

sources of energy and chemical feed-stocks, much attention 

has recently been placed on cellulose conversion. 

The various possibilities for economic utilization of 

cellulosics include bioconversion to acetic acid, ethanol, 

acetone, butanol, furfural and other organic chemicals and 

thermochemical conversion to gaseous products like synthesis 

gas or methane or liquid products like fuel oil and metha

nol. The hydrolysis of waste cellulose to sugars and then 

fermentation to ethanol is a promising technology. Chemical 

and microbial utilization of pentoses from hemicellulose and 

the potential for useful chemical and combustible fuel by

products from lignin greatly improve the economic attrac

tiveness of this process. 

Cotton is a major crop in the Texas High Plains. The 

cotton gins in the High Plains produce about one million 

tons of gin waste per year. Since most of this waste is 

generally disposed of by spreading on land or just by 

dumping, cotton gin trash can potentially be profitably 

used for manufacture of ethanol. At Texas Tech University, 

research is currently underway to test, modify and demon

strate ethanol conversion technology 



36 

using cotton gin trash as a raw material. The example of 

such an ethanol plant is ideally suited to demonstrate the 

synthesis approach proposed in this work because the process 

consists of several stages (hydrolysis,fermentation and 

separation) and multiple process options exist at each 

stage. 

.Basics of Ethanol Production 

Ethanol is the product of three sequential processes : 

hydrolysis (or cooking in the case of carbohydrates), fer

mentation and distillation. Hydrolysis converts starches 

and cellulosic materials to fermentable sugars; fermentation 

converts simple sugars by biological action to ethanol and 

carbon dioxide; and distillation concentrates the dilute 

ethanol and separates it from water and the nonfermentable 

material. 

Lignocellulose- the material forming the wopdy cell 

alls of plants- represent the single largest supply of po

lysaccharides produced in the plant kingdom. This same lig

nocellulose can be hydrolyzed to sugars and converted to 

ethanol. Cotton gin trash, like any other woody biomass, 

contains mainly alpha-cellulose, lignin and hemi-cellulose. 

Because of the cell wall and molecular structures, the 
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polysaccharides, and especially the cellulose, of 

lignocellulosic materials are relatively inaccessible to the 

action of hydrolysing agents like acid or enzymes which are 

in the liquid phase. Cotton gin trash is first subjected to 

pretreatment which serves two main purposes. 

1) Size reduction to expose the cellulosic material for 

hydrolysis. 

2) Prehydrolysis of hemicellulose to pentoses, mainly 

xylose, which has to be removed as it interferes with 

the fermentation of glucose. 

The raw gin trash is fed to a hammer mill, ball mill or 

a two-roll mill to reduce the particle size. After remo

val of tramp metal, sand and the like, the milled material 

is sent' to the prehydrolysis section. Lignin may be extrac

ted from the lignocellulose by using suitable solvents but 

the cost is often prohibitive. 

The polysaccharides in the form of cellulose are then 

hydrolysed to glucose, which is the preferred form of sugar 

for fermentation. The hydrolysis may be carried out in the 

presence of dilute sulfuric acid, strong sulfuric or 

hydrochloric acid or cellulase enzyme. 
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Glucose is fermented to ethanol by the action of special 

varieties of yeast. The substrate needs to be sterilized at 

high temperature to eliminate undesirable microorganisms. 

The fermentation may be carried out batchwise or 

continuously. Vacuum fermentation and simultaneous 

saccharification and fermentation (SSF) are two other 

alternatives. 

The separation of ethanol from water is complicated 

because of the formation of a binary azeotrope containing 

89.4 mole % ethanol. Ethanol is easily concentrated to 

about 80 to 85 mol/& by simple distillation in a beer still. 

Vacuum distillation or azeotropic distillation with benzene, 

hexane or gasoline or extractive distillation with 

ethylene glycol has been used for final dehydration. 

Other non-conventional dehydration methods reported in 

the literature include solvent extraction, adsorption or 

absorption. At the University of Pennsylvania, work is being 

done on the use of water-immiscible solvents for alcohol 

such as dibutyl phthalate. Other solvents being investigated 

include dodecanol and dioctyl phthalate. Work is being done 

on binary solvents like 2 ethyl-1 butanol and heptanone at 

Texas Tech University. Carbon dioxide at 50 - 80 atmospheres 

pressure is a critical fluid that can be used to extract 
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ethanol from fermentation broth, after the solids are 

removed. Since carbon dioxide is a co-product of 

fermentation, the cost of solvent is minimal. Molecular 

sieves that have openings large enough for passage of water 

molecules but small enough for ethanol molecules to be 

retained may be effectively used for dehydration. Other 

adsorbants/absorbants being investigated include quick lime, 

cornstarch, and textile fibers. 

Current State of the Art 

The current usage of alcohol fermentation technology is 

represented by three existing plants in the U.S. that con

vert three distinctly different biomass sources. 

1) Archer-Daniels-Midland Company (ADM) in Decatur, Illi

nois, uses corn. 

2) Milbrew, Incorporated, in Juneau, Wisconsin, process

es cheese whey. 

3) Georgia-Pacific Corporation in Bellingham, Washington, 

converts wood sugars in a sulphite pulp mill waste 

stream to alcohol. 

Archer-Daniels-Midland (ADM) Plant 

The ADM plant began operation in mid-1978 at a 

production level of 5 million gallons per year, furnishing 
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ethanol at 192 and 200 proof to beverage and industrial 

users (Hunt, 1981). Fermentation is completed in 12 hours 

by injecting large batches of recycled yeast into the sugar 

solution. Only one distillation column is used to 

concentrate the fermentation beer to about 192 proof for the 

final dehydration stage. Benzene is used as the azeotropic 

agent for dehydration of ethanol. Because some of the 

starting materials are acidic, 316- stainless steel was used 

throughout the facility. During 1979, ADM tripled its 

output of ethanol for gasohol by converting its entire 

beverage alcohol capacity to the production of anhydrous 

alcohol. ADM plans to manufacture 260 million gallons of 

ethanol per year. 

Milbrew Plant 

This is the only plant producing fuel alcohol from 

cheese whey. As of 1978, when it was furnishing 193-proof 

ethanol to Illinois for gasohol, the plant capacity was set 

at 5 million gallons per year,but a facility expansion was 

reported in late 1979. 

Georgia-Pacific Plant 

This plant was built during World War II to produce 

ethanol for synthetic rubber. It is an integral part of a 
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200,000 tons per year sulphite pulp mill. The waste liquor 

from the sulphite process contains 2 to 3.5 % sugar, 65 % of 

..hich is fermentable to alcohol. Yields of 18-22 gallons of 

alcohol per ton of pulp produced can be achieved. Continuous 

fermentation and reuse of the yeast, which is removed from 

the fermentation broth by a centrifugal separator, are 

important features of the process. Another interesting 

feature is the use of diethyl ether as an agent to produce 

anhydrous alcohol. The ether forms a binary azeotrope with 

water rather than the ternary azeotrope usually employed for 

dehydrating ethanol. As a result, less steam and cooling 

ater are required and the equipment is smaller. Production 

in 1978 amounted to 5.5 million gallons per year. 

General Processes for Cellulose Conversion 

Table 1 shows a matrix of various process options avail

able for pretreatment, hydrolysis, fermentation and separa

tion. A summary of recent developments in some of the impor

tant cellulose conversion processes is given below. 

Mild Acid Hydrolysis 

Cellulose is hydrolysed to glucose in the presence of 

dilute acid, according to the reaction 
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The glucose is further decomposed to 5-hydroxymethyl 

2-furfuraldehyde (HMF) and then to levulinic acid and formic 

acid. 

A number of investigators have made valuable 

contributions to the study of the kinetics of cellulose 

hydrolysis. Meiler (1923) and Scholler (1935) studied the 

hydrolysis of a cellulose dextrin and the Scholler process 

of wood hydrolysis was developed on the basis of these 

findings. Luers (1930) did some plant-scale experimental 

work and reported that both hydrolysis of the dextrin in 

dilute acid and the degradation of the resulting sugars are 

unimolecular reactions. He further stated that the speed of 

these reactions was proportional to acid concentration and 

that both reactions were equally affected by temperature but 

no experimental data were reported. 

Saeman (1945) carried out a series of experiments on the 

hydrolysis of hemicellulose-free wood by dilute sulfuric 

acid for more than twenty different types of wood. He used 

temperatures ranging from 170 to 193 deg.C, a four-fold 

change in liquid-solid ratio and a ten-fold change in acid 

concentration. He also studied the decomposition of sugars 

and observed that both hydrolysis and decomposition may be 
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considered as first order reactions. Empirical equations 

for rate constants for both these reactions were determined 

as a function of acid concentration and temperature. Fagan, 

Grethlein, Converse and Porteous (1971) applied Saeman's 

kinetic model to the hydrolysis of kraft paper and deduced 

first order rate constants for glucose formation and 

decomposition reactions as a function of temperature and 

acid concentration, respectively, given by 

r̂  = (28xl0l9) (c)l-78 ^(-45000/RT) ^̂ ^̂  . .(12) 

where C is acid concentration in percent and CA is 

cellulose concentration in weight of residual potential 

sugar/weight of 'slurry. 

r, = (4.9x10^^ (C)°-555 ^(-32000/RT) .̂̂ ^ . .(13) 

where CB is sugar concentration, weight of sugar/weight of 

slurry. 

Based on Saeman's data for wood, Porteous (1967) 

predicted a maximum sugar yield of 55% at 230 deg.C. with 

0.4% acid. Pagan's study (1971) indicated a maximum yield of 

52% at 230 deg. C. with 1.0% acid, and a yield at 0.5% acid 

of 39%. It should be noted that this model is not 

rigorous in that all sugars, including the hemicellulose 

sugars, are treated as a single component, glucose. Xylose 

" \ 
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undergoes a similar acid decomposition to form furfural. 

Saeman found the rate constant for xylose decomposition to 

be greater than that for glucose and so concurrent 

hydrolysis of cellulose and hemicellulose results in a 

relatively low yield of xylose. 

O'Neil et.al.(1979) have done a considerable work at 

Georgia Tech University, on biomass fermentation and have 

designed a process development unit based on Saeman's 

kinetic data. They have also written computer programs for 

design, sizing and costing of the hydrolysis plant using 

both continuous stirred tank reactor and plug flow reactor. 

Lignin was removed by steam explosion of wood. Since both 

hemicellulose and lignin were removed in the pretreatment 

stage, the feed to the hydrolysis section was 

alpha-cellulose alone and the problem of recycle of 

unreacted cellulose became trivial. 

The New York University's continuous hydrolysis process 

uses a twin-screw extruder which conveys, mixes and extrudes 

the material to form a dense slurry. Since the proportion 

of solids in the feed slurry is high, the cost of 

concentrating the hexose solution or separating ethanol is 

considerably reduced. The feedstock is heated to 220 deg. 

C. by live steam injected into the reaction zone and also by 
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indirect steam in the jacket. Near the end of the reactor, 

1% sulfuric acid is injected. The total residence time is 

less than 20 seconds. The resulting hydrolysate, which is 

expelled as a viscous mud contains about 30% glucose. 

In Purdue/Tsao process, cellulosic feedstock is treated 

ith 2% sulfuric acid to remove pentosans, after which the 

solids are dewatered and dried by the application of heat. 

The cellulose is then dissolved in 70-80% sulfuric acid. A 

modification of the cellulose/lignin structure is effected 

by the concentrated acid. Methanol is added to precipitate 

amorphous cellulose and the solids consisting of both 

cellulose and lignin, are separated. Methanol and sulfuric 

acid are recovered and recycled. The solids are then 

hydrolyzed at 125 deg. C. with 2.5% sulfuric acid and the 

residual lignin is removed by filtration. In a modification 

of Purdue/Tsao process, further conversion of unreacted 

cellulose from the first stage is obtained by repeating the 

reaction. 

Enzyme Hydrolysis 

Particular enzyme systems or •cellulases', produced by 

some species of fungi, depolymerize and hydrolyze cellulose 

to lower oligosaccharides and ultimately to glucose 
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(Mandels, 1975). One of the most powerful cellulase 

producers is the fungus Trichoderma viride in the form of 

the mutant QM 9414 developed by Mandels et.al. (1971) at the 

U.S. Army Natick Laboratories. 

The rate and extent of hydrolysis depends on the 

particular substrate and on the pretreatment employed 

(Cowling, 1975), (Millet and Baker, 1975). A number of 

investigators have studied enzyme hydrolysis of 

hemicellulose exhausted cellulose. Fan et. al (1980) 

considered the effect of crystallinity and surface area of 

cellulosic fibers upon enzymatic hydrolysis and the change 

of structural parameters of cellulose during the course of 

hydrolysis. It was concluded that rate of hydrolysis depends 

on the level of crystallinity, but surface area is not a 

major limiting factor. The information concerning structural 

changes was used to determine the mode of action of 

cellulases. 

Mandels et.al (1971) studied the use of adsorbed 

cellulase and found that the adsorbed enzyme is sufficient 

to digest the cellulose with no replenishment of enzyme, 

even though the liquid phase containing the sugar is 

continuously removed. As cellulose is digested, the released 

enzyme is readsorbed on excess or newly added cellulose with 
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retention of activity. Sugars can be separated from the 

enzyme - cellulose complex by simple filtration or 

centrifugation or by retaining the enzyme-cellulose complex 

in a column from which sugar solution is eluted. Adsorbed 

cellulase has been used to produce a syrup containing 5-14% 

glucose continuously from stirred reactors containing 10-20^^ 

cellulose. The optimum conditions for adsorption and 

chemical action were observed to be pH 4.0 - 5.0 and 25-50 

deg.C. 

Mandels (1981) reported that Trichoderma viride grows 

readily in submerged fermentation on inorganic salts and on 

a variety of carbon sources. Maximum specific growth rates 

on glucose are 0.12 to 0.24 per hour under optimum 

conditions of pH 4.0 and 35 deg.C. Cell yields are about 0.4 

to 0.5 gm/gm of glucose and 10 to 15 gm/gm of nitrogen 

consumed. A typical fermentation of cellulose lasts about 

100 hours. Very little enzyme is secreted during the first 

40 to 50 hours of rapid growth, during which about 80 % of 

the cellulose and nitrogen are consumed. The optimum 

conditions for cellulase production are pH 3.0 and 28 

deg.C, somewhat lower than the optimum conditions for 

growth. 
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Saccharification is carried out at pH 4.8 and 50 deg.C. 

in a stirred reactor. The substrate concentration should be 

the maximum that is stirrable, which may vary from less than 

10 % for a swollen substrate to more than 30 % for a 

high-density milled cellulose. The enzyme solution may be 

diluted by whole culture or culture filtrate from the enzyme 

fermentation and should be used at 10 to 12 filter paper 

cellulase units per gm of substrate, i.e. 1 to 2 units per 

ml. for a 10% slurry. If the substrate contains 60% 

hydrolyzable polysaccharides and has received an 

appropriate pretreatment, this should give a 40 to 50 % 

yield of soluble sugars in 24 to 48 hours. 

Wilke (1977) studied enzymatic hydrolysis of substrates 

such as newsprint, wood, wheat straw etc. He reported that 

Trichoderma viride in the absence of glucose, grows slowly 

on solid cellulose (in the range of 0.02 1/hr. specific 

growth rates) and secretes cellulase into the medium. A 

filter paper activity level of 3-4 or about 1 gm protein per 

liter at 45 deg.C. is a good working condition for practical 

hydrolysis operation. For a 5 % suspension of milled 

newsprint containing 61 % alpha- cellulose, 16 % 

hemicellulose and 21 % lignin, approximately 50 % conversion 

of cellulose to sugars occures in 40 hours producing 15 lb 

of sugar per lb of enzyme protein at an activity of 3.5 
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filter paper activity (Wilke and Yang, 1975). In the case 

of newsprint hydrolysis, after about 50 % conversion 

approximately one third of the original enzyme activity 

remains in the liquid phase from which it can be recovered 

by adsorption on fresh solid entering the process. 

Other cellulose hydrolysis processes currently being 

investigated elsewhere include the Arkansas/Gulf process of 

simultaneous saccharification and fermentation (Hunt, 1981). 

Because glucose, formed during saccharification, inhibits 

the reaction, it is removed during the simultaneous 

fermentation. A 25 to 40 % increase in ethanol yield is 

claimed. The Massachusetts Institute of Technology process 

involves simple one step homofermentation of cellulosic 

feedstocks. Thermophillic bacteria are used for 

simultaneous hydrolysis and fermentation of cellulosic 

wastes to a mixture of ethanol, acetic acid and lactic acid. 

The University of Pennsylvania/General Electric process aims 

at total utilization of cellulosic raw materials. An 

integrated process converts alpha-cellulose to ethanol, 

hemicellulose to butanol and lignin to bunker fuel. All 

these processes have some serious uncertainties associated 

with them and the time until commercial readiness is 

predicted to be anywhere between zero to three years. 
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Fermentation 

Fermentation of sugars by yeast to ethanol has been used 

in the wine industry for ages. For economic production of 

ethanol on a commercial scale, it is necessary to both lower 

the cost of fermentation and to increase the ethanol concen

tration so as to reduce the cost of separation of ethanol. 

Current literature on fermentation indicates attempts being 

made in both these directions. The different types of reac

tors being used for fermentation include batch stirred tank 

reactors, continuous stirred tank reactors, tower fermen-

ters, and packed columns. In 1945 studies at the Forest 

Product Laboratories indicated that complete conversion of 

..ood sugars to ethanol requires three days for batch reac

tors (Peterson, Snell and Frazier, 1945). After removing in

hibiting materials from the wood sugars, batch fermentation 

required 30 hours (Harris and Hainy, 1945). Shoda and Aiba 

(1969) showed that batch fermentation of synthetic glucose 

media to alcohol took 22 hours. Much faster reaction times 

. ould be necessary if biomass conversion were to be employed 

on a large scale. Aiba et. al. (1973) concluded that contin

uous reactors are better for alcohol fermentation since the 

continuous rates could be nine times faster than batch rates 

for the production of alcohol. The higher cell 

concentrations that continuous systems attain increases 

productivity over batch systems. 



51 

For a continuous reactor without recycle and with a 

sterile feed, a steady-state cell mass balance shows that 

the growth rate per organism (specific growth rate) equals 

the dilution rate of the system. Increasing the flow rate 

dilutes the cell concentration. At sufficiently high flow 

rates, the dilution rate exceeds the maximum specific growth 

rate of the organisms, thereby washing the culture away. 

Recycle systems increase reactor cell concentrations. 

Margaritis and Wilke (1978) increased cell concentrations up 

to four times with the help of recycle. 

It has been reported that at 25 deg. C, a honey solution 

(25 deg. Brix) could be fermented by yeast to 9.5 % (w/v) 

ethanol within 4 hrs (Steinkraus and Morse, 1966). Use of a 

yeast cream to ferment 25 % w/v sugar solution has also been 

reported and up to 12 % v/v ethanol concentration in 2.5 to 

3 hours at 30 deg. C. has also been reported (Nagodawithana 

et.al., 1974). However, the cell death rate in this process 

was rather high. By lowering the temperature, enriching the 

m edium with vitamins and air, and providing a gradual sugar 

feed, cell multiplication was possible with longer 

fermentation times. One of the major problems that severely 

limits the possibility of applying rapid fermentation is the 

high death rate of cells. Yeast viability near 100% in rapid 

fermentation is required for continuous fermentation to be 
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feasible. It is also desirable that some low-level 

fermentation continuously occur in order to replace those 

cells lost during separation of the products and recycling 
» 

the cells to the fermenter. 

Many studies have reported the use of kinetic models 

describing the behavior of the micro-organisms to optimize 

the design of fermenter. Hinshelwood (1946) proposed a 

linear relation between growth and ethanol concentration for 

Bacteria lactis aerogenes. Holzberg et.al.(1967) studied 

the fermentation of grape juice by a wine yeast and devel

oped a kinetic equation, for the exponential growth phase, 

dP/dt + BP = Aln(N/m) - C . . (14) 

where P is product concentration in gm/100 cc, N is cell m o 7 

concentration, m is the specific growth rate and A, B and C 

are constants. In the stationary phase, the equation, 

dP/dt = B (P - P) . . (15) 

where P is a constant, is applicable. They also studied 

the effect of alcohol concentration on yeast growth and 

found that there was no growth inhibition below an alcohol 

concentration of 2.6gm./100 cc. They reported that the the 

specific growth rate varried as 

(1/N) (dN/dt) = m (1.0 - 0.235(P-2.6)) . . (16) 
max 
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Bazua and Wilke (1977) proposed empirical equations to 

correlate the growth of and ethanol production by ŝ . 

cerevisiae with respect to product concentrations. 

Cysewski et.al.(1976) conducted ethanol fermentation 

studies with ŝ. cerevisiae to determine optimum conditions 

of oxygen tension and feed sugar concentration. Though 

alcohol fermentation was classically thought to be 

anaerobic, it was found that in long term continuous 

culture, maximum ethanol production occured at 0.07 mm Hg 

oxygen tension and 10% glucose feed concentration. The 

experimental work did demonstrate the practicality of 

continuous ethanol fermentation. Under optimal fermentation 

conditions, continuous alcohol production was maintained for 

60 days without any problems of contamination and strain 

degradation. 

An integrated processing scheme was developed for 

manufacture of ethanol and single-cell-protein from 

newsprint. Preliminary design and cost studies were made to 

provide a rough perspective of the economic feasibility of 

this method of cellulose utilization. Wilke and Blanch 

(1978) studied media development and growth factors in 

ethanol fermentation, identified the important growth 

factors and determined the optimum levels of all the medium 
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components in ethanol fermentation. They also studied flash 

fermentation, wherein end-product inhibition was reduced by 

cycling the fermenter beer to a vacuum flash-pot where an 

equilibrium ethanol-water vapor mixture was boiled away. The 

preliminary results showed the feasibility of flash-pot 

operation at normal fermenter operation. 

The possibility of vacuum fermentation being competetive 

is reported by others also (Hunt, 1981, Ramalingham and 

Finn, 1977). However, Ghose and Tyagi (1979) reported that 

while cost figures on vacuum fermentation were not clear, it 

was unrealistic as a possible technology because of very 

high energy requirements for cooling and for pumping out the 

carbon dioxide to the atmosphere. Other important technical 

difficulties such as the need to maintain the oxygen 

requirement and to maintain long term asceptic operation 

under vacuum must be overcome in the industrial application. 

Separation 

Non-conventional ethanol separation techniques 

like solvent extraction with solvents such as dioctyl phtha

late, dibutyl phthalate, adsorption/absorption using quick 

lime, cornstarch, molecular sieves, textile fibers, and salt 

effect distillation are being investigated and are expected 
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to eventually yield energy efficient solutions to the pro

blem. In the immediate future, however more conventional 

techniques like vacuum distillation, azeotropic distilla

tion and extractive distillation are expected to be commer- " 

ciallized. 

The current trend is to reduce the operation costs, 

particularly the energy costs for the conventional 

separation techniques. Several engineering companies are 

offering variations of ethanol manufacturing facilities. 

Raphael Katzen Associates International, Inc. uses a 

pressure cascading technique with two separate distillation 

columns at different pressures so that waste heat from the 

higher pressure step can be used in the lower pressure step 

(Hunt, 1981). Capital cost is also reduced by eliminating 

one of the distillation towers and by innovations such as 

using a common condenser and decanter for two separate 

towers. 

The Vulcan-Cincinnati process uses diethyl ether as an 

extractive solvent. Cascading of distillation towers is 

employed, making the condenser for one tower the reboiler 

for the other. This technique requires balancing 

distillation temperatures by adjusting pressure. 
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Vogelbusch Division-Bohler Brothers of America, Inc. 

offers a thermally integrated plant using continuous 

fermentation with yeast recycle and using cyclohexane or 

gasoline for dehydration. The Chemapec process involves 

enzymatic conversion of grains, continuous fermentation, 

vacuum distillation, energy recovery and coproduct 

utilization. ACR Process Corporation places less emphasis on 

co-products, which are considered to be capital intensive 

and energy consuming. Commercially available gasoline is 

used for dehydration of ethanol. Thus it can be seen that 

different distillation techniques are commercially exploited 

at present. 

Prediction of Vapor Liquid Equilibrium Data 

Vapour-liquid equilibrium (VLE) data form the basis for 

distillation calculations. In the literature, a number of 

methods are proposed for prediction of VLE data based on 

thermodynamic consideration of excess free energy of mixing. 

The original Van Laar (1929) equations were developed for 

binary systems, but a number o-f investigators have extended 

these to ternary systems. Wohl (1946) through his expansion 

of molal excess free energy equations developed van Laar 

type of equations of the second, third and fourth order for 

ternary systems. His second order or two suffix equation for 

log(Gamma) in terms of binary Van Laar Constants is 
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^^2^A,3-*32 I^)> / ('̂ 1̂ 2̂ 177 +==3 17^^' • • ^'^^ 

where 

A^2 = limit logy-, (x^ — > 0, x^ >1) . . (18) 

-> O . . (19) 
Api = limit logY2 ^^2 ^^' ^1 "̂ 

Li and Coull (1948) used a ternary equation of the Van Laar 

type in the form 

T loo-v - "'̂  2 2 -13 ̂  ,,2 -12^3 . 13^2 
T logY^- — bY ^2 "̂  b ^ " by ""s^^bYbrf- "" b^bY- -

^ ) ( X 2 X 3 ) . . (20) 

The Bonham (1941) ternary equations are 
2 

(X2 B^2 "̂  ̂ 3 ^32 ^13^ 
T logY^ = — — ^ ——^ . . (21) 

(̂ X-i A-irt I Xrt I X-5 Pi'^ n J 

Wilson equation (1964) 

Iny^ = -ln(x^+A^2^2^ "̂  ""Z^T^TT^-^ " P^2^^^]-^2 ^ ' * ̂ ^̂ ^ 

and Non-random two liquid (NRTL) equation are also commonly 

used (Andiappan and McLean, 1972). Benedict et.al (1941) 

used a Margules type two suffix equation of the form 

logY"! = ^12^2 •*• ̂ 13^3 ''• ̂ 2^3^^12"^^13"^23^ ' * ̂ ^^^ 
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When experimental data are not available, Chao (1959) 

has proposed equations of the type 

l°eY = A,2 . ^ + ^ . D ( n i - n 2 ) 2 . !| . . (24) 

where n1 and n2 are numbers of carbon atoms in hydrocarbons 

and a,b,c,d,f are constants for predicting binary activity 

coefficients at infinite dilution. Such equations are 

available for other mixtures also. 

Norman (1945) has carried out extensive VLE measurements 

for the system ethanol-water-benzene and correlated the 

results in terms of activity coefficients of the three 

components. He has also given methods for calculating the 

reflux ratio and numbers of plates for an azeotropic ethanol 

dehydration column using stepwise plate by plate calculation 

or a graphical method. 

Colburn and Phillips (1944) conducted experiments on the 

distillation of ethanol-water using trichloroethylene as 

solvent and expressed VLE relationships existing in the 

column in terms of activity coefficients. Chu (1950) has 

collected a wealth of VLE data for several binary and 

ternary systems. Black (1972), (1980), and Black, Golding 

and Ditsler (1972) used computer programs for distillation 

modelling of ethanol recovery and dehydration processes for 
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ethanol and gasohol and pointed out that the advantage of 

the azeotropic process is that it can produce either ethanol 

or gasohol, whereas the extractive process is limited to 

gasohol manufacture. They concluded that the best 

conventional distillation process requires an operating 

costs of about 35% of the heating value of the ethanol, 

produced from 2.6% aqueous feeds and the development of a 

nonthermal conversion process with low- heat requirements 

makes the production of ethanol from biomass an attractive 

venture. 

Two suffix Margules type equations proposed by Benedict 

et.al. (1942) were selected in this work to predict 

binary/ternary vapor liquid equilibrium based on binary 

activity coefficients at infinite dilution. For azeotropic 

and extractive distillation, the data reported by Norman 

(1945) and by Black (1972) were used. For binary 

distillation, the data reported by Chu (1950) were used. 

This brief review of literature reflects the work being 

done in the various areas related to the manufacture of 

ethanol from cellulose. Based on the published information, 

an attempt is made to do preliminary design and cost 

modelling for commercial plants for manufacture of fuel 

grade alcohol, as described in the next chapter. 



CHAPTER IV 

DESIGN AND SIMULATION OF PROCESS MODULES 

Dilute Acid Hydrolysis 

Process Description 

As shown in the process flowsheet (Figures 8A and 8B) 

pentosan exhasted lignocellulose is fed to a tank where it 

is mixed with water to form a slurry. The slurry is heated 

to reaction temperature in a stirred tank equipped with a 

steam sparger. A continuous stirred tank reactor is used for 

hydrolysis of the lignocellulose in the presence of sulfuric 

acid. The product is flashed to recover heat in the form of 

steam. The unreacted cellulose and lignin are filtered out. 

The same sequence of operation may be repeated for addition

al stages of reaction. 

The filtrate is neutralized with lime in a neutralizer 

and calcium sulfate is removed by centrifuging. The result

ing hexose solution is concentrated to the required level in 

a triple effect evaporator. 

60 
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Figure 8A: Process Flowsheet for Dilute Acid Hydrolysi; 
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The nominal hydrolysis conditions are reaction 

temperature of 220 degree C , 1.5% acid, 20% solids in feed 

slurry. A 2 stage hydrolysis process with reaction time of 

2.28 minutes for the first stage and 3.42 minutes for the 

second stage gives a total cellulose conversion of 90.0% and 

a total yield of 73.2%. The concentration of hexose solution 

after evaporation is 10 %. 

Basis for Computational Model 

Alpha-cellulose, in the presence of sulfuric acid con

centrations • below 3% and temperatures above 150 deg. C , hy-

drolyse to form sugars following the following reaction 

k. 

^^e^lO^S^n ^ ^ ^ 2 ^ 
1 
> n CgH^2^6 . . (25) 

Under these conditions some of the sugars may decompose to 

form humic substances of indefinite composition. Hexoses 

yield hydroxymethyl furfuraldehyde which, on continued heat

ing, gives levulinic acid and formic acid 

(C^HTOO^) —^Decomposition Products 
D I ^ D TT + 

. . (26) 

Saeman (1945) conducted an extensive study of hydrolysis 

of prehydrolyzed Douglas fir and reported that both the 

above reactions may be considered to be first order and that 

the rate constants k̂  and k« are given by 
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k̂  = (1.73x10^9) ^0)^-3^ e^-^^OOO/RT) . . (̂ 7) 

.2= (1.86xl0lS (,)1.02^(-32700/RT) ^^^^ 

where C is acid concentration (%), and T is absolute 

temperature in deg. Kelvin. 

For the two consecutive first order reactions 

cellulose > sugars > decomposition products 

or 

A — > B > C . . (29) 

we may write 

dC^/'dt = -k^C^ - . . (30) 

where C, = C. at t = 0 
A Ao (-k t) 

Therefore, C^ = C^^® ^ . . (31) 

dCg/dt = k^C^ - k2Cg . . (32) 

Substituting C^ = C^^ exp(-k^t) 

dCg/dt + k2Cg = k^C^^exp(-k^t) . . (33) 

we have Cg = Cg at t = 0, therefore. 

In our case there is no sugar in feed, so Cg = 0 and, 

Î'̂ Ao , -kit ^'^9^\ r-c:̂  
S = (k2-k^)^^ 1 - e 2 ) . . (,5) 

For maximum concentration of sugar we require 
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dCg/dt = 0 . . (36) 

ln(k2/k,) 
This gives t = -^ . . (37) 

"̂ ^̂  (k2-k^) 

The design of dilute acid hydrolysis module is based on 

the above model. The independent design variables are 

1) Feed flow rate 

2) Slurry concentration 

3) Acid concentration 

4) Reaction temperature 

5) Desired hexose concentration in final product 

6) Reaction time ( though t(max) in the above model gives 

time for maximum concentration of sugars, this need 

not be an optimum value. Hence, time is taken as an 

independent variable.) 

7) Recycle (repeated reactions) 

The first five variables listed above are specified in 

the program as input data. The program is designed to 

calculate t(max) (the time for producing the maximum 

concentration of sugars). Also, the program does the design, 

sizing and costing of the equipment and utilities and 

calculates the total production cost of hexose. 
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The program uses different values for reaction time, 

equal to pre-set fractions of t(max), and repeats the whole 

calculation. Thus, the effect of the first six design 

variables on the production cost of hexose can be studied 

and optimum values may be determined. 

There is a provision in the program to account for 

recycle - i.e. repeated reactions. This is done by 

separating unreacted cellulose and lignin, heating them in a 

slurry to reaction temperature, and repeating the reaction. 

The program is flexible enough to delete or accomodate any 

number of recycles. It has been found after a few trial 

runs, that 2 stages (1 recycle) of hydrolysis give the 

lowest cost of hexose. The reaction time for the second 

stage is assumed to be 1.5 times the reaction time for the 

first stage to account for increased lignin in the feed. 

Design Calculations with the Model 

The sequence of steps in the design calculations for the 

dilute acid hydrolysis module are calculation of 

1 ) The reaction constants k-t and kp 

2) Yield 

3) Conversion 

4) Flow rate and composition of products 

5) Evaporator duties 
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6) Consumption of raw materials and utilities. 

7) Total cost of production 

The total cost of production is divided into cost of 

feed, acid, and lime, and capital costs for the heating 

section, reactor, evaporation section and other 

miscellaneous equipment. The basis for the costing is given 

below. 

1) Cost of lignocellulose feed (alpha-cellulose and 

lignin) - $15/ton or 0.0075 $/lb. 

2) Cost of sulfuric acid - $70/ton and cost of lime 

-$35/ton 

Cost of acid and equivalent lime _ $0.0045/lb acid 

3) Cost of heat - $2.5/(1,000,000) Btu 

Cost of process water - 15 Cents/1000 Gal. 

Cost of cooling water - 5 Cents/1000 Gal. 

4) Fixed costs: 

a) Modular factor - total installed cost/ equipment 

cost = 4.0 

b) Stream factor = 0.916 i.e. (330 days/yr.) ( 24 

hrs./day) 

c) Annual fixed cost factor = 0.27 

depreciation = 0.1 (10 yr-st.line method) 

interest = 0.12 

maintenance = 0.05 

total = 0.27 
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d) Costrsize index = 0.6 

5) Cost of heating feed to reaction temperature 

Basis: Cost of a mixing tank and a heating tank with 

spargers and mixers suitable for 5175 Ib/hr 

feed solids in 20 % slurry - $ 28500 

Fixed cost factor - SHTF = 0.00075 $/lb. 

Operating cost factor - SHTO = 0.001054 $/lb 

Total cost of heating = (SHTF+SHTO) (solids in feed 

for each stage) 

6)Cost of Evaporation : 

Basis : $ 205,000 for a triple effect evaporator with 

a duty of 15000 Ib.evaporation/hr. 

Fixed cost factor - SEF = 0.001864 $/lb. 

Operating cost factor - SEO = 0.000875 

Evaporation cost = (SEF+SEO) (Evaporator Duty) 

7)Cost of pretreatment : 

Basis: 3 cents/lb.Hexose 

Take 30% of the above cost assuming remaining 

70% to be recovered through credit for 

pentose. Allow for 90% conversion of cellulose 

and 54% cellulose in lignocellulose. 

Cost of pretreatment = 0.00394 $/lb. lignocellulose 

8)Cost of reactor : 

Basis : $32000 for a reactor of volume = 34 cu.ft. 

SR = 0.12834 $/hr./cu.ft 

Cost of reactor = (SR) (volume of reactor) 
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9)Cost of pumps and other miscellaneous items is 

obtained from estimated costs for 3000 gpd plant 

and plant size: cost index of 0.6 

Basis: $ 270,700 for miscellaneous equipment and labor 

cost of $ 10 per hour. 

... -,, n *. ^oo /Solids in FeedvO.6^,^ ^ 
Miscellaneous Cost = (S5) ( RTTS ^ +10.0 

where S5 = 0.007133 

Results of Design and Optimization Studies 

Table 3 shows the effect of reaction temperature and re

action time on hexose cost for a two stage dilute acid hy

drolysis process with 1,5% acid concentration and 20% solids 

in the feed slurry. Figure 9 shows a plot of cost of hexose 

as a function of reaction temperature. Figure 10 shows the 

degree of conversion of cellulose and yield of glucose as a 

function of reaction time at 220 deg. C. As seen in Figure 

9, as the reaction temperature increases, the cost of hexose 

decreases because of improved yield and lower reactor volume 

due to higher reaction rate. The activation energy for hy

drolysis of cellulose is 42900 calories and that for decom

position of sugars is 32700 calories (Saeman, 1945). Thus, 

higher temperatures favor hydrolysis of cellulose (i.e. a 

reaction with higher energy of activation) and increase 
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Effect of Reaction Temperature and Reaction Time on 

Hexose Cost 

Basis: 2 Stage Process, 20% Solids in Slurry, 

1.5% Acid, 10 % Hexose in Product 

Reaction 
Temp. 
Deg. C. 

190 
190 
190 

200 
200 
200 

210 
210 
210 

220 
220 
220 

Reaction 
Time 

34.8 
31.3 
28.2 

14.06 
12.66 
11.39 

5.87 
5.28 
4.76 

2.53 
2.28 
2.05 

Conversion 
% 

84.1 
80.9 
77.5 

87.4 
84.5 
81.3 

90.1 
87.5 
84.6 

92.2 
90.0 
87.4 

Yield 
% 

62.2 
65.4 
68.4 

65.1 
68.2 
71.1 

67.8 
70.8 
73.5 

70.4 
73.2 
75.2 

Cost of 
Hexose 
cents/lb. 

13.35 
13.24 
13.28 

11.90 
11.80 
11.84 

10.82 
10.73 
10..76 

10.00 
9.91 
9.93 
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the yield of hexose. Temperatures above 220 deg. C would 

reduce cost of hexose even further but the reaction time 

would be very small. Because of the non-idealities of an 

actual continuous stirred tank reactor and the time required 

for mixing acid and feed slurry in a large reactor, reaction 

times less than 2 minutes do not seem to have much practical 

significance. So it is concluded that a reaction temperature 

of 220 deg. C. with reaction time of 2.28 minutes for the 

first stage and 3.42 minutes for the second stage which give 

90.0% conversion and 73.2% yield in a 2 stage process is 

optimum for dilute acid hydrolysis. 

Figure 11 shows the effect of acid concentration on 

hexose cost and it appears that acid concentration of 1.5 % 

is optimum for hydrolysis at 220 deg. C. The optimum acid 

concentration is a result of a cost balance between 

increasing acid cost and favorable conversion. Virgin 

sulfuric acid is sold around $75/ton but acid from smelters 

is available for about $ 20/ton. 

The combined impact of acid concentration and acid cost 

on hexose cost was also studied. The results shown in Figure 

12 suggest that an acid concentration of 1.5% is optimum for 

virgin acid and 2% concentration is better for smelter acid. 

Such a result is expected because at a low price of acid. 
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the incremental spending on a higher acid concentration is 

more than offset by the saving obtained due to a favorable 

conversion. 

It is reasonable that a higher slurry concentration 

ould reduce the cost of glucose because a higher 

concentration of product would result in reduced cost of 

evaporation and distillation. Secondly, the cost of the 

reactor would decrease due to a higher reaction rate. This 

is confirmed by Figure 13 which shows a plot of hexose cost 

as a function of percentage of solids in feed slurry. Since 

a higher slurry concentration reduces the hexose cost, it is 

desirable to use as high a slurry concentration as possible, 

subject to practical considerations like handling and 

pumping the slurry. In laboatory studies, it has been found 

that the upper limit for a pumpable slurry is about 20-25% 

by weight cotton gin residue. 

Free Enzyme Hydrolysis 

Process Description 

As shown in the process flowsheet (Figure 14), lignocel

lulose is fed into a miximg tank where it is diluted by 

.ater to form a slurry. Cellulase enzyme is produced 
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separately from Trichoderma viride using cellulose as a 

substrate. Enzyme hydrolysis is carried out in a 

countercurrent battery of continuous stirred tank reactors 

to ensure greater utilization of free enzyme in the 

hydrolysis reaction. The unreacted cellulose and lignin are 

removed by filtration and the filtrate is sent to a triple 

effect evaporator for concentrating the hexose solution to 

the desired level. 

The nominal plant conditions are a reaction temperation 

of 45 deg. C , 20% solids in the feed slurry with a reaction 

time of 48 hours, and conversion of 40% with a 100% yield. 

Other conditions are a 60% recovery of enzyme and 10% hexose 

in the product after evaporation. 

Basis for Computational Model 

The independent design variables for the enzyme hydoly-

sis module are 

1) Feed flow rate 

2) Slurry concentration 

3) Reaction time 

4) Desired hexose concentration in final product. 

For this base case, the conversion is taken at 40% for a 

reaction time of 48 hours. The yield is taken at 100% since 
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there are no side products, and because of the selectivity 

of the enzymes. For reaction time less than 48 hours, the 

conversion is expressed as a function of reaction time, 

based on data published by Wilke (1976). For reaction times 

less than 36 hours 

Conversion (%) = 17.5+0.3125(tau-24)(40/25) 

For reaction time more than 36 hours 

. . (38) 

Conversion = 17.5+0.3125(tau-24)(40/25)+0.5(tau-36) . . (39) 

where tau is reaction time in hours. 

In view of experimental data reported by Mandels (1981), the 

maximum conversion is limited to 40%. 

Slurry concentration affects the production cost through 

its effect on the reaction rate and the evaporation duty. 

The higher the slurry concentration the lower the production 

cost, as in the case of dilute acid hydrolysis. The slurry 

concentration is limited to 20%, based on practical 

considerations, as an independent design variable to be 

supplied as input data. The effect of slurry concentration 

is considered only on the evaporation duty and not on 

reaction rate due to the lack of suitable design data. 

Enzyme concentration is another important design 

variable, since the cost of enzyme is as high as 30 % to 40 

% of the production cost of hexose. However, few 
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experimental data have been measured for the effect of 

enzyme concentration on conversion and rate of hydrolysis. 

Design Calculations with the Model 

The sequence of steps in the design calculations for the 

enzyme hydrolysis module include the calculation of 

1) Conversion 

2) Flow rate and composition of product 

3) Evaporator duty 

4) Reactor volume 

5) Consumption of raw material and utilities 

6) Total cost of production 

The basic methodology for costing in the enzyme hydroly

sis module is same as that for the dilute acid hydrolysis 

module. The individual cost factors supplied as input data 

are 

1) Cost of lignocellulose -

2) Cost of water 

3) Cost of pretreatment 

4) Evaporation - fixed 

operating 

5) Credit for lignin 

SCI = 0.0075 $/lb 

SW = 0.000182 $/lb, 

SPR = 0.00394 $/lb 

SEF = 0.000426 $/lb 

SEO = 0.000875 $/lb 

SL =0.0 $/lb 

6) Cost of reactor -

basis :$ 22,000 for a 3075 cu.ft. reactor 
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SR = 0.000976 $/cu.ft./hr. 

7) Cost of enzyme : 

$1.5/lb enzyme protein with enzyme concentration of 

0.6% of feed solids and enzyme recovery of 60%. 

Results of Design and Optimization Studies 

Whereas there is a relatively limited scope for improve

ments and the resulting cost reduction for dilute acid hy

drolysis processing, enzyme hydrolysis is a developing tech

nology that has great future prospects. The current research 

in enzyme hydrolysis is concentrated on reduction of the 

cost of enzyme production, retention recovery of enzyme 

activity using immobilization or other techniques, and in

creasing conversion due to more effective enzymes and pre-

treatments. 

Figure 15 shows the effect of enzyme cost on hexose 

cost, while Figure 16 shows the effect of enzyme recovery on 

hexose cost. Effect of level of conversion on hexose cost is 

shown in Figure 17. It appears from Figure 17 that for a 

3000 g.p.d. plant, it is cheaper to use enzyme hydrolysis 

than mild acid hydrolysis if a conversion of at least 65% 

could be achieved. 
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Cost of Enzyme, $/lb. 

Figure 15: Effect of Enzyme Cost 

on Hexose Cost 
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Enzyme Recovery, % 

Figure 16: Effect of Enzyme Recovery 

on Hexose Cost 
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Conversion, % 

Figure 17: Effect of Conversion of 
Cellulose on Hexose Cost 
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Continuous Fermentation 

Process Description 

As shown in the process flowsheet (Figure 18), the hex

ose solution produced by enzyme hydrolysis is sterilized by 

heating to 115 deg. C and holding it for 15 minutes at that 

temperature. The feed is heated in a preheater and then 

heated to 115 deg. C direct steam injection in a steri

lization tank. Hexose produced by mild acid hydrolysis has 

already been subjected to elevated temperature and it does 

not need sterilization. 

The feed is cooled to 30 deg. C and fed to a continuous 

stirred tank fermenter where yeast and nutrient chemicals 

are added. The product is centrifuged to remove yeast 

sludge and the solution containing ethanol, unreacted hex

ose, hexose decomposition products, water and miscellaneous 

chemicals is sent to the the separation section for the re

covery of ethanol. 

The nominal plant conditions are 10% hexose in feed, re

action time of 5.88 hours, 35 deg. C. At these conditions 

0.455 Ib.ethanol/lb.of sugar, 0.09 lb.yeast/lb.sugar, 0.01 

lb.residual sugar/lb.sugar in feed are produced. 
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Figure 18: Process Flowsheet for Continuous Fermentation 
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Basis for Computational Model 

The design of continuous fermentation module is based on 

data published by Cysewski et.al (1976). The independent de

sign variables are 

1) Feed flow rate 

2) Hexose concentration in feed 

3) Reaction time 

The cost of hexose, obtained from the hydrolysis module is 

another variable that is supplied as input data. The base 

case design is 

1) Sugar concentration - 10 % fermentable sugar (13.6 % 

total sugar for mild acid hydrolysis) 

2) Dilution rate = 0.17 hr" 

3) Temperature = 35 deg. C. 

4) Ethanol yield factor, Y(P/S) = 0.455 

5) Cell yield factor Y(X/C) = 0.09 

6) Level of conversion r 99 % 

The nutrient concentration is another variable but due to 

the lack of enough design data, the nutrient level is as

sumed to be same as that used in the Wilke data. 

Design Calculations with the Model 

The sequence of steps in the design calculations for the 

continuous fermentation module are calculation of 

1) Dilution rate 
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2) A correction factor that accounts for the effect of 

hexose concentration in the feed. 

3) Fermenter productivity gm/lit./hr. 

4) Fermenter volume 

5) Product flow rates and concentration 

6) Total production cost of ethanol. 

,The data reported by Cysewsky et.al.(1976) for prediction of 

fermenter productivity, dilution rate and effect of hexose 

concentration in feed are in the form of graphs. The 

quadratic equations used to curve-fit fit these graphs are 

Factor = 0.206-1.275(HCONF-0.8)-l0.1(HCONF-0.8)^ . .(40) 

Dilution Rate = 0.37+0.587(.039"HCONP)-346(.039-HCONP)^. 

. .(41) 

^^^ " (Dilution Rate) (Factor/.2012) • -^^2) 

where HCONF and HCONP are hexose concentrations in feed and 

product. 

The basis for costing is the same as in other modules. 

The individual cost factors supplied as input data are : 

1) Cost of sterilization system including preheaters, 

sterilizer etc. 

Basis: $27000 for a sterilization system suitable for 3000 

gpd plant 

Fixed cost factor - SSTF = 0.00205 

Operating cost factor - SSTO = 0.000625 
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0.14 mh. 
COSST = SSTF (^^^5^__^)Q-^(1800) 

where mh^ is mass flow rate of hexose (Ib./hr.) 

and HCONF is the concentration of hexose in feed. 

2)Cost of hexose - SH - $/lb.hexose 

This figure is obtained from the hydrolysis module 

3)Cost of chemicals =(SCH) (feed flow rate) $/hr. 

SCH = 0.0014 $/lb.feed 

4)Cost of cooling water - CW = 0.0000182 $/lb 

5)Cost of reactor -

Basis: $108,000 for a 2650 cu.ft fermenter 

SR =0.0056 $/cu. ft./hr. 

Cost of fermenter = (SR)(Volume of fermenter) 

6)Credit for byproduct yeast = 0.15 $/lb. 

Results of Design and Optimization Studies 

The important design variables interconnecting the indi

vidual process modules are the intermediate hexose concen

tration after evaporation and concentration of ethanol after 

the beer still. The optimum hexose concentration has to 

strike a balance between evaporation cost on one hand and 

higher fermentation and/or distillation cost on the other. 

Cost of hexose is calculated for various hexose 

concentrations and its impact is carried through 
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fermentation and beer still calculations. At a common basis 

of 82% ethanol, the cost of ethanol for various hexose 

concentrations is compared to determine optimum hexose 

concentration in Figures 19-22. 

Figures 19 and 20 show the effect on hexose cost of the 

intermediate hexose concentration for dilute acid hydrolysis 

and enzyme hydrolysis respectively. The hexose cost 

increases with increasing hexose concentration and the 

impact is much more prominent at lower concentrations. This 

may be explained with the help of the fact that more water 

has to be evaporated to concentrate the hexose solution from 

6 % to 8 % than that required for concentrating it from 16 % 

to 18 %. 

Figures 21 and 22 show the cost of ethanol (82 mol%) 

after the beer still as a function of intermediate hexose 

concentration for dilute acid and enzyme hydrolysis, 

respectively. It appears that these curves have a flat 

optimum around 10% to 12% intermediate hexose concentration. 

A fraction of the evaporation cost required to reach higher 

concentration is offset partly by lower cost of chemicals 

and partly by lower reactor cost due to higher reaction 

rates. Hence, initially the cost of ethanol decreases as 
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Figure 19: Effect of Hexose Concentration 

after Evaporation on Hexose Cost for Dilute 

Acid Hydrolysis 
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Figure 20: Effect of Hexose Concentration on 
Hexose Cost for Free Enzyme Hydrolysis 
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hexose concentration increases, but after a certain hexose 

concentration, the fermenter productivity drops rapidly and 

ethanol cost starts increasing. Intermediate hexose 

concentration determines the ethanol concentration after 

fermentation and thus affects the concentration cost through 

its impact on optimum reflux ratio for the beer still. 

Batch Fermentation 

The basic equipment and process flowsheet for batch fer

mentation is same as that for continuous fermentation except 

that the fermentation is carried out in batches of 12 hours. 

The nominal plant conditions are batch time of 12 hours, 35 

deg. C , 12% hexose in feed, 0.4 lb. ethanol/lb. sugar, 0.4 

lb. carbon dioxide/lb.sugar, 0.1 lb.yeast/lb. sugar and 0.1 

lb. unreacted sugar/lb. sugar in feed. The basis for costing 

and cost factors to be supplied are same as that for contin

uous fermentation. 

Separation Module 

Process Description 

The separation of ethanol is carried out in two stages. 

The first stage consists of initial concentration in a beer 

still where binary distillation at atmospheric or elevated 
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pressures concentrates ethanol to near-azeotropic 

composition. The final dehydration is carried out either by 

azeotropic or extractive or vacuum distillation. 

The filtered fermenter broth contains 1 to 3% ethanol, 

some unreacted hexose and, in case of dilute acid 

hydrolysis, the hexose decomposition products. This feed to 

the separation section is heated to about 85 deg. C. in a 

preheater or a series of heat exchangers in the heat 

recovery network and is fed to the beer still. The 

distillate contains about 75 to 89% ethanol, the remaining 

being water. The bottoms contain mainly water, unreacted 

hexose, other impurities and hexose decomposition products 

in the case of dilute acid hydrolysis. 

Azeotropic distillation with benzene. hexane, 

cyclohexane, or other suitable solvent may be used for final 

dehydration (Figure 23). In the case of benzene or hexane, 

a low boiling ternary azeotrope separates at the top of the 

column and pure ethanol is the bottom product. The 

distillate separates into two layers in a settling tank. The 

organic layer is returned to the azeotropic column as 

reflux. The distillate containing the ternary mixture is 

returned to the settling tank. The bottom product from the 

stripper contains mainly water. Live steam is used in the 

stripper to eliminate the reboiler. 



• 3 

/•S -.j^: 

J 

im .VV*, 
i***?^ 

"Si * 

^ -

<? 

• 

•* 

^ 

o' 
o 

d 
W3 

3, ^ 

a* 
£ 

I. 
L "- , 

*•• 

5 

• N O 

O . Mt ̂  > 

'̂ =*'̂ :fc4it 

2 

3 

98 

Figure 23: Process Flowsheet for Azeotropic Distillation 
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In case of extractive distillation, ethylene glycol is 

used as a solvent (Figure 24). The third component increases 

the relative volatility between ethanol and water. Pure 

ethanol separates as distillate and the bottoms contain a 

mixture of solvent and water which is fed to the stripper. 

The solvent is recovered as the bottom product of the 

stripper and is fed at the top of extractive column. Water 

is removed as a distillate from the stripper. 

In vacuum distillation, the pressure at the top of the 

distillation column is maintained below 70 mm Hg (Figure 

25). The azeotrope between ethanol and water breaks at this 

reduced pressure. Ethanol is separated at the top and water 

is removed as bottoms. 

Basis for Computational Model 

The basic design methodology for the beer still, azeo

tropic distillation, extractive distillation and vacuum dis

tillation is the same. All these modules are based on the 

McCabe-Thiele method of tray by tray calculation. The inde

pendent design variables are 

1) Flow rate, composition and temperature of feed 

2) Composition and temperature of bottoms 

3) Composition of distillate 

4) Reflux ratio and/or solvent to feed ratio 
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5) Temperature and composition of solvent 

6) Pressure in the reboiler 

7) Pressure drop per plate 

8) Choice of solvent 

Apart from these variables, the input data to be supplied to 

the program include 

1) Molecular weight and specific heat of the solvent 

2) Antoine constants for predicting vapor pressure 

3) Activity coefficients for predicting the binary or 

ternary vapor liquid equilibrium (VLE) data 

4) Vapor fraction of feed 

5) Average molecular weight, surface tension and specific 

gravity of distillate 

6) Overall tray efficiencies for the rectifying and 

stripping sections 

7) Approximate tower diameter ( if approximate tower 

diameter is not known, any figure would do. This value 

is required only to start the trial and error 

calculation. If a realistic value is supplied as input 

data, this would reduce the number of trials.) 

Design Calculations with the Model 

The main steps in the design of distillation module are 

outlined below. 
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1) Material and enthalpy balance:- A complete material 

balance is done and following variables are 

computed 

(a) Flow rates of bottoms, distillate and reflux 

(b) Liquid and vapor flow rates at the top of the 

tower 

(c) Liquid and vapor flow rate at the bottom of the 

tower and bottom reflux ratio 

(d) Reboiler duty 

(e) Condenser duty and flow-rate of cooling water 

2) VLE data - A subroutine is used to predict the VLE 

data i.e. to predict the composition of vapor phase 

in equilibrium with liquid phase of given 

composition. The main steps involve the following: 

(a) Vapor pressure of ethanol and solvents as a 

function of temperature is given by Antoine 

equation 

log P = A - _B_ 
T 

. . (43) 

where T is absolute temperature. 

The vapor pressure of water is correlated by 

the equation 

log P = A - B - C log T . . (44) 
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(b) For the binary system, the Margules equations 

are used to predict activity coefficients over 

the entire composition range using activity 

coefficients at infinite dilution. 

logY^ = x^ logY^2 • • (̂ 5) 

logY2 " "̂1 1^2^21 • • (̂ 6) 

For ternary systems, the modified Margules 

equation is used 

logY, = AT2X2+A,3X2+X2X3(A^2+'^13-A23) • • ('̂ 7) 

(c) The partial pressure of component i is 

calculated from the equation 

PPi = (Y^) (x^) (P^) . . (48) 

(d) The mole fraction in vapor phase is calculated 

from the equation 

PP. 
y i = - p - ^ . . (49) 

^t 

The vapor pressure P., required in step (c) may 

be obtained using the Antoine equation (step 

(a)) if the temperature were known. However, 

since the temperature is not known, the vapor 

pressure is determined by the followong trial 

and error method. 
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(i) Assume a temperature equal to that of 

earlier (lower) tray, 

(ii) Calculate the vapor pressure of all 

components as in step (a) 

(iii) Calculate activity coefficients as in 

step (b) 

(iv) Calculate partial pressures as in step 

(c) 

(v) Calculate mole fractions in vapor phase 

as in step (d) 

(vi) If the sum of Y. = 1.0, the assumed 
1 ' 

temperature is correct. Otherwise 

another value of temperature is 

selected using a suitable search 

technique that forces the search to 

converge in a relatively few trials. 

3) The McCabe-Thiele method is used to determine the 

total number of trays and the location of the feed 

plate. The calculation is started at the bottom of 

the tower as shown below. 

(a) From the composition of liquid leaving the first 

(bottom) tray, determine the composition of vapor 

leaving the first tray using VLE subroutine. 

(b) Determine the equation of stripping section operating 

line from material balance. The curvature of the 
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operating line due to changing liquid and vapor flow 

rates is accounted for, using enthalpy balance. 

(c) Repeat steps (a) and (b) until reaching the feed 

plate. 

(d) After the feed plate, repeat steps (a) and (b) until 

reaching the distillate concentration. Above the feed 

plate, the equation of operating line for the 

rectifying section is used instead of that for 

stripping section. 

4) Calculation for tower size includes computation of 

(a) Gas and liquid flow rates and densities 

(b) Tray spacing 

(c) Flooding velocity 

(d) Design velocity 

(e) Tower height and diameter (a trial and error 

method is used for this calculaton which' 

terminates when the calculated tower diameter 

is same as the assumed one). 

(5) The methodology of cost estimation for distillation 

modules is the same as before. The cost of the 

distillation tower and trays is calculated from 

using cost data 'published by Hall et.al (1982). 

These data are available in the form of graphs. 

These graphs are fitted by linear or quadratic 

equations as appropriate. For simplicity and high 



107 

accuracy, the range is split into smaller intervals 

and separate equations are used for each interval, 

whenever required. 

(6) The same basic program works for all distillation 

modules. The binary VLE subroutine is used for the 

beer still and vacuum distillation. Reboiler 

pressure and pressure drop/plate differentiate 

between the beer still and vacuum distillation. 

The ternary VLE subroutine is used for azeotropic 

and extractive distillation. The program can be 

used for any other solvent if activity coefficients 

for the ternary system and azeotropic composition 

are supplied in the input data. 

Results of Design and Optimization Studies 

In the alcohol industry, the beer still is conventionally 

used to concentrate the fermented mash, after filtration, to 

alcohol concentrations around 50%. In some recent commercial 

gasohol plants, capital cost is reduced by eliminating one 

distillation column (Hunt, 1981). Thus, instead of concen

trating alcohol in three stages, say from 3% to 50% to 82% 

to 99.5%, it is concentrated in two stages, from 3% to 82% 

to 99.5%. 
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Our calculations indicate that it is cheaper to use only 

two stages. As mentioned earlier, the intermediate ethanol 

concentration could have a bearing on the cost of separation 

of ethanol. The optimum intermediate concentration is a 

result of a balance of saving in the beer still stage due to 

lower concentration against the additional processing cost 

in the dehydration stage. Addition of a third component 

improves the relative volatility between water and ethanol 

but the processing cost also increases due to increased flow 

rates and the solvent recovery. In the case of vacuum 

distillation, the penalty for the improved volatility at 
» 

reduced pressure comes in the form of larger tower diameters 

and the the cost of maintaining vacuum. 

Intermediate ethanol concentration affects separation 

cost through its impact on the optimum reflux ratio also. 

Figures 26 and 27 show the optimum reflux ratio as a 

function of intermediate ethanol concentration for the beer 

still and for an extractive column, respectively. 

It may be mentioned here that the optimum values for the 

intermediate hexose and ethanol concentration, as well as 

the reflux ratios, would depend on the size of the plant. 

The first two are the result of a balance between 

hydrolysis, evaporation, fermentation and separation costs. 
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These cost would change with the size of the plant in 

defferent proportions e.g. for a larger plant it may be 

economical to use an evaporator with more efficiency that 

gives better steam economy. The net effect of all these 

factors would determine the optimum values of these 

variables in each case. The several separation options are 

compared on the basis of concentration costs in Table 4. 

Sensitivity of Ethanol Cost 

The sensitivity of the cost of ethanol to the processing 

costs for the individual modules was studied keeping all but 

one of the modules at their optimum values. The objective 

was to see the impact of cost reduction that may be obtained 

by improvements in the individual processes. Table 5 shows 

the result of the study. A cost change in the initial stages 

is carried through the later stages also and hence it has a 

greater impact on the final cost of ethanol as compared to 

the impact of a cost change in the later stages. 



112 

TABLE 4 

Comparison 

Column 

Beer 

Still 

Azeotropic 

Distillation 

Extractive 

Distillation 

Vacuum 

Distillation 

Plant 
Size 
GPD 

3000 

30000 

3000 

30000 

3000 

30000 

3000 

30000 

of Separation Processes 

Reflux 
Ratio 

5.0 

3.5 

4.0 

4.0 

3.4 

3.4 

5.0 

4.0 

Number 
of 
Trays 

32 

34 

70 

70 

58 

58 

63 

74 

1 

Cost of 
Separation 
Cents/Gallon 

20.43 

7.74 

27.42 

8.43 

27.50 

7.1^ 

24.34 

12.61 
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TABLE 5 

Sensitivity of Ethanol Cost 

% Change in Processing Cost for the modul 

Dilute Acid 
Hvdrolvsis 

•/- 20.0% 

•/- 50.0% 

Continuous 
Fermenta
tion 

•/- 20.0% 

•/- 50.0% 

Beer 
Still 

Extractive 
Distillatiorl 

%Change in 

Ethanol Cost 

-»•/- 8.24% 

* / - 20.60% 

V - 20.0% 

• / - 50.0% 

f / - 2.14% 

> / - 5.25% 

-»./- 20.0% 

+ / - 50.0% 

+ / - 1.82% 

• • / - 4.56% 

- H / - 1.19% 

- • / - 3.07% 



CHAPTER V 

SELECTION OF OPTIMAL PROCESS FLOWSHEET 

The promising canditates for îne optimal flowsheet 

include two hydrolysis options (MAH and EH), two fermenta

tion options (CF and BF) and three separation options (AD,VD 

and ED). By combining these modules, we have (2x2x3 = 12) 

twelve different flowsheets. To eliminate the impact of 

plant size on the choice of optimum process, the design and 

cost estimation for an ethanol plant with a capacity of 

30,000 g.p.d. is also studied. Table 6 shows the summary of 

comparison of production cost of ethanol for the two plant 

sizes using these twelve process sequences. MAH-CF-ED pro

cess sequence seems to be preferable for both the plant 

sizes. As mentioned earlier, enzyme hydrolysis is expected 

to prove more economical in the future, but under the pres

ent state of technology MAH-CF-ED process appears to be most 

economical. 

Effects of Non-optimal Battery Operation 

As mentioned in Chapter II the process synthesis exer-

size becomes quite involved for complex flowsheets. Even for 

114 
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TABLE 6 

Cost of Production of Ethanol by various Process 

Sequences 

Process Sequence 

MAH-CF-AD 
MAH-CF-ED 
MAH-CF-VD 

- MAH-BF-AD 
MAH-BF-ED 
MAH-BF-VD 

EH-CP-AD 
EH-CF-ED 
EH-CP-VD 
EH-BP-AD 
EH-BP-ED 
EH-BP-VD 

Cost of Ethanol - $/Gallon 

3000 gpd Plant 

2.27 
2.27 
2.24 
2.51 
2.51 
2.48 

3.16 
3.16 
3.13 
3.53 
3.53 
3.50 

30000 gpd 

Plant 

1.63 
1.61 
1.67 
1.81 
1.81 
1.85 

2.72 
2.70 
2.76 
2.90 
2.90 
2.94 
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relatively simple flowsheets, the problem may get out of 

hand if the effect of all design variables is to be consid

ered for determining the optimum conditions. Process decom

position techniques successfully tackle the problem of com

plexity. The entire flowsheet is broken into small process 

modules, and each module is handled separately. Even for in

tegrated plant optimization, it is convenient to start with 

the unit process module and eliminate those design variables 

that affect only one module. This is done by internal optim

ization for that module. After internal optimization is 

complete, one has to deal with only the interconnecting or 

intermediate variables. This process design approach leads 

to three process design strategies, identified in the order 

of refinement and complexity as follows: 

1) All unit process modules are optimized internally. 

2) Set one process battery at the optimal level, allowing 

the other batteries to match. 

3) The integrated plant is optimized as a whole. 

While optimizing the unit process modules internally, 

the synthesis of heat exchange networks is also considered. 

The methodology used for the synthesis of heat exchange net

works is as follows: 

1) Fixing the approach temperatures for the heat exchangers 

(at 10 deg. C. in our case) and setting target 

temperatures for the various process streams. 
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2) Selection of stream/stream matches. 

3) Invention of networks capable of producing the desired 

results. 

4) Selection of the best network on the basis of minimum 

total (fixed plus operating) cost. 

Table 7 shows the process streams that are available for 

heat exchange in the dilute acid hydrolysis module. Table 8 

indicates how these streams are interconnected and how much 

heat is transferred at each junction. Tables 9 and 10, 11 

and 12 show similar results for the enzyme hydrolysis module 

and the distillation module, respectively. 

In the case of total plant integration, all process 

streams that are available for heat transfer are considered 

together regardless of the arrangements for internal module-

optimization. Table 13 shows the process streams in the 

integrated MAH-CF-ED plant that exchange heat with one 

another. Table 14 shows how these streams are interconnected 

and how'much heat is transferred at each junction. Tables 15 

and 16 show similar results for the integrated EH-CF-ED 

plant. 

Table 17 shows the comparison of the internally 

optimized design with the integrated plant optimization for 

an ethanol plant using the mild acid hydrolysis process. 



TABLE 7 

Streams available for Heat Exchange in MAH module 

T - Q 

Sr. Process 

No. Stream 

COLD STREAMS 

Flow I 

Rate 

Lb/hr 

Temp. 

in 

Deg.F 

Temp. 

out 

Deg.F 

Heat 

MMBtu/hr 

1. Process Water 

2. Feed 

3 . Feed S lurry-1 

4. Feed S l u r r y - 2 

5. Process Water 

6. Process Water 

7. Feed S l u r r y - 2 

8. Feed S l u r r y - 2 

9. Evaporator 

11131. 

8886. 

22215. 

25233. 

1362. 

6572. 

11600. 

131370J 

70. 

150. 

212. 

330. 

70. 

70. 

212. 

330. 

227. 

212. 

212. 

330. 

430. 

212. 

202. 

330. 

430. 

1.58 

0.55 

2.67 

2.47 

0. 19 

0.93 

1.39 

1.29 

1.96 

HOT STREAMS : 

11. Product-1 

12. Product-1 

13. Product-2 

14. Product-2 

15. Condenser 

16. Condensate 

28247. 

25530. 

14983. 

13474. 

6572. 

UTILITIES 

21. Live Steam 

22. Steam 

U735. 

38. 

428. 

332. 

428. 

340. 

185. 

212. 

440. 

227 

340. 

222. 

340. 

227. 

80. 

2.67 

2.76 

1.39 

1.46 

2.77 

0.93 

5.31 

0.06 



TABLE 8 

Heat Exchange Network for MAH module 

.19 

Cold Stream 

Stream No . 

1 

2 

3 

4 

5 

6 

7 

8 

9 

Heat MMBtu 

per hr. 

H o t S t r e a m s 

11 

2.67 

2.67 

12 

1.58 

0.55 

0.19 

0.44 

2.76 

13 

1.39 

1.39 

14 

1.46 

1.46 

., 

16 

0.93 

0.93 

21 

2.47 

1.29 

3.76 

22 

0.06 

0.06 

Heat 

MMBtu 

per hr 

0.55 

2.67 

2.47 

0. 19 

0.93 

1.39 

1 .29 

1 .96 



TABLE 9 

Streams available for heat Exchange in Distilla
tion Module 

120 

Sr . Process 

No. Stream 

COLO STREAMS 

1 . feed 

2 . Rr-1 

3. Rebol le r -2 

U. Reboi ler -3 

HOT STREAMS 

1 1 . Condenser-1 

12. Condenser-2 

13. Condenaer-3 

14. Condensate-1 

15. Condenaate-2 

16. Condensate-3 

17* Botteas-1 

18. Produot 

18* Solvent 

UTILITIES 

2 1 . Steaa-20psi 

22 . Steam-280psl 

3 1 . Cooling Water 

Flow 

Rate 

Lb/hr 

19952. 

3512. 

1893. 

357. 

18960. 

930 . 

3460. 

3383 

260. 

76200. 

Temp. 

in 

Deg.F 

85. 

227. . 

402. 

402. 

175. 

175. 

212. 

212. 

410. 

410. 

212 . 

175. 

392. 

227. 

412. 

70 . 

Temp. 

out 

Deg.F 

178. 

70. 

70. 

70. 

70 . 

70. 

175. 

120. 

Heat 

Exchange 

MMBtu/hr 

1.80 

3.37 

1.55 

0.29 

2.70 

1.42 

0.26 

0.50 

0.64 

0.120 

2.69 

0.1 

0.75 

4.06 

2.72 

3.81 .. 



TABLE 10 

Heat Exchange Network for Distillation module 

121 

Cold Stream 

Stream No. 

11 

12 

13 

17 

18 

19 

21 

22 

Heat MMBtu 

per hr. 

H o t S t r e a m s 

1 

1.42 

0.44 

1.86 

2 

3.37 

3.37 

3 

1.55 

1.55 

4 

0.29 

0.29 

31 

2.70 

0.26 

0. 1 

0.75 

3.81 

1 

Heat 

MMBtu/hr. 

2.70 

1.42 

0.26 

0.44 

0. 1 

0.75 

3.37 

1.84 
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TABLE 11 

Heat Exchange Streams: Integrated MAH-CF-ED Planr 

Sr . Process 

No. Stream 

COLD STREAMS 

1 • Process Water 

2 . Feed 

3. Feed S l u r r y - 1 

4. Feed S l u r r y - 2 

5 . Evaporator 

6. Feed to 0 1 s t . 

7 . R e b o i l e r - 1 

8. Process Water 

HOT STREAMS 

1 1 . Product-1 

12. Product-2 

13. Feed to Ferm. 

14. Condenser-2 

15. Condenser-3 

16. Solvent 

17. Condensate-2&3 

18. Condensate-1 

19. Bottoms-1 

20 . Evp.Condensate 

Flow 

Lb/hr 

14327. 

8886 . 

22215. 

11600. 

19952. 

6572. 

28547. 

14983. 

20176. 

3460. 

2258. 

3364. 

18960. 

6572. 
-

Temp. 

in -F 

70 . 

150. 

212. 

212. 

227. 

85. 

227. 

70 . 

428. 

428. 

85. 

175. 

212. 

392. 

392. 

212. 

212. 

212. 

Temp. 

out -F 

212. 

212. 

430. 

430. 

192. 

202. 

227. 

227. 

160. 

190. 

70. 

70 . 

189. 

80. 

Heat 

MMBtu/hr 

2 .03 

0.55 

5.14 

2 .68 

1.96 

2.13 

3.09 

0.93 

5.43 

2.85 

0.52 

1.43 

0.26 

0.43 

0.73 

0.47 

0.44 

1 0.93 
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TABLE 12 

Heat Exchange Network for Integrated MAH-CF-ED Plant 

Hot C 0 

Stream 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

Heat 

MMBt u/hr. 

I d S t r e a m s 

1 

0.52 

0.43 

0.73 

0.47 

2.03 

2 

0.55 

0.55 

3 

2.67 

2.47 

5.14 

4 

1.39 

1.29 

2.68 

5 

0.44 

1.46 

0.06 

1.96 

6 

1.43 

0.26 

0.44 

2.13 

7 

1.72 

1.37 

3.09 

8 

0.93 

0.93 

Heat 

MMBtu 

per hr 

5.43 

2.85 

0.52 

1.43 

0.26 

0.43 

0.73 

0.47 

0.44 

0.93 

3.76 

1.43 



TABLE 13 

Streams available for Heat Exchange In EH module 

S r . P r o c e s s 

No. Stream 

COLD STREAMS 

1. P r o c e s s Water 

2 . P r o c e s s Water 

3 . Feed t o Evap. 

4 . Evaporator 

HOT STREAMS 

1 1 . Feed 

12 . Condensate 

13 . Condenser 

UTILITIES 

2 1 . Steam 

Mass 

Flow 

Rate 

l b / h r 

14618 . 

9 7 0 0 . 

3 2 5 8 3 . 

9 7 4 9 . 

15402 . 

3 0 8 2 . 

Temp. 

in 

Deg.F 

70 . 

7 0 . 

95 . 

150. 

212 . 

185. 

227 

Temp. 

out 

Deg.F 

100. 

102. 

175. 

110. 

80 . 

Heat 

Exchange 

VMBtu 

per hr . 

0 .47 

0.31 

2.61 

3 . 0 2 

0 . 4 7 

2. 19 

2 .61 

3 . 0 2 



TABLE 14 

Heat Exchange Network for EH module 
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Cold Stream 

Stream No. 

1 

2 

3 

4 

Heat MMBtu 

per h r . 

H o t S t r e a m : 

11 

0 . 4 7 

0 . 4 7 

12 

0 .31 

0 .31 

13 

2 .61 

2 .61 

21 

1 

3 . 0 2 

3 . 0 2 

3 Heat 

MMBtu/hr. 

0.47 1 

0.31 

2 .61 

3 .02 
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TABLE 15 

Heat Exchange Streams-Integrated EH-CF-ED Plant 

Sr . Process 

No. Stream 

Mass 

Flow 

Rate 

lb/hr 

Temp. 

in 

Deg.F 

COLD STREAMS 

Temp 

out 

Deg.F 

Heat 

Exchange 

MMBtu 

per hr . 

1. Process Water 

2. Process Water 

3. Feed to Evap 

4. Feed to Ster. 

5. Feed to Dist. 

HOT STREAMS 

143618 

9700. 

32583. 

20249 

19952. 

70. 

70. 

95. 

185. 

85. 

11. Feed 

12. Condensate 

13. Condenser 

14. feed to Perm. 

15. Condenser-2 

16. Bottoms-1 

9749. 

2822. 

100. 

102. 

175. 

230. 

178. 

20462. 

18960. 

150. 

212. 

185. 

240. 

175. 

212. 

110. 

102. 

195.5 

0.47 

0.31 

2.61 

0.91 

1.86 

189. 

0.47 

0.31 

2.61 

0.91 

1.42 

0.44 



TABLE 15 

Heat Exchange Network for Integrated EH-CF-ED plant* 

Hot Stream 

Stream No. 

11 

12 

13 

14 

15 

16 

Heat MMBtu 

per h r . 

C o l d S t r e a m s 

1 

0 .47 

0 .47 

2 

0 .31 

0 .31 

3 

2.61 

2 .61 

4 

0.91 

0.91 

5 

1.42 

0.44 

1.86 

Heat 

MMBtu/hr 

0 .47 

0 .31 

2 .61 

0.91 

1.42 

0.44 
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-

5.21 

10,58 

2.11 

4.39 

6.50 

TABLE 17 
Comparison of Heat ing and Cooling Loads 

Heat Load MMBtu/hr. 

Heat ing Cooling 

1. I n d i v i d u a l O p t i m i s a t i o n 

MAH module 5 .37 

CF module 

D i s t i l . m o d u l e 

TOTAL 

2 . I n t e g r a t e d P l a n t O p t i m i z a t i o n 

MAH module 5.31 

CF module - 1.59 

D i s t i l , module 3 .21 2 .7 

TOTAL 8.52 4.29 

3 . Saving due t o I n t e g r a t e d P l a n t O p t i m i z a t i o n : 

Heat loadMMBtu/hr. 

Saving as a % of Heat Load 

S a v i n g - D o l l a r s / y r . 

Saving as a % of 

Total Production Cost 

T o t a l Saving as a % of T o t a l Produc t ion Cost = 2 . 6 % 

2.06 

19.5% 

40800. 

2.37% 

2.21 

34% 

17500. 

1.02% 
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A saving of 19.5% in the heating load and of 34% in the 

cooling load is achieved by using an integrated plant 

optimization. The total saving in the cost of production of 

ethanol works out to 2.6%. In the case of the ethanol plant 

using the enzyme hydrolysis process, only a few streams are 

available for heat transfer in the hydrolysis section. 

Hence, integrated plant optimization does not show any 

improvement over internal module optimization. 

The comparison of the three design strategies is shown 

in Tables 18 and 19. Table 18 shows the cost of fuel grade 

ethanol by the MAH-CF-ED process for the three design 

strategies and the percentage change in each case. 

Optimization based on CF module gives about 4 to 8% 

improvement in production cost over optimization based on 

other modules. Integrated plant optimization shows 

additional 2.6% reduction in production cost. Table 19 shows 

similar results for EH-CF-ED process. In this case also, 

constraining the CF battery to optimum shows better results. 

However, integrated plant optimization does not show any 

further improvement over optimization based on CF module. 



TABLE 18 
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Comparison of Various Design Strategies 

Basis Cost of Ethanol for a 3000 gpd Plant 

MAH-CF-ED Process 

• ' 

One Module Optimum. 

a) MAH Optimum-Other Response 

b) CP Optimum-Others Response 

• c) Distillation Optimum-Others 
Response 

All Modules Optimum 

Integrated Plant Optimization 

Dollars 

per 

Gallon 

2.375 

2.329 

2.453 

, 

* 2.329 

2.270 

Cost as 

% of 3 

104.6% 

102.6% 

108.1% 

102.6% 

100.0% 
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TABLE 19 

Comparison of Various Design Strategies 

Basis Cost of Ethanol for a 3000 gpd Plant 

EH-CF-ED Process 

*One'Module Optimum 

a) EH Optimum-Others Response 

b) CP Optimum-Others Response 

c) Distillation Optimum-Others 
Response 

All Modules Optimum 

Integrated Plant Optimization 

Dollars 

per 

Gallon 

3.258 

3.T60 

3.337 

3.160 

3.160 

Cost as 

% of 3 

103.1% 

100.0% 

105.6% 

100.0% 

100.0% 



CHAPTER VI 

SUMMARY OF SUGGESTED PROCESS SYNTHESIS HEURISTIC 

Though considerable progress has been made in the area 

of process synthesis in the recent years, synthesis of an 

integrated chemical process is still an extremely formidable 

problem. Internal optimization using parametric optimization 

techniques and synthesis of individual batteries is a rela

tively simple exersize, compared to integrated plant synthe

sis. The design efforts may be roughly broken down as 80% 

for the design, optimization and synthesis of unit modules 

and 20% for the integrated plant synthesis for processes 

comparable to the manufacture of ethanol from cellulose. For 

more complex processes, the design efforts for integrated 

plant synthesis may be as high as 40%. 

The comparison of various design strategies as applied 

to the manufacture of ethanol from cellulose is shown in Ta

ble 18. Integrated plant optimization shows a meager reduc

tion of 2.6% in the production cost. Based on the present 

case, it appears that battery optimization and synthesis is 

a preferable process synthesis method. Integrated plant 

synthesis may not be worth the efforts involved. 
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Based on this study, the following design strategy is 

proposed for the synthesis of entire chemical process 

plants: 

1) Decompose the process into unit modules. 

2) Determine the optimum operating conditions for each mod

ule using parametric sensitivity and optimization ap

proach. The incremental production cost contributed by 

that processing step may be chosen as the dependent va

riable. Optimize each battery internally using the 

synthesis of heat exchange network. 

3) Combine the batteries to generate a candidate optimum 

flowsheet in such a fashion that the production cost is 

minimum. 

4) To determine the optimum sequence, compare the effect of 

non-optimal battery sequence, constraining one battery 

at optimum conditions and other batteries as response 

variables. 



CHAPTER VII 

RECOMMENDATIONS 
I 

1) The same exercise should be repeated using a more complex 

plant to verify if similar results are obtained. 

2) Cascading of distillation columns, that is one column op

erating at a higher pressure and another at a lower pres

sure with the condenser of the first column acting as the 

reboiler for the second column, should be considered. 

3) Experimental data on the hydrolysis of cotton gin trash 

should be collected and substituted in the models used in 

this work. Also, utilization of pentose and lignin should 

be included to get a true picture of the economics of 

ethanol production. 

4) Further studies are recommended on 

a) The use of a single reactor for both prehydrolysis 

and hydrolysis. 

b) Enzyme hydrolysis of cotton gin trash with lignin 

removal. 
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^1 

APPENDIX 

Conversion of Units for Concentration of Ethanol. 

1) Proof to Volume Percent : 

Proof 
Volume Percent = 

(v) ^ 
2) Volume Percent to Weight Percent : 

Weight Percent = Q'7939 v 
(w) 100-0.2061 v 

3) Weight Percent to Mole Percent : 

w/46.07 
Mole Percent = / N . w . 1 0 0 - w 

^^^ ir5T07 IBTO^ 




