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ABSTRACT 

Many options exist for on-board hydrogen producfion fi-om liquid fuels for fuel cell 

powered vehicles. This paper reports on design and constmcfion of an on-board system 

for hydrogen production fi-om methanol. Methanol reforming is accomplished using an 

extemally fired catalytic reactor. Carbon monoxide, separated fi-om the reactor effluent 

by a membrane separator, is consumed with the reactor fuel. The reactor is operated at 

1950 kPa to supply gas to the membrane separator at its maximum design pressure, and at 

a temperature of 500°C, to minimize the amount of methanol remaining the reactor 

product. The design methanol feed rate of 0.32 1/min used for the prototype should be 

sufficient to supply a 10 kW fuel cell package, but the design can easily be expanded to 

larger sizes. 

The membrane separator is an off-the-shelf, polymer-based model, and it is not 

expected to reduce the carbon monoxide to below 10 ppm, required by proton exchange 

membrane fuel cells, being considered for vehicular power. For this reason it is necessary 

to include a selective oxidation reactor to remove the carbon monoxide as a contaminant. 

An adiabatic energy balance indicates that 30% excess energy is available fi:om 

combustion of the separated carbon monoxide when used as fuel to the reformer. The 

thesis includes the design of methanol reformer system, calculation of heat transfer 

coefficients and heat transfer areas required for the heat exchange of the exhaust gases 

and the reacfion mixture. It also includes the simulafion of the entire process using 

ChemCAD as a chemical process simulator. 
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NOMENCLATURE 

A - surface area 

Cp - specific heat at constant pressure 

D - characteristic length 

A - diffusivity of species i 

DH2/Air Diffusion Coefficient in air 

Eig Ignition energy in air 

(F/A) - stoichiometric fuel-to-air mixture 

h heat fransfer coefficient 

AH Heat of reaction 

Hf - heat of fiision 

Hhv higher heat value 

Hv heat of vaporization 

deltaH - change in enthalpy 

k thermal conductivity 

Lhv lower heat value 

p - viscosity 

Nu Nusselts number 

p - density 

Pj - permeability of species i 

Pi - partial pressure 
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Pip - permeate side pressure 
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q 

Q. 

Re 

S 
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Tb 

Tc.i 

t-CO 

Tf 

Th,i 

Th,o 

Tm 

U 

- heat duty 

volumetr ic flow rate of species i 
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- auto ignition temperature 

Boil ing Point 

- temperature of cold fluid at inlet 

- temperature of cold fluid at outlet 

flame temperature 

- temperature of hot fluid at inlet 

- temperature of hot fluid at outlet 

- Mel t ing point 

- Overall heat transfer coefficient 

V - Veloci ty 

Xj - concentrat ion of component i 

Xif - concentration of species i in the feed side 

Xip - concentration of species i in the permeate side 

z Membrane thickness 



CHAPTERl 

INTRODUCTION 

As the push for fliel independence and a cleaner environment gains momentum in 

the United States, the development of cleaner buming fuels has lead to a growing need 

for technicians trained to service vehicles powered be ahemative fuels. To promote 

altemative fuels, the federal government passed the Energy Policy Act (EPAct) in 1992, 

which requires certain state government, federal government, and altemative fuel 

provider fleets to acquire an increasing number of Altemating Fuel Vehicles (AFV) every 

year. The goal of the EPAct is to displace 30 percent of vehicular petroleum fuel by the 

year 2010 [1]. 

Fuel cell vehicles are widely regarded to be the most likely altemative fuel 

technology to replace internal combustion engine vehicles in coming decades. The low 

emissions and high energy efficiency associated with fuel cells suggest that fuel cells can 

have a sfrong impact on the transportation industry [2]. 

However, there are serious space and safety considerations facing fuel cell vehicles 

that use on-board hydrogen storage. AUhough high performance storage vessels have 

been developed, concem for vehicle safety remains dominant. Safety concem of on-board 

high-pressure hydrogen is part of the motivation behind the development of an on-board 

methanol reforming system. 



CHAPTER 2 

TECHNOLOGY SURVEY 

2.1 Hvdrogen Feasibilitv 

2.1.1 Occurrence of Hvdrogen 

Hydrogen is the lightest and most abundant of all elements. At normal 

temperatures, hydrogen is a coloriess, odorless flammable gas. Hydrogen has the highest 

energy content per unit of weight (120.7 kJ/g) more than any known fiiel [3]. However, 

its energy content per volume is low, due to its low density in the gaseous state. 

Hydrogen bums cleanly with the only product of combustion being water [4]. 

2.1.2 Hvdrogen Future 

Hydrogen can theoretically be used to replace all current gaseous and liquid energy 

carriers, such as gasoline, fuel oil, and natural gas, thus eliminating our dependency on 

conventional energy resources. 

2.1.3 Hydrogen advantages 

2.1.3.1 Energy Security 

Since hydrogen can be produced from renewable sources the rate of depletion of 

fossil fiiel reserves would be reduced. The fliel cells use hydrogen generated by various 

resources including fossil fuels and with higher efficiencies for fuel cells, the overall 

demand for fossil fuels would e ventually d ecrease. B oth c ases w ill r esult i n i ncreased 



secunty of supply and reduce expenditures on exports [5]. The production of hydrogen 

should not be accomplished with fossil ftiels as this would resuU in a greater use of fossil 

fuels. 

2.1.3.2 Environmental Benefits 

Depending on the source of the hydrogen, the environmental benefits of using 

hydrogen in a fuel cell vehicle can be significant. Reductions in SOx and CO emissions 

would be most apparent. Using hydrogen will also help reduce smog in cities, because of 

lower NOx emissions from vehicles [5]. 

2.1.3.3 Summary 

The following reasons enhance the feasibility of hydrogen as an ahemative fuel: 

• Huge oil spills are becoming more common and are detrimental to aquatic life. If 

hydrogen fuel spills over in large quantities it would evaporate instantaneously, and the 

only by-product from combustion of hydrogen fuel is water [6]. 

• Automobiles and factories emit pollutants which has created smog in most large 

U.S cities. Hydrogen fuel emits no pollutants that contribute to smog. 

• The US national strength is weakened due to its dependency on the Middle East for 

oil. Hydrogen can help the U.S. to be energy self-sufficient [6]. 

• Fossil fliels will eventually mn dry. Hydrogen is renewable, and supplies are 

virtually unlimited. 

• Hydrogen fuel does not contribute to acid rain, ozone depletion, or global warming. 



The physical properties of hydrogen are hsted in Table 2.1. 

Table 2.1 Physical Properties of Hydrogen [7] 

Property 

Melting Point (1 Atm) 

Boiling Point (1 Atm) 

Density Of Gas (1 Atm) 

Density Of Liquid (Atm) 

Diffusion Coefficient In Air 

Flammability Concentration In Air 

Ignition Energy In Air 

Auto Ignition Temperature 

Flame Temperature In Air 

Specific Heat At Constant Pressure 

Heat Of Fusion 

Heat Of Vaporization 

Higher Heat Value 

Lower Heat Value 

Value 

Tm =-259.34 °C 

Tb = -252.87 °C 

Pg = 0.089 87 kg/m' 

p, = 70.99 kg/m' 

Dh2/Air = 0.610 cm^/S 

4.1 72.5%-vol 

Eig = 0.02 Mj 

Tai = 530 '̂ C 

Tf=2045°C 

Cp =14.89 J/Kg 

Hf= 58.61 Kj/Kg 

Hv = 447.99 Kj/Kg 

Hhv = 141.79 Mj/Kg 

Lhv =119.96 Mj/Kg 



2.2 Advantages of Methanol 

Methanol cleariy has distinct advantages as a ftiel for fiiel cell vehicle applications; 

methanol is liquid at ataiospheric conditions, it has a high hydrogen-to-carbon ratio 

relative to gasoline, and it can be reformed to hydrogen at relatively low temperatures 

(around 500 "C) [8]. 

Methanol's advantages as a fuel for fuel cell vehicles are discussed below in more 

detail. 

2.2.1 Methanol Is a Liquid 

Methanol is a liquid at atmospheric pressure and temperature. It is a stable, 

chemically pure product (99.85% methanol, 0.1% water, plus other trace substances) that 

can be easily transported via various means. Being a liquid, methanol has high energy 

density and thus an adequate amount of fuel can be held in an on-board fliel tank to allow 

vehicle range comparable to today's vehicles. 

2.2.2 Easiest Fuel to Provide Hvdrogen 

Methanol can be reformed easily on-board a vehicle to produce hydrogen for fuel 

cell operation. The hydrogen production occurs at a low temperature of 400-500°C. 

Moreover, methanol contains only one carbon atom. The absence of carbon-to-carbon 

bonds make methanol an easy molecule to reform to hydrogen [8]. 



2.2.3 Environmental Friendly 

Methanol is an environmentally friendly fuel. It is readily biodegradable in case of 

spills [9]. When methanol is used in a fuel cell vehicle, emissions are extremely low. 

2.2.4 Abundant Feedstock Availabilitv 

Natural gas used to produce methanol, is an abundant resource that is found in large 

quantities in locations that are remote from the predominant energy markets [10]. 

Methanol is an attractive way of getting the energy from natural gas into the 

transportation sector. In addition, methanol can be made from a variety of other 

feedstock such as wood waste, municipal waste, or from most compounds containing 

hydrogen and carbon [10]. 

All the above reasons make methanol an attractive source of hydrogen. 



2.3 Fuel Cell Advantages and Disadvantages 

2.3.1 Fuel Cell-Introduction 

A fuel cell is a device that converts chemical energy directly into electrical energy 

which can be used to power automobiles. The fuel cell that we propose to use is the 

Proton Exchange Membrane Fuel Cell (PEMFC). It consists of a proton conducting 

membrane, such as a perfluorosulfonic acid polymer as the electrolyte, which has good 

proton conducting properties, contained between two Pt impregnated porous electrodes 

[11]. The back of the electrodes are coated with a hydrophobic compound such as Teflon, 

which forms a water proof coating while providing a gas diffiision path to the catalyst 

layer [11]. H2 at the anode produces hydrogen ions or protons and releases electrons that 

pass through the extemal circuit to reach the cathode. The positive hydrogen ions solvate 

with water molecules, diffuse through the membrane to the cathode, and react with the 

O2, while picking up electrons and forming water. 

The electrochemical reactions occurring in a PEMFC are [12]: 

At the anode: H2 ̂  2H^ + 26" (2.1) 

At the cathode: Vi O2 + 2H^ + 26" ̂  H2O (2.2) 

Combining reactions (2.1) and (2.2) gives the overall cell reaction. 

Overall cell reaction: H2 + I/2O2 -^ H2O (2.3) 

The fiiel cell operates on H2 while only a few ppm of CO may be tolerated by the Pt 

catalysis at its operating temperature of 80°C. 



Fuel cells have the following advantages 

2.3.1.1 Environmental Benefits 

Fuel cells are an excellent altemative energy resource from an environmental point 

of view. Fuel cells are quiet and produce negligible emissions or pollutants [13]. 

2.3.1.2 Efficiency 

Different types of fuel cells have varied efficiencies. Depending on the type and 

design of fuel cells, efficiency ranges from 40 to 60%. These numbers are typically based 

on gross power, not net power [13]. 

2.3.1.3 Fuel Availability 

The primary fuel source for the fuel cell is hydrogen which can be obtained from 

natural gas, coal gas, methanol, and other fuels containing hydrocarbons [13]. 

Fuel cells have the following disadvantages. 

2.3.1.4 High Cost 

Fuel cells are currently very expensive, but since they have a simple constmction, 

mass production costs would become extremely low. Electricity generated by fuel cells in 

cars costs thousands of dollars per kilowatt: This would have to fall by a huge factor for 

fuel cells to become economically viable [14]. 



2.3.1.5 Energy Loss 

They are energy losers because it costs more to produce hydrogen than is eamed by 

using hydrogen in fuel cells [14]. 



CHAPTER 3 

PROCESS RELATED LITERATURE REVIEW 

3.1 Methanol Reforming 

Many m ethods t hat e xist t o p roduce h ydrogen for fuel c ells u tilize t he h ydrogen 

from hydrocarbon fuels such as methanol. This hydrogen extraction process is known as 

reforming. There are four methods of reforming: (1) catalytic steam reforming, (2) partial 

oxidation, (3) autothermal reforming, and (4) catalytic methanol decomposition [15]. 

3.1.1 Steam Reforming 

In steam reforming, methanol is mixed with steam in the presence of a base metal 

catalyst to produce hydrogen and carbon dioxide. 

CH3OH + H2O-> CO2 + 3H2 AH= + 49.4 KJ/mol (3.1) 

The main disadvantage of this method is that it is endothermic and therefore requires 

extemal heating. This reduces the overall efficiency of the system from the theoretical 

100%), and also means that there is a delay before the fuel cell is ready to operate. 

Therefore, this method is not particularly suitable for transport applications since 

consumers expect vehicles to start immediately [16]. 

3.1.2 Partial Oxidation of Methanol 

Partial oxidation of methanol involves its reaction with oxygen to liberate hydrogen 

and is shown in reaction below. 
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CH3OH +'/2 02 ^ 2H2 + C02 AH=-192.2 KJ/mol (3.2) 

This approach produces less hydrogen for the same amount of ftiel than steam reforming. 

The reaction is, however, exothermic and therefore generates heat. The reaction can be 

initiated by a simple combustion process leading to quick start up and once the system is 

running, the system then requires little extemal heating [17]. 

3.1.3 Autothermal Reforming 

Steam reforming reactions are endothermic and heat must be supplied either 

extemally or by combustion of reactants and products. Autothermal reforming operations 

are systems in which methanol is partially oxidized and partially steam reformed to 

produce hydrogen [18]. The system starts to operate at lower temperatures, with the 

balance between oxidation and steam reforming depending on the heat demands of 

methanol. The production of hydrogen involves the injection of methanol, water and air 

into a catalytic reactor at ambient temperature. Part of the methanol is oxidized to raise 

the temperature to the point where steam reforming can occur: 

4CH3OH + 3H2O +1/2 O2 -^ 4CO2 + 1IH2 AH = 0.0 (3.3) 

The main disadvantage of an autothermal reformer is its complexity and some 

difficult-to- control process stages. The drawback of this method is that CO and fuel dew 

point management can be problematic, and process control, especially when the system is 

not baseline loaded, is extremely difficult. Process temperatures must be kept within very 

precise limits, and failure to maintain these limits will cause the overall system to become 

inoperative [18]. 

11 



3.1.4 Direct Decomposition/ Pvrolvsis 

The most interesting method involves decomposition of methanol. Decomposition 

does not require additional reactants such as steam or oxygen. Also, the specific contents 

of received hydrogen on each molecule of initial substance for the methanol are one of 

the highest for chemical organic substances (2:1), and quantity of carbon monoxide is 

determined in relation to the initial substance as 1:1. Finally, the low specific contents of 

carbon in the raw material and the absence of additional reactants requiring normalized 

reagents give a simple reliable process which can occur in easy to control equipment 

[19]. 

The overall reaction for methanol pyrolysis can be written as: 

H3COH ^ CO + 2H2 - Q (3.4) 

Reaction (3.4) is endothermic and therefore it allows the absorption of heat 

equivalent to 907 kJ/mol. The gas that is generated is two thirds by volume hydrogen and 

only one third carbon monoxide. The decomposition reaction can be carried out using 

catalysts. The catalytic d ecomposition of methanol occurs over a temperature range of 

400-500°C. Hence, the exhaust gases can be used to initiate the decomposition reaction. 

12 



3.2 Membrane Separation 

3.2.1 Introduction 

The successful introduction of gas separation membranes for industrial applications 

IS a decade old. Although membrane based gas separation is still young, it is one of the 

most significant new commercial process to appear in the past two decades. Membrane 

technology for the separation of liquid-liquid and liquid-solid streams has been practiced 

in the industry for many years (e.g., reverse osmosis, ultrafiltration, microfiltration and 

other membrane based processes). Advances in membrane technology in these other 

areas gradually led to the development of membranes suitable for industrial gas 

separations [20]. 

Gas separation by membranes competes with cryogenic and a variety of adsorption 

and absorption processes (e.g., pressure swing adsorption, amine treatment, iron sponge, 

etc.). At present, gas separation membranes do not offer a separation solution or product 

gas that is particularly unique over existing processes. Membrane based gas separation, 

therefore, must compete primarily on the basis of overall economics and convenience 

[20]. 

The principle of a membrane process is to separate one or more constituents from a 

binary or multi-component system by the help of a potential driving force across a 

membrane. Most gas separation membranes are of the solution-diffusion type. The key 

membrane performance variables are selectivity, permeability and durability. For 

solution-diffusion membranes permeability is defined as the product of the solubihty and 

13 



diffusivity. Traditionally, there has been a trade-off between selectivity and permeability; 

generally high selectivity membranes have lower permeability and vice versa [21]. 

3.2.2 Membrane Processes 

There are seven major membrane processes (Table 3.1). Four of these processes are 

developed technologies: microfiltration (MF), ultrafiltration (UF), reverse osmosis (RO), 

and electrodialysis (ED). The first three processes are related to filtration techniques in 

which a solution containing dissolved or suspended solutes is forced through a membrane 

filter. The solvent passes through the membrane, while the solutes cannot cross the 

membrane and are retained. These three methods differ principally in the size of the 

particles separated by the membrane [22]. 

Table 3.1: Types of Membrane Processes [22]. 

Developed 

technologies 

Developing 

technologies 

To-be 

developed 

technologies 

Process 

Microfiltration 

Ultrafiltration 

Reverse Osmosis 

Electrodialiysis 

Gas separation 

Pervaporation 

Facilitated transport 

Status 

Well established unit processes. 

No major breakthroughs seem 

imminent. 

A number of plants have been 

installed. Market size and number 

of applications served is 

expanding rapidly. 

Major problems remain to be 

solved before industrial systems 

will be installed. 

14 



as Our separation technology is concemed with the developing processes of g; 

separation with polymeric membranes. The membrane separation process produces a 

permeate enriched in the more permeable species and a residue enriched in the less 

permeable component (Figure 3.1) [22]. In this process, a pressurized mixed gas feed is 

passed across the surface of a membrane that is selectively permeable to the hydrogen 

component of the feed. 

Membrane Module 

Pressurized 

feed gas 
>>'.'^A>WXXAX.XA>(AXJC^ 

"7 Residue 

Permeate 

Figure 3.1 Schematic of a Gas Separation Membrane Process [22]. 

3.2.3 Membrane-based gas separation 

Energy-intensive compression of feed streams is often needed to provide the driving 

force for permeation in membrane based gas separations. Ideally a feed mixture 

consisting of A and B gases are to be separated with a permeate consisting of pure A and 

a residue consisting of pure B. Real membranes can approach the simplicity and 

separation efficiency of such idealized devices, but sometimes complex recycling of 

some of the permeate or non permeate streams may be needed because perfect selection 

of all the A and B molecules can not be achieved in a single pass [21]. 
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The first membrane based gas separation system was used for hydrogen separation 

from ammonia purge gas sfreams, and to adjust the hydrogen/carbon monoxide ratio in 

synthesis gas. These applications were successful since carbon monoxide, methane and 

nitrogen are highly supercritical and hydrogen has extremely high diffusion rates over 

these and other gases except for helium [24]. 

3.2.4 Gas Separation Membranes 

There are three types of membranes which can be used in gas separation: 

1. Knudsen diffiision membranes, 

2. Ultra-microporous membranes, 

3. Solution-diffusion membranes. 

Knudsen flow separation is based on the inverse square root ratio of the molecular 

weights of A & B. These membranes do not find commercial application as much as the 

other two, due to their low selectivity. Ultra-microporous molecular sieving separation is 

based primarily on the much higher diffusion rates of the smallest molecule, but sorption 

level differences may be important factors for similarly sized penetrates like O2 and N2 

[22]. 

Solution-diffiision type membranes are dominant in current systems. In these 

membranes gas dissolves in the membrane material and diffuses through the membrane 

down a concentration gradient. The most critically important technical requirement for 

solution-diffusion membranes is to attain a perfect, pore free, selective layer that can 

resist system upsets and long-term pressurization. Solution-diffusion separation is based 

16 



on both solubihty and mobility factors. Diffiision selectivity favors the smallest molecule 

while selectivity by solubility favors the most condensable component. 

Gas separation applications are usually conducted by polymeric membranes since 

they can achieve high passage rates [22]. By varying the chemical stmcture of the 

polymer one can change the size distribution of the randomly occurring gaps to retard the 

movement of one species, while allowing the movement of the other. 

The mobility selectivity is not the only factor determining the membrane operation. 

Selectivity is also determined by the relative concentrations of the molecules to be 

separated. These concentrations are determined by relative sorption of gases A and B in 

the non porous polymer. The product of solubility and mobility selectivity determines the 

overall selectivity of the membrane. 

The permeability rates of two components in an actual gas mixture are usually 

within 10 to 15% of the rates measured with pure gases as long as equivalent pressure 

differences of two components exist between the up stream and down stream of the 

membrane [22]. 

Another factor that affects the selectivity is the operating temperature. Increases in 

the operating temperature give an increase to the polymer segmental motions, therefore 

causing an increase in the diffusion rates. However, high temperature causes larger gaps 

in the polymer matrix. Penetrants also become less condensable as the temperature rises. 

As a result, high temperature gives a rise to the permeability while it decreases the 

selectivity. 
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The separation efficiency of a certain material is measured by its permeability 

which is a function of its solubility and diffusivity [22]. 

Permeability (P) = Solubility (S) * Diffusivity (D) (3.5) 

The absolute rate at which a permeate travels through a membrane is known as 

permeability. Selectivity is the comparison of the permeability rates of two species [22]. 

The state of the polymer from which the nonporous membrane is constmcted, plays an 

important role in the permeation characteristics. The polymer can be in glassy or mbbery 

state which is determined by the glass transition temperature (Tg) of the polymeric 

material. Below Tg, polymer shows glassy behavior whereas above Tg, it shows mbbery 

behavior. Indeed, glassy materials are organic analogs to inorganic glass, and they often 

have higher sorption capacities than their flexible mbbery analogs, because of the 

presence of unrelaxed packing defects present in the glassy polymers that are not present 

in the mbbery state [25]. Rubbery polymers have a high degree of chain mobility and 

respond quickly to the presence of permeant dissolved within them. As a result, glassy 

polymers have a better selectivity for gas separation than do mbbery materials but also 

exhibit rather low permeability. 

3.2.5 Theory of Gas Transport through Polvmeric Membranes 

The transport mechanism in non-porous membranes is govemed by Pick's law and 

Henry's law (Figure 3.2) [26]. 
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Pick's Law 

^ 2 (3.6) 

Henry's Law 

Xi = Si * Pi (2-3) (3.7) 

Henry's law relates the concentration, xi, of gaseous component i at the surface of 

the polymeric membrane to the partial pressure, pi, of this component in the vapor phase 

in contact with the polymer (Eq. 3.7) [26]. By applying Henry's law to the feed and the 

permeate side of the membrane surface, a concentration profile can be established across 

the film if the two surfaces are maintained at different partial pressures. This can easily 

be accomplished by maintaining the permeate stream at lower pressure and/or by 

providing sufficient sweep gas to dilute the permeating species. Having established a 

concentration profile across the membrane thickness, z, Pick's law of diffusion can be 

applied to describe the diffusive flux of species i through the membrane (Eq. 3.6) where 

Di i s t he d iffusivity o f s pecies i i n t he p olymer a nd Q i i s t he v olumetric flow r ate o f 

species i permeating through a membrane surface area, A. The substitution of Eq. 3.6 into 

Eq. 3.7 gives: 

- = -iPi,-PiS^ (3.8) 

where Pi is the permeability (Eq. 3.5), pip is the permeate side pressure and pif is the 

feed side pressure [26]. 
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• Gas i o Gas j 

Figure 3.2 Mechanism of Gas Separation with Non-porous Membranes. [26] 

3.2.6 Membrane Separation of CO and Hvdrogen 

The membrane separator in this study uses asymmetric hollow fiber membrane 

technology to separate gas components based on the principle of selective permeation. 

Each gaseous component has a characteristic permeation rate, which is a function of its 

ability to dissolve and difflise through a membrane. Hydrogen, helium, and water vapor 

are light gases and are selectively diffused through the membrane wall, while most of the 

heavy gases such as carbon monoxide, nitrogen, methane, and heavier hydrocarbons 

remain behind. Some gases such as carbon dioxide and oxygen permeate at an 

intermediate rate between the hght and heavy gases listed above [27]. 

The driving force for the separation is the difference between the partial pressure of 

each gaseous component on the inside of the hollow fiber and that on the outside. In the 

PRISM membrane separator, feed gas is introduced into the end port and flows down the 

inside of the hollow fibers. Light gases, some of the intermediate gases, and a small 
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fraction of the heavy gases, will pass through the membrane wall to the outside of the 

fibers to be collected at reduced pressure as the permeate stream and exit out of a side 

port. Most of the light gases and a small amount of the heavy gases will continue to 

travel through the fiber until they reach the other end of the membrane separator where 

they exit the end port as the non-permeate. 

The feed gas in this application may contain methanol, which in high concentrations 

can damage epoxy components of the membrane bundle. The membrane separator should 

not be exposed to feed gas with more than 20% relative saturation of methanol [27]. 

Special precautions should be taken for cold start-ups and during shutdowns to prevent 

this limit from being exceeded within the membrane separator. 

The membrane separator permeates more gas when operated at a higher pressure 

and temperature, and thus yields a higher rate of hydrogen recovery. The membrane 

separator should be operated at a temperature that is, at a minimum, 6 °C greater than the 

dew point of the feed gas or higher when certain contaminants are present. This is 

necessary to ensure that water vapor, oil vapor, and other contaminants in the feed gas 

will not condense on the membrane [27]. 

At higher purity of light gas in the feed, the membrane will subsequently permeate 

more gas thus giving a higher purity. The pressure drop from feed to non-permeate varies 

with operating pressure, operating temperature, feed rate, and membrane separator length. 

Pressure and temperature affect the volumetric flow through the membrane separator, and 

the greater the flow through the membrane separator, the greater is the pressure drop. The 

pressure drop on the non-permeate side should be typically 10 psig or less. 

21 



The single stage membrane separation is desired to produce a 75 mole% hydrogen 

and 25 mole % of carbon monoxide as the permeate sfream. A multi stage membrane 

separation would give a higher degree of separation but it would significantly increase 

the complexity and the cost of the process as it would involve the compression of the feed 

to the second and subsequent membrane separators. 

3.3 Preferential Oxidation of Carbon Monoxide 

3.3.1 Introduction 

Proton exchange membrane fiiel cells (PEMFC) operate at relatively low 

temperatures around 80 °C. At such low operating temperatures, even small amounts of 

carbon monoxide (CO) in the hydrogen feed are harmfiil for the Pt anodes. Preferential 

oxidation (PROX) of CO is a simple technique for removing trace CO contaminants [28]. 

Any Carbon monoxide in excess of 10 ppm is detriment to the fuel cell catalyst. As a 

result, it is necessary to consider the selective oxidation of CO in the presence of 

hydrogen rich stream. Three obvious possibilities are considered. One option is to find a 

catalyst t hat a dsorbs C O b ut n ot H 2, a nd h ence favors s elective o xidation o f C O. T he 

second option is to operate at a temperature where CO is oxidized and H2 is not. The third 

option is to find a catalyst where both CO and H2 are oxidized, but kinetic parameters 

lead to preferential CO oxidation at the cost of only small amounts of H2 oxidation [29]. 

In all the three cases, it is critical to carefully control oxygen: carbon monoxide ratios and 

temperatures. Catalysts suitable for selective CO oxidation in H2-rich gases are alumina 

supported Pt, Ru, and Rh, operating at temperatures in the 120-160°C range. CO 
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oxidation activity in H2-rich gas decreases in the order RU/Y-AI2O3, Kh/y-AhOs, Pt/y-

AI2O3, Pd/y-Al203 [29]. 

The Ru/y-AbOs catalyst shows a much better performance than Pt/ y-AbOa, because 

of its much lower minimum noble metal mass, which is lower by a factor of 20, and the 

much better behavior under dynamic load conditions, where only the Ru catalyst remains 

below the critical CO level of 50 ppm [30]. 

3.3.2 Summary 

The permeate gas stream from the membrane separator contains CO and H2. The 

exit temperature for achieving relatively low CO concentrations is approximately 150-

250°C. Fuel cells operate at 80-100°C and can be poisoned/inhibited by the CO present 

in the reformate. The amount of oxygen to be injected for the removal of CO by selective 

oxidation is very important, as excess O2 in the system may also oxidize the H2 in the 

feed to the fiael cell. Therefore, a catalyst that can selectively oxidize CO in the presence 

o fH20andC02andu sing s toichiometric a mounts o f O 2 is n ceded. H igh-temperature 

operation is undesirable because high temperatures promote H2 oxidation. Ru/y-AbOs 

shows a significantly higher activity and selectivity than Pt/y-AbOs catalyst [29]. 

For the PROX reactor, Ru/Alumina is used as a catalyst. The preferential oxidation 

of CO on Pt/Alumina catalyst follows the Langmuir-Hinshelwood mechanism [31]. 

Asymmetric inhibition of CO adsorption: 

C0(g) + O ^ C 0 a d (3.9) 
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The carbon monoxide diffuses into the active site and adsorbs there [32]. 

Asymmetric Inhibition of O2 adsorption: 

O2 (g) + 20 ^ 20ad (3.10) 

The oxygen diffuses into two active sites and adsorbs [32]. 

Autocatalytic Production of free adsorption sites: 

COad + Oad ̂  CO2 (g) + 2 0 (3.11) 

The COad and 20ad react to give a molecule of CO2 and two active sites are 

available; hence this reaction is termed as autocatalytic [32]. 

Overall Reaction: 

CO+ V2 0 2 ^ 0 0 2 (3.12) 

The O2/CO ratio is kept between 0.5 and 1 to increase the CO selectivity and to 

prevent any oxidation of hydrogen. 
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CHAPTER 4 

PROCESS DESCRIPTION 

4.1 Explanation to the Process Flow sheet 

A flow diagram for the process is shown in Figure 4.1. p.p.28. Pure hquid methanol 

(0.32 1/min) is fed to methanol vaporizer through a positive displacement pump at 27 °C 

and 1950 kPa. The endothermic reforming reaction takes place at a relatively high 

temperature, 500 °C, to minimize the equilibrium methanol concentration, as follows: 

CH3OH-^ CO + 2H2 (4.1) 

The mixture is passed through a cooler where it is cooled to 60 °C. The product is 

then passed through a membrane separator where it is split into two streams viz. non-

permeate and permeate. The permeate consists of hydrogen rich stream with around 8 

mole % of CO. The non-permeate (1950 kPa) consists of CO rich stream with about 25 

mole % of Hydrogen. 

The reformer system is a unit which consists of a fumace shell for buming, with air, 

the carbon monoxide rich stream to vaporize the methanol and then reform it to carbon 

monoxide and hydrogen. The catalyst is alumina in pellet form. The tubing is arranged 

in a counter-current pattem so as to utilize the heat liberated by the exothermic 

combustion reaction in the shell housing. 

CO + Yi O2 -> CO2 (4.2) 

H2 + '/2 0 2 - > H2O (4.3) 

25 



An adiabatic energy balance indicates about 30% excess energy is available from buming 

the separated carbon monoxide as fuel to the reformer. 

The permeate stream is sent to a preferential oxidation reactor where the CO is 

selectively oxidized to CO2. The PROX reactor is essentially a hydrogen purifier since 

CO is dehimental to the platinum catalyst in the fiiel cell. Less than 10 ppm of CO is 

permissible for operation of the fuel cell. The catalyst used for this reaction is Ru/alumina 

which has a high selectivity for CO oxidation [29]. The O2/CO ratio is also a major 

design factor for the PROX reactor since any excess O2 reduces the amount of available 

hydrogen resuhing in the reduction of the ftiel cell system efficiency [29]. The reaction 

takes place in the PROX reactor at about 150 °C and atmospheric pressure as follows: 

CO + '/2 02 -^ CO2 (4.4) 

After the PROX reactor and a subsequent cooler which reduces the product 

temperature to 80 °C, the hydrogen is available to be fed to the Proton Exchange 

Membrane type fiiel cell. The remaining traces of carbon dioxide, nitrogen and oxygen 

do not affect the operation of the fuel cell. 

4.2 Choice of High Operating Temperature and Pressure 

The high operation temperature of 500°C is justified so that the methanol 

concentration is minimized at the equilibrium conditions. The driving force for the 

membrane separation of CO and hydrogen is the difference between the partial pressure 

of hydrogen gas on the inside of the hollow fiber and that on the outside. The membrane 

separator permeates more gas when operated at a higher pressure and temperature, and 
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thus provides a higher rate of hydrogen recovery. The pressure drop from feed to non-

permeate varies with operating pressure, operating temperature, feed rate, and membrane 

separator length. Pressure and temperattire affect the volumetric flow through the 

membrane separator, and the greater the flow through the membrane separator, the 

greater is the pressure drop. Thus, the reactor is operated at an elevated pressure of 1950 

kPa. 

The key features to our design are the Membrane Separator and the extemally fired 

Methanol Reformer. 

4.3 Membrane Separator 

The membrane uses asymmetric hollow fiber membrane technology to separate gas 

components based on the principle of selective permeation. Each gaseous component has 

a characteristic permeation rate, which is a function of its ability to dissolve in and 

diffiase through a membrane. Hydrogen, helium, and water vapor are light gases and 

selectively diffiase faster through the membrane wall, while most of the heavier gases 

such as carbon monoxide, nitrogen, methane, and heavier hydrocarbons have more 

retarded permeation rates and remain behind. Some gases such as carbon dioxide and 

oxygen permeate at an intermediate rate between the light and heavy gases listed above. 

The driving force for the separation is the difference between the partial pressure of 

hydrogen gas on the inside of the hollow fiber and that on the outside. In the PRISM 

membrane separator, feed gas is introduced into the end port and flows down the inside 

of the hollow fibers. Light gases, some of the intermediate gases, and a small amount of 
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heavy gases, will pass through the membrane wall to the outside of the fibers to be 

collected at a reduced pressure as the permeate stream and the exits out of a side port. 

Most of the light gases and a small amount of the heavy gases will continue to travel 

through the fiber until they reach the other end of the membrane separator where they 

shall exit the end port as the non-permeate. 

The feed gas in this application may contain methanol, which when greater than 1% 

by volume can damage epoxy components of the membrane bundle. The membrane 

separator should not be exposed to feed gas with more than 20% relative saturation of 

methanol. Special precautions should be taken for cold start-ups and during shutdowns to 

prevent this limit from being exceeded within the membrane separator. 

Membrane separators process more gas when operated at a higher pressure and 

temperature, and thus provide a higher rate of hydrogen recovery. The membrane 

separator should be operated at a temperature that is, at a minimum, 6°C greater than the 

component dew points of the feed gas. This is necessary to ensure that water vapor, oil 

vapor, and other contaminants in the feed gas will not condense on the membrane. 

At higher purity of light gas in the feed, the membrane will subsequently permeate 

more gas thus giving an even higher purity. The pressure drop from feed to non-permeate 

varies with operating pressure, operating temperature, feed rate, and membrane separator 

length. Pressure and temperature affect the volumetric flow through the membrane 

separator, a nd t he greater t he flow t hrough t he membrane se parator, t he g reater i s t he 

pressure drop. The pressure drop for the non-permeate flowing through the tubes is 
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typically 10 psig or less. A schematic of the membrane separator is shown in Figure 4.2. 

Input to Membrane 
Separator at 1950 
kPa and 60 C 
(mixture of CO + H2) 

Non-permeate as CO 
rich stream at 1950kPa 
and 60 C 

Permeate as 
Hydrogen rich stream 
at 250 kPa & 60 C 

Figure 4.2 Schematic of Membrane Separator [33] 

4.4 The Externally-Fired Methanol Reformer 

The methanol reformer (Figure 4.3) is basically a double pipe heat exchanger and 

consists of an outer shell where the combustion of CO takes place and an inner tubing in 

which the preheating and vaporization of methanol occurs followed by the reactor packed 

with alumina catalyst w here the endothermic methanol reforming reaction takes place. 

The outer pipe or shell is 100 mm diameter and 2 m in height with a bumer attached at 

the bottom to supply very hot combustion g ases to heat the reformer. However, if the 

effect of catalyst pellets is considered on the heat transfer, the length of the reformer will 

be slightly larger at 2.3 m. Air will be pushed into the outer pipe using a blower at the 

bottom. The blower will also help facilitate mixing of the air and the fliel. The methanol 

reformer is a vertical 25 mm stainless steel preheater, 2 m long with liquid methanol 

entering at the top. The bottom end of the tube is attached to a 25 mm reactor section 

filled with alumina catalyst support. A small mesh prevents the alumina pellets from 

falling. The flue gases and the methanol will flow in counter-current pattem for better 
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heat exchange. Propane gas will be used for initial testing and start up operations. Ideally, 

for a vehicle carbon monoxide would be stored from prior operation of the reformer and 

would be used for start up. 

The whole assembly can have a complete inverted orientation without altering the 

design of the system. However, the methanol will have to be pumped from below the 

reformer pipe and the exhaust gases will enter the top of the outer pipe. Also, the mesh 

will have to be provided for catalyst support both on the top and at the bottom end of the 

reaction zone since the methanol flow will tend to convey the alumina catalyst along with 

the reformed product. 

fcdUbsi 
Methanol In 

Stove pipe 4" dia with • 
r insulation 

Base pipe for 
structural support 

Propane In 

Air chamber 

Bottom cap allows 
access to — 
maintenance 

Catalyst in 

Methanol Out 

Air pushed into 
reformer through a 
blower 

Figure 4.3 Schematic of Methanol Reformer System [33] 
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4.5 hisulation for Methanol Reformer Svstem 

The outer casing of the methanol reformer is made up of 2 sections of stove pipe 

joined end to end. This carbon steel cannot withstand the high temperatures in the range 

of 2000 °C that are generated by combustion of the exhaust gases. Hence, insulation is 

required to reduce heat losses and protect the pipe. Therefore, 1 inch of K-wool insulation 

was applied to the inside of the outer stove pipe. 
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CHAPTER 5 

RESULTS, GRAPHS AND CALCULATIONS 

The cross-section of the reformer system is shown in Figure 5.1. It consists of four 

zones, preheating (zone I), vaporizing (zone II), Heating vapor (zone III) and the reaction 

(zone FV) with inside heat transfer coefficients as hi, h2, h3 and lu, respectively. The 

outside heat transfer coefficient is shown as h. 

liquid methanol 
entrance 

alumina 
catalyst 

K3 

Preheating 

Vaporizing 

• Heating Vapor 

Reaction 

• decocr^osed methanol 

Figure 5.1 Cross-section of Methanol Reformer [34] 

What follows are the calculations for the LMTD's of the four sections of the 

reformer. 

33 



5.1 Calculation of LMTD's for the Four Reformer Zones 

For a counter current heat exchange system, 

Ti= T h,i - Tc,o 

T2= Th,o - Tc,i 

5.1.1 Heat Exchange zone IV 

T h,o= 1635 °C 

< -

^Exhaust gases 

Methanol flow-> 

T c.i = 500 °C 

LMTDl=Ti-T2/In(Ti/T2) 

= 1540-II35/ln(1540/I135) 

= 405/0.3051 

= 1330°C 

Thi = 2040°C 

Tc,o = 500°C 
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5.1.2 Heat Exchange zone III 

T h.o= 1256 °C 

^Exhaust gases 

< -

Methanol flow^ 

Tc,i= 164.8 "C 

LMTD 2= T1-T2/ ln(Ti/T2) 

= 1135-1091.2/ ln( l 135/1091.2) 

= 43.8/0.0393 

= 1113°C 

5.1.3 Heat Exchange zone II 

Th,o=948°C 

<-Exhaust gases 

< -

Methanol flow^ 

Tc,i= 164.8 °C 

LMTD3=Ti-T2/ln(Ti/T2) 

= 1091.2 - 783.2/ ln( 1091.2/783.2) 

= 308/0.3316 

Th i=1635°C 

Te,o = 500 °C 

Th,i = 1256 °C 

Tc,o= 164.8 °C 
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= 929 °C 

5.1.4 Heat Exchange zone I 

Th,o=620°C 

^ 

Th,i = 948°C 

<-Exhaust gases 

Methanol flow^ 

Tc,o=164.8C 

T c, = 37 °C 

LMTD 4= T2-T1/ ln(T2/Ti) 

= 783.2-583/ln(783.2/583) 

= 200.2/ 0.2952 

= 678 °C 

5.2 Calculation of Reynolds Number, Heat Transfer Coefficients, Length and Area of the 

Reformer Zones 

5.2.1 Zone I (Preheating of Liquid Methanol) 

In the preheating of liquid methanol, a single-phase heat transfer is considered. 

D = characteristic length = 0.0254 m 

Avg Density (p) = 699 kg/m^ 

Avg Viscosity (p) = 0.0003211 Pa-s 

Avg Vol (m^/h) = 0.0223 mVh 
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Hence Avg velocity = 0.0223/ [(7r/4)*(0.0254)^] = 44 m/h = 0.01222 m/s 

Therefore, Re = 675.47 

Reynolds number for the zone I or the preheating methanol liquid zone is 675.47 

p = 0.0003211 Pa-s 

k = 0.1786 W/mK 

Cp = 5145.5 J/kgK 

Hence, Pr = pCp/k = 9.25 

For zone 1, the flow is laminar as Re< 2100. Hence, Sieder-Tate Equation can be 

used. It c an b e a pplied t o 1 aminar flow sy stems involving o rganic fluids i n h eating o r 

cooling applications [36]. 

Nu = 1.86[(Re)(Pr)(rf/Z)]°" (5.1) 

Substituting values in the above equation gives, 

hi = 89 W/m^ K. 

The Colbum equation for turbulent heat transfer in smooth pipes is given below. 

This equation can be applied where Re> 10000 for heating or cooling organic fluids and 

with horizontal or vertical pipes [36]. 

7VM = 0.027 Re° 'Pr°" (5.2) 

5.2.2 Zone II (Vaporizing Methanol) 

5.2.2.1 Single-Phase Liquid Region 

The temperature of the liquid entering the tube is below the local boiling point. This 

liquid zone extends to the point where the temperature has increased and the local 
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pressvu-e decreased such that the local saturation point has been reached. Some further 

superheat is required to initiate nucleation. The liquid zone heat transfer coefficients are 

calculated from [41] 

ki 
= 0.023 

'd:G^ 

KM, , 

hd 

0 . 8 / NO.33 

y ^i J 

... For turbulent flow 

kt 
= 0.023(Re)°"(Pr)°" 

D = characteristic length = 0.0254 m 

Liquid density = 619.96 kg/m^ 

Liquid viscosity = 0.00009527 Pa-s 

Liquid volume (m^/h) = 0.0248 mVh 

Hence velocity = 0.0248/ [(7i/4)*(0.0254)^] = 48.94 m/h = 0.0136 m/s 

p = 0.00009527 Pa-s 

k = 0.1607 W/mK. 

Cp = 3960 J/kgK. 

Therefore, Re = p^Y^T>M = 2248 & Pr = piCpi/ki = 2.347 

Substittiting above, he = 92.6 W/m^K 

5.2.2.2 Boiling region 

The boiling region can be fiirther sub-divided into a sub cooled boiling, saturated 

boiling, and two-phase boiling regions. The saturated and two-phase regions are 
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combined into one, with an equation combining the convective and nucleate boiling 

mechanisms [41]. 

hb = s.hnb + hcb 

where hb = the boiling coefficient 

hnb = the nucleate boiling coefficient 

hcb - the convective coefficient 

s = Chen suppression factor. 

The convective coefficient is a function of the Martinelli two-phase flow parameter, Xtt, 

and the Chen correlation using this factor is 

'^ = f{Xtt) = F^ ch 

KH = 2.35 
Xtt 

+ 0.213 
0.73 

Xtt = 
l-x 

V A y 

,0.57 ,0.11 

where x = weight fraction of vapor 

We assume that around 9% of methanol by weight is vaporized. Hence, x = 0.09 

Pv = 20.65 kg/m3 

pi = 0.0001756 Pa-s 

Hence, 

p, = 619.96 kg/m3 

Pv = 0.00001495 Pa-s 

Xtt 
1-0.09 

0.09 

\/ 20.65 
619.96J 

Xtt =1.78 

'°"Vo.00009527^°" 

0.00001495 
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FcH = 2.35 

1 nO.73 

+ 0.213 
1.78 

Feb =1.95 

Now, 

hcb = 180.6 W/m^K 

he - liquid phase heat transfer coefficient based on the amount of liquid present. 

The nucleate boiling coefficient, hnb is determined using the following relation: 

h„t=A*e°'F{P^) Q in BTU/hr ft^ 

hnb in BTU/hr ft^ F 

Where A* is a constant evaluated at a reference reduced pressure of Pr= 0.0294 and F(Pr) 

is a function of reduced pressure. 

A* = 0.0000658 (Pe) '̂  ^̂  Pc is in Ibf/in^ 

F(PJ=I.8P/ 

Pc = 8097 kPa = 1174.37 Ibf/in^ 

, 0.17 

Pr = P/Pe = 1950/8097 = 0.2408 

Q = 3440 W = 11737.7 BTU/hr ft 

Hence 

A* = 0.0000658 (1174.37)'̂ •^^ 

A* = 0.00864 

Now, F ( P J = 1.8(0.2408)°" =1.413 
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K,=A*Q°'F{P^) 

h,,, = 0.00864x(l 1737.7)°'X 1.413 

hnb = 8.61 BTU/hr ft̂  F = 48.8 W/m^K 

The suppression factor, s, is determined as follows: 

1. Calculate liquid phase Reynolds number (ReO 

Rei = 2248 

2. Calculate two-phase Reynolds number (Re2p) 

Re,^=Re,(F,)'^^ 

Re2p = 2248(1.95)'^^ = 5180 

3. Calculate suppression factor using the following expression 

1 
s = [l +2.53(10"') Re 1.17 

2p 

[l + (2.53xlO-')(5180)'"J 

Using s, hnb, and hcb, hb can be determined. 

h2 = hb = s.hnb + hcb 

= 0.95 (48.8)+180.6 

= 227 W/m^K 

5.2.3 Zone III (Preheating of gaseous methanol) 

D = characteristic length = 0.0254 m 

41 



Avg Density =15.22 kg/m3 

Avg Vise = 0.00002004 Pa-s 

Avg Vol (m3/h) = 1.1571 m3/h 

Hence Avg velocity =1.1571/ [(7i/4)*(0.0254)^] = 2283.5 m/h = 0.6343 

Therefore, Re = 12236.6 

p = 0.00002004 Pa-s 

k = 0.06 W/mK 

Cp = 2996 J/kgK 

Hence, Pr = pCp/k = 1.0006 

Substituting in Eq {2} above, we get Nu = 50.299 

Now Nu = hD/k 

D = 0.0254m 

Hence, 

h=h3=121 W/m^K 

5.2.4 Zone FV (Methanol reforming) 

The reforming section of the inner tube is actually a packed bed catalytic reactor. 

The catalyst used is 1/8' inch size alumina pellets which are randomly arranged and 

firmly held in position within a vessel or tube. Methanol vapors are supplied to the 

reactor with the bulk of it flowing through the packed bed. Contacting with the 

catalytically active particles, the methanol undergoes chemical transformation to form 

hydrogen and carbon monoxide. Heat is supplied through the tube wall as the reaction is 
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endothermic. The heat transfer coefficient on the bed side can be obtained by using 

Leva's correlation [42]: 

hM 
' ' =0.813 

V M 
exp(-4.6D /£>,) 

k 

Dt= tube diameter = 0.025 m 

Dp = particle diameter = 0.003m 

hb = heat transfer coefficient on the bed side 

k = thermal conductivity = 0.1444 

p = viscosity = 0.00008109 Pa-s 

G = pV 

p = density = 6.51 kg/m^ 

Volumetric flow rate (m^/h) = 3.1723 m /̂h 

Hence velocity (V) = 3.1723/ [(7i/4)*(0.025)^] = 6462 m/h = 1.795 m/s. 

Substituting the above values in Leva's correlation, we calculate the value of bed side 

heat transfer coefficient as 

h^xQ.025 ^p^_f 0.003x6.51x1.795^°' 
— O.ol3 

0.1444 0.00008109 
exp(-4.6x0.003/0.025) 

h4 = hb = 637 W/m^K 

5.2.5 Heat transfer coefficient for the Annulus between Outer and Inner Pipe: 

The Reynolds Number for the annulus is given by [43] 

^^2R{\-K)pV 
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Where 

R = outer radius of the annulus = 0.05m 

K = ratio of internal to external radius of the annulus= 0.25 

p = density of the fluid = 0.4958 kg/m^ 

p = viscosity of the fluid = 0.00000763 Pa-s 

Fluid volume (m^/h) = 310.43 m /̂h 

Hence velocity =310.43/ {(7t/4)*[(0.1)'-(0.0254)']} =42292 m/h = 11.7 m/s 

V = velocity of the fluid =11.7 m/s. 

Therefore, 

_ 2 X 0.05 X (1 - 0.25) x 0.4958x11.7 _ _ „ Re = ^̂  '- = 57020 

0.00000763 

Re = 57020. 

Prandtl number for the annulus is calculated using, 

Pr = pCp/k 

Where 

p = viscosity of the fluid = 0.00000763 Pa-s 

Cp = specific heat = 7701.5 J/kg K 

k= thermal conductivity of the fluid = 0.0995 W/m K. 

Hence, 

Pr = 0.591 

When a fluid flows in a conduit having other than a circular cross section, such as 

an armulus, it is convenient to express heat transfer coefficients by the same type of 

equations used for pipes and tubes. To permit this type of representation for annulus heat 
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transfer, we employ an equivalent diameter De. The equivalent diameter is four times the 

hydraulic radius (rb). The hydraulic radius is the radius of a pipe equivalent to the amiulus 

cross section. Hydraulic radius is the ratio of flow area to the wetted perimeter [43]. 

In our case, the flow area = (7c/4) (D2'-Di') 

For a circular annulus, 

Wetted perimeter = 47i (D2 + Di) 

Where D, = diameter of the inside tube = 0.025 m 

D2 = diameter of the outside tube = 0.1 m. 

Hence, 

„ . 4;r(z),--D,0 / ^ 
4;r(A+Z),) ^- ' " " "•^^^"^• 

Now, the heat fransfer coefficients for flow through amiulus is given by the equation [43] 

^ ^ ^ = 0.027(Rer(Pr)°". 

Substituting respective values, we get the value or annulus heat transfer coefficient (ban) 

/?.x 0.075 
= 0.027(57020)"* (0.591)° 33 

0.0995 

ho = han = 193 W/m^K. 

5.2.6 Calculation of Overall Heat Transfer Coefficients [44] 

As the tube wall is very thin (0.0014 m), we neglect the thin metal pipe wall 

resistance and use the following correlation: 
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t/ = 
^ x l 

yd. h.j 

d^xlnjdjd^) 

2k... 
+ • 

d^ = outside diameter of tube = 0.025m 

c?, = inside diameter of the 25 mm tube = 0.0236 m 

h^ = Inside heat transfer coefficient of every section (hi, h2, hs, lu) 

km= Conductivity of stainless steel tube = 14 W/mK. 

Thus, for every zone of the reformer, we calculate the overall heat transfer coefficient as 

shown in the following table (Table 5.1). 
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Table 5.1 Heat Duty, Area, LMTD, Length and Heat Transfer Coefficients for the 
Methanol Reformer Zones 

Process 
zone 

Heating 

up liquid 

methanol 

Vaporizin 

g liquid 

methanol 

Preheating 

Methanol 

gas 

Heat reqd 

for the 

reaction 

Annulus 

between 

two tubes 

Heat Duty 
(W) 

1750 

3440 

3000 

13200 

Heat 
fransfer 

coefficient 
(h) 

(W/m'°K) 

hi=89 

h2=227 

h3=121 

h4=637 

ho=193 

U 
(W/m'°K) 

59 

101 

72 

145 

LMTD 
(°C) 

678 

929 

1113 

1330 

AREA 
(m') 

0.043 

0.036 

0.037 

0.068 

Total Length 

Length 
(m) 

0.54 

0.45 

0.46 

0.86 

2.31 

The total length varies from that of the proposed 2 m since the effect of catalyst pellets on 

heat transfer is not considered. 
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5.3 Performance of Membrane Separation Svstem 

5.3.1 Membrane Material of Constmction 

Commercial gas separation membranes are based on modified cellulose, treated 

polysulfone or a substituted polycarbonate polymer. The membrane used for hydrogen 

recovery is primarily made from polysulfone treated with silicone pore sealant 

(PERMEA PRISM™) [37]. Permeability of hydrogen and carbon monoxide through the 

polysulfone membrane are as follows [38]: 

PH2 =12.1 Barrers 

Pco = 0.302 Barrers 

I Barrer= IO"''^cm\STP)-cm/cmVcniHg = 7.501 * 10"'V^ (STP).mys.mlPa. 

5.3.2 Performance of Membrane Separation 

There are three factors that affect the performance of an isothermal membrane gas 

separation system, viz. selectivity (a), pressure ratio ((p), and stage cut (9) [39]. 

5.3.2.1 Selectivity (a) 

The product of solubility and the diffiisivity of a species through a membrane is 

called t he m embrane p ermeability a nd i s a m easure 0 f t he a bility 0 f t he m embrane 10 

permeate gas. The measure of the ability of a membrane to separate two gases i and j is 

the ratio of their permeabilities ttjj, called the membrane selectivity [39]. 

aij = Pi/Pj 
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ttH2/CO - P H 2 / P C 0 

aH2/co = 12.1/0.30 = 40.33 ~ 40 

5.3.2.2 Pressure Ratio (cp) 

The ratio of feed pressure (pi) to the permeate pressure (pp) across the membrane is 

called the pressure ratio and is defined as [39] 

9 = Pf/Pp 

Pf=1950kPa 

Pp = 250 kPa 

Therefore, 

(p = Pf/Pp= 1950/250 

(p = 7.8 

The importance of pressure ratio in the separation of gas mixtures can be shown as 

follows [39]: 

Let hydrogen concentration at feed pressure pf be Uhf and that of carbon monoxide 

be ricf. Let the hydrogen concentration at the permeate side at pressure pp be Uhp. Then, the 

flow of hydrogen across the membrane can only occur if partial pressure of hydrogen on 

the feed side of the membrane nhf*Pf is greater than the partial pressure of hydrogen on 

the permeate side of the membrane nhp*pp, that is, 

nhf*pf>nhp*pp (5.3) 

The maximum separation achieved by the membrane can be expressed as 
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^^Pl_ 

«/./ Pp 

The above expression suggests that the separation achieved can never exceed the 

pressure ratio (cp), irrespective of the selectivity of the membrane. 

— <(p 

^ < 7 . 8 

5.3.2.3 Stage Cut (0) 

The fraction of the feed gas that permeates the membrane is defined as the stage cut 

[39]. 

9 = Permeate Flow 

Feed Flow 

Permeate flow = 21.324 liter/min 

Feed flow = 34.388 liter/min 

9=21.324/34.388 

9 = 0.62 

5.3.3 Calculation of Volumetric Flow of Hvdrogen passing through the Membrane 
Surface Area 

The expression for the hydrogen flux passing through the membrane (QH2/A) is 

given by the following equation [40]: 

50 



QHI _PHl^PHlf-PH2p) 

A z 

For the membrane separator: 

PH2 = permeability of hydrogen through polysulfone membrane 

= 12.1 Barrers = 9.076 * 10"'̂  m^ (STP).m/s.mlPa 

PH2f = hydrogen partial pressure at the feed side 

= 0.67 * 1950 = nOOkPa = 1300000 Pa 

PH2p = hydrogen partial pressure at the permeate side 

= 0.922 * 250 = 230.5 kPa = 230500 Pa 

z = thickness of polysulfone membrane 

Since the value of membrane thickness is not known, we calculate the constant (QH2Z/A) 

(QH2Z/A) = 9.076 * 10"'̂  (1300000 - 230500) 

= 9.706 * 10"" m^ (STP).m/s.m' 

5.4 Bumer Analysis 

For the initial start-up operation, propane is used instead of Carbon monoxide for 

combustion. 

5.4.1 CO Bumer 

Stoichiometric mixture (mass basis) = (F/A)s = 0.41 

Real exhaust gas flow rate: 0.34 kg/s 

CO feeding rate: 3.5 mol/s 
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Theoretical heat generation: qgen = 62323020 J/min 

Heat Duty: q = 37311600 J/min (exclusive of heat by radiation) 

Reaction: 

CO + 0.5(02 + 3.773N2) -> CO2 + 1.887 N2 

AH= -566 KJ/mol 

5.4.2 Propane Bumer 

Stoichiometric mixture (mass basis): (F/A)s = 0.053 

Real exhaust gas flow rate = 0.34 kg/s 

CO feeding rate = 0.45 mol/s 

Theoretical heat generation: qgen = 57935218 J/min 

Heat Duty: q = 42977904 J/min 

Reaction: 

C3H8 + 6(02 + 3.773N2) ^ 3CO2 + 4H20g + 22.638 N2 

AH= -2046 KJ/mol 

Thus, we need to bum CO 3-4 times faster to produce the same amount of heat as a 

propane bumer can generate. 
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5.5 Heat Curve for Methanol Reformer 

At 1950 kPa for Methanol, 

Table 5.2 Enthalpy Change Values for Increase in Temperature of Methanol Reformer 

Deha H (W) 

0 

1750 

5190 

8190 

21390 

Temperature (C) 

37 

164.8 

164.8 

500 

500 

The above table (Table 5.2) shows the changes in enthalpy values for increase in the 

methanol reformer temperature. There are four zones in the plot of T vs Delta H (Figure 

5.2) for methanol reformer as shown in the following plot (Figure 5.2). In zone I 

(preheating of methanol liquid), the methanol temperature is raised from 37 °C to 164.8 

°C which is the boiling point of methanol at a pressure of 1950kPa. The enthalpy change 

associated with this change is 1750W. In zone II, or the vaporizing zone, methanol is 

vaporized at a constant temperature of 164.8°C and the enthalpy change associated with 

vaporization is 3440W. hi the zone III, i.e., the preheating of gaseous methanol, the 

enthalpy change is 3000W for a temperature rise from 164.8°C to 500°C. Finally, in 

reaction zone FV, at 500°C, the hydrogen producing reaction takes place with change in 

enthalpy of 13200W. 
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Figure 5.2 Heat Curve for Methanol reformer 
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5.6 Heat Curve for Exhaust Gas Bumer 

At 101.3 kPa for exhaust gases. 

Table 5.3 Enthalpy Change Values for Increase in Temperature of Exhaust Gas Bumer 

Delta H (W) 

29221 

20746 

12470 

6470 

Temperature (C) 

2040 

1640 

1240 

940 

620 

The above table (Table 5.3) shows the change in enthalpy values for the increase in 

exhaust gas bumer temperature. The following figure (Figure 5.3) is the heat curve for 

the exhaust gas bumer. The graph runs from HI to H2. The point HI corresponds to 2040 

°C and and when the exhaust gases cool down to 620 °C atpoint H2, we seea total 

enthalpy change of 29221 W. The graph is linear and is plotted with intermediate points 

as shown above the graph. 
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Figure 5.3 Heat Curve for Exhaust Gas Bumer 
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5.7 Heat Curve for the Methanol reformer and the Exhaust Gas Bumer 

Table 5.4 Enthalpy Change Values for hicrease in Temperature of Methanol Reformer 
and Exhaust Gas Bumer 

Methanol Reformer 

Delta H (W) 

0 

1750 

5190 

8190 

21390 

Temperature 

(°C) 

37 

164.8 

164.8 

500 

500 

Exhaust Gas Bumer 

Delta H (W) 

29221 

20746 

12470 

6470 

Temperature 

(°C) 

2040 

1640 

1240 

940 

600 

Table 5.4 shows the comparison of enthalpy changes for the methanol reformer and 

the exhaust gas bumer for the respective temperature changes. Figure 5.4 shows a 

combined (superimposed) graph of methanol reformer and the exhaust gas bumer. The 

methanol reforming reaction is an endothermic reaction and the graph mns from zone 1 

to 4 a s s hown i n t he d irection o f t emperature i ncrease. T he c urve for t he e xhaust g as 

bumer mns from point HI to H2 in the direction of temperature decrease. The 

combustion is an exothermic process, and the heat liberated by the combustion is seen as 

excess of the heat required by the endothermic reforming reaction. The exhaust gases are 

liberated at 2040 °C and they leave the reformer at 620 °C while the reforming liquid, i.e 

methanol enters at 37 °C and the reformed product leaves the reactor at 500 °C. 
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Figure 5.4 Heat Curve for Methanol Reformer and the Exhaust Gas Bumer 
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5.8 Heat Curve II for Methanol Reformer (Delta H vs Length of the Reactor) 

Table 5.5 Change in Enthalpy Values over the Length of the Methanol Reformer 

Reactor Length (m) 

0 

0.54 

0.99 

1.45 

2.31 

Delta H (W) 

1750 

5190 

8190 

21390 

The above table (Table 5.5) gives the enthalpy change values for the change in 

length of the methanol reformer tube. The following plot (Figure 5.5) is that of the 

enthalpy change vs the length of the reformer tube. The lengths are calculated in the 

Table 5.1, p 48, and the corresponding enthalpy change associated with the change in 

length is calculated and plotted in Figure 5.5. At 0.54 m of reactor length, the enthalpy 

change associated is 1750W. For the next 0.45 m, there is 3440W change in enthalpy. 

When we go further by 0.46 m, the delta H associated is 3000W, and for the final 0.86 m 

of the reformer tube, the enthalpy is increased by 13200W. 
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CHAPTER 6 

CHEMCAD SIMULATION 

The entire process was simulated using ChemCAD. The process flow sheet is as 

shown in Figure 6.1 p 64. 

6.1 Equipment Specificafions 

6.1.1 Equipment 8: Methanol Feed Pump 

The mode is selected to 'Specify Outlet Pressure' and the outlet pressure is selected 

as 1950 kPa. %. The type of the pump is selected as 'Positive Displacement Pump' or 

'Reciprocating Pump'. The pump efficiency is assumed to be 75% 

6.1.2 Equipment 1: Methanol Reformer 

A GEBBS reactor is selected for the simulation of the reformer. The mode selected 

was 'Isothermal' and the temperature of 500 °C is selected. The reaction phase was 

selected as 'Vapor or Mixed Phase' and the pressure of 1950 kPa is entered in the 

optional specifications. There are no inert components or solids. 

6.1.3 Equipment 2: Heat Exchanger 1 (Cooler) 

The pressure drop is assumed to be zero. For the design mode, the temperature of 

stream 3 is specified as 60 °C. 
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6.1.4 Equipment 3: Membrane Separator/ Component Separator 

There is no module for a 'Membrane Separator'. So instead, we use a Component 

Separator coupled with a valve which performs the same fimction as a membrane 

separator. The Membrane Separator need separate pressure specifications for permeate 

and non-permeate sfreams. The module for Component Separator in ChemCAD cannot 

assign separate pressures for permeate and non-permeate streams. So we use a 

'superficial' valve after the permeate side to assign a different pressure to it. For the 

component separator, the temperature and pressure for the top and bottom stream were 

specified as 60 °C and 1950 kPa. Also, the split fractions for hydrogen, CO and methanol 

were specified with respect to the top product. The top product in this case was the non-

permeate sfream. For the 'superficial' valve on the permeate side, the outlet pressure is 

specified as 250kPa. 

6.1.5 Equipment 5: PROX Reactor 

The GIBBS Reactor module is selected for the PROX reactor. The temperature is 

selected as 250 °C in the 'Isothermal' mode. The reaction phase is selected as 'Mixed or 

Vapor Phase'. Here the hydrogen and nitrogen are selected as 'Inert Components' so that 

the main reaction is the oxidation of CO. We have assumed that only carbon monoxide 

will be oxidized in the ChemCAD Gibbs model of the PROX reactor. In reality, some 

fraction of Hydrogen is also oxidized. 
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6.1.6 Equipment 6 and 7: Mixers 

Both 6 and 7 are used to mix 2 streams. The output pressure of 101.325 kPa was 

specified. 

6.1.7 Equipment 9: Heat Exchanger 2(Cooler) 

The pressure drop is assumed to be negligible. For the design specification, the 

outlet temperature is specified as 60°C. 

6.1.8 Equipment 10: Exhaust Gas Bumer 

The thermal design mode is selected to 'Adiabatic'. The reaction phase is selected as 

'Mixed or Vapor Phase'. Nitrogen was selected as the inert component. 

6.1.9 Feed to the ChemCAD simulation 

The input feed to the ChemCAD simulation was 8 mol/min of methanol at 37°C 

and ambient pressure. 
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6.2 Use of GIBBS Reactor for ChemCAD Simulation of the Reformer, PROX reactor 

and the Exhaust Gas Bumer 

The GIBBS reactor model is used to simulate reactors for the purpose of heat and 

material balances. Product rates, compositions, and thermal conditions were calculated 

by minimization of Gibbs free energy, subject to an overall mass balance. All 

components in the component list are considered in the Gibbs free energy minimization 

calculation unless specifically excluded or identified as inert. For standard database 

components, the minimum information required by the Gibbs reactor is the identity of the 

feed and product streams. Temperature and pressure may be set, if different from those 

derived from the feed stream. No reaction stoichiometry is required. The reactor can be 

operated with a single liquid or vapor phase specified, or as a mixed phase reactor. It can 

be operated isothermally at a specified temperature, or at the feed temperature. Heat can 

be added or removed, and temperature limits can also be imposed [34]. 

The Gibbs reactor is based on the principle that at chemical equilibrium the total 

Gibbs energy of the system has its minimum value. By attempting to minimize the total 

energy of the system, individual equilibria constants are not considered. The possible 

reaction species are noted, and the distribution of these species is established using a 

general mathematical technique to give a minimum free energy for the system. Thus, for 

any reaction system, all important species are noted and solution is carried out without 

prior knowledge of the chemistry of the system. The solution so achieved satisfies all 

expected equilibria and is accurate within the limits of the thermodynamic data. 

The free energy minimization method is not a time dependent model, and the results 

obtained only represent the hypothetical equilibrium mixture, which would be reached 

65 



after some required time. For this reason, there is a provision to eliminate species from 

consideration when prior knowledge of the system makes this possible [34]. 

This method of generalized free energy minimization ensures that important 

reactions are not unintentionally excluded from consideration, since all possible reactions 

species are considered. 
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CHAPTER 7 

CONCLUSIONS 

7.1 Conclusion based on Energy Balance Analysis 

The heat duty required for methanol reforming is about 1.54 * 10̂  J/min and the 

exothermic heat by the exhaust gas combustion is 2.14 * 10̂  J/min (see Table 7.1). The 

excess energy can be calculated as: 

%)excess= {(2.14 - 1.54)* loV 1.54* 10^}* 100 

= 38.9% excess energy. 

Based on the heat balance, operation of the reforming reaction as designed is 

feasible and the heat generated by exhaust gas combustion is sufficient for the reforming 

reaction to take place. 

Table 7.1 Heat Duty and Heats of Reactions Comparison for Methanol Reforming and 
CO Combustion. 

Reactor Summary 

Reaction 

Temperature (deg C) 

Heat Duty J/min 

Overall Heat of 

Rxn(J/min) 

Methanol Reforming 

500 

1.537e+006 

723136 

CO combustion 

2043.6 

-2.1443e+006 
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7.2 Conclusion based on Efficiency of the Entire Svstem 

CH3OH -> CO + 2H2 

1 gmol of methanol ^ 2 gmol of hydrogen ^ 1 gmol of carbon monoxide 

Since 8 gmol/min of methanol is reacted, the theoretical yield of hydrogen is 16 

gmol/min. But at the end of the process, we only achieve 13.7 gmol/min of hydrogen 

which is the actual yield. 

Percent Yield is used as an index of efficiency for a chemical process. It is the ratio 

of actual yield to theoretical yield, multiplied by 100. 

13 7 
PercentYield = ~— x 100 = 85.6% 

16 

The fiiel cell stack is about 50% efficient. Hence, the overall efficiency of the 

system becomes 42.8%. If the efficiency of the PROX reactor is considered, the overall 

efficiency further reduces to about 25%. 

7.3 Conclusion based on Bench Marking Performance 

This system has been assembled based on the calculations presented in this thesis. 

During the next few weeks, the system will be brought online and operated to test the 

various design features presented here. Once the actual flow rates, temperatures, 

pressures, hydrogen purity, heating requirements, etc., have been measured, adjustments 

to this initial design may be required. This information will be made available in the 

thesis by May 2004. 
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APPENDDC A 

METHANOL AND EXHAUST GAS PROPERTIES 

Stream name. 

- - Overall - -

Molar flow gmol/min 

Mass flow g/min 

Temp C 

Pres kPa 

Vapor mole fraction 

Enth J/min 

Average mol wt 

Actual dens kg/m3 

Actual vol m3/h 

Std liq liter/min 

Std vap 0 C m3/h 

- - Liquid only - -

Molar flow gmol/min 

Mass flow g/min 

Cp J/kg-K 

Average mol wt 

I/P zone 1 

8.0000 

256.3360 

37.0000 

1950.0001 

0.0000 

-1.9037E+006 

32.0420 

777.9086 

0.0198 

0.3202 

10.7586 

8.0000 

256.3360 

4612.32 

32.0420 

0/Pzonel 

8.0000 

256.3360 

164.7000 

1950.0001 

0.0000 

-I.7987E+006 

32.0420 

619.9646 

0.0248 

0.3202 

10.7586 

8.0000 

256.3360 

5679.74 

32.0420 
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Stream Name. I/P zone 1 0/P zonel 

Actual dens kg/m3 

Actual vol liter/min 

Vise Pa-sec 

Th cond W/m-K 

777.9086 

0.3295 

0.0004667 

0.1966 

619.9646 

0.4135 

0.0001756 

0.1607 
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Table A.2. Properties of Methanol in Zone II (from ChemCAD simulation) 

Stream Name. I/P zone2 0/P zone 2 

- Overall 

Molar flow gmol/min 

Mass flow g/min 

Temp C 

Pres kPa 

Vapor mole fraction 

Enth J/min 

Average mol wt 

Actual dens kg/m3 

Actual vol m3/h 

Std liq liter/min 

Std vap 0 C m3/h 

8.0000 

256.3360 

164.7000 

1950.0001 

0.0000 

-1.7987E+006 

32.0420 

619.9646 

0.0248 

0.3202 

10.7586 

8.0000 

256.3360 

164.8000 

1950.0001 

1.000 

-1.5923E+006 

32.0420 

20.6518 

0.7447 

0.3202 

10.7586 

- - Vapor only - -

Molar flow gmol/min 

Mass flow g/min 

Average mol wt 

Actual dens kg/m3 

Actual vol m3/h 

Vise Pa-sec 

8.0000 

256.3360 

32.0420 

20.6518 

0.7447 

1.4956-005 
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Stream Name. I/P zone2 0/P zone 2 

- - Liquid only - -

Molar flow gmol/min 

Mass flow g/min 

Average mol wt 

Actual dens kg/m3 

Actual vol liter/min 

Vise Pa-sec 

8.0000 

256.3360 

32.0420 

619.9646 

0.4135 

0.0001756 
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Table A.3. Properties of Methanol in Zone III (from ChemCAD simulation) 

Sfream Name. I/P zone3 0/P zone 3 

- - Overall - -

Molar flow gmol/min 

Mass flow g/min 

Temp °C 

Pres kPa 

Vapor mole fraction 

Enth J/min 

Average mol wt 

Actual dens kg/m3 

Actual vol m3/h 

Std liq liter/min 

Std vap 0 C m3/h 

8.0000 

256.3360 

164.8000 

1950.0001 

1.000 

-1.5923E+006 

32.0420 

20.6518 

0.7447 

0.3202 

10.7586 

8.0000 

256.3360 

500.0000 

1950.0001 

1.000 

-1.4121E+006 

32.0420 

9.7992 

1.5695 

0.3202 

10.7586 

- - Vapor only - -

Molar flow gmol/min 

Mass flow g/min 

Cp J/kg-K 

Average mol wt 

Actual dens kg/m3 

8.0000 

256.3360 

2752.4498 

32.0420 

20.6518 

8.0000 

256.3360 

3240.4999 

32.0420 

9.7992 
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Sfream Name. 

Actual vol m3/h 

Vise Pa-sec 

Th cond W/m-K 

I/P zone3 

0.7447 

1.495e-005 

0.0333 

0/P zone 3 

1.5695 

2.513e-005 

0.0867 
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Table A.4. Properties of Methanol in Zone FV Tfrom ChemCAD simulation) 

Stream Name. 

- - Overall - -

Molar flow gmol/min 

Mass flow g/min 

Temp °C 

Pres kPa 

Vapor mole fraction 

Enth J/min 

Average mol wt 

Actual dens kg/m3 

Actual vol m3/h 

Std liq liter/min 

Std vap 0 C m3/h 

- - Vapor only -

Molar flow gmol/min 

Mass flow g/min 

Average mol wt 

Actual dens kg/m3 

Actual vol m3/h 

Vise Pa-sec 

Th cond W/m-K 

I/P zone4 

8.0000 

256.3360 

500.0000 

1950.0001 

1.000 

-1.4121E+006 

32.0420 

9.7992 

1.5695 

0.3202 

10.7586 

8.0000 

256.3360 

32.0420 

9.7992 

1.5695 

7.513e-005 

0.0867 

0/P zone4 

23.9952 

256.2815 

500.0000 

1950.0001 

1.000 

-5.6507E+005 

10.6805 

3.2201 

4.7752 

0.7405 

32.2692 

23.9952 

256.2815 

10.6805 

3.2201 

4.7752 

8.706e-005 

0.2022 
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Table A.5 Properties of Exhaust Gases in the Annulus (from ChemCAD simulation ) 

Stream Name Annulus I/P Annulus 0/P 

- - Overall - -

Molar flow gmol/min 

Mass flow g/min 

Temp °C 

Pres kPa 

Vapor mole fraction 

Enth Btu/min 

Average mol wt 

Actual dens kg/m3 

Actual vol m3/h 

Vapor only - -

Molar flow gmol/min 

Mass flow g/min 

Average mol wt 

Actual dens kg/m3 

Actual vol m3/h 

Cp J/kg-K 

Vise Pa-sec 

Th cond W/m-K 

29.8197 

917.5083 

2040.0000 

101.3000 

1.000 

-718.46 

30.7685 

0.3621 

389.6818 

29.8197 

917.5083 

30.7685 

0.3621 

389.6818 

7797.2659 

1.904e-005 

0.1352 

29.8197 

917.5083 

620.0000 

101.3000 

1.000 

-2359.3 

30.7685 

0.6296 

231.1857 

29.8197 

917.5083 

30.7685 

0.6296 

231.1857 

7606.3560 

1.622e-005 

0.0638 
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APPENDIX B 

CHEMCAD SIMULATION OUTPUT 

CHEMCAD 5.3.1 

Job Name: Methanol Reformer Project 

FLOWSHEET StJMMARY 

Page 1 

Date: 01/12/2004 Time: 23:17:43 

Equipment Label Stream Numbers 

1 GIBS 
2 HTXR 
3 CSEP 
4 VALV 
5 GIBS 
6 MIXE 
7 MIXE 
8 PUMP 
9 HTXR 

10 GIBS 

1 
2 
3 
4 
7 
9 
5 
13 
8 
11 

-2 
-3 
-9 
-5 
-8 
10 
6 
-1 
-14 
-12 

-11 
-7 

Stream Connections 

Stream 

1 
2 
3 
4 
5 

Equipment 
From To 

Stream 

6 
7 
8 
9 

10 

Equipment 
From To 

7 
7 5 
5 9 
3 6 

6 

Calculation mode : Sequential 
Flash algorithm : Normal 

Equipment Calculation Sequence 
8 1 2 3 4 6 7 10 

No recycle loops in the flowsheet. 

COMPONENTS 

1 
2 
3 
4 
5 
6 
7 

ID # 
1 

48 
117 
62 
49 
47 
46 

Name 
Hydrogen 
Carbon Monoxide 
Methanol 
Water 
Carbon Dioxide 
Oxygen 
Nitrogen 

THERMODYNAMICS 

K-value model 

Enthalpy model 
Liquid density 

* Component ID 

Stream 

11 
12 
13 
14 

Equipment 
From To 

6 10 
10 

8 
9 

: UNIFAC 
No corrrection for vapor fugacity 
Latent Heat 

: Library 

1 does not have UNIFAC subgroups. 
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CHEMCAD 5.3.1 Page 2 

Job Name: ddl5 Date: 01/12/2004 Time: 23:17:43 

* Component ID 48 does not have UNIFAC subgroups. 

* Component ID 49 does not have UNIFAC svibgroups. 
* Component ID 47 does not have UNIFAC subgroups. 
* Component ID 46 does not have UNIFAC subgroups. 
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CHEMCAD 5.3.1 Page 3 

Overall Mass Balance 

Hydrogen 
Carbon Monoxide 
Methanol 
Water 
Carbon Dioxide 
Oxygen 
Nitrogen 

Total 

gmol/min 
Input 
0.000 
0.000 
8.000 
0.000 
0.000 
5.838 

21.962 

35.800 

Output 
13.741 
0.485 
0.000 
2.259 
7.515 
0.951 
21.962 

46.913 

9/ 
Input 
0.000 
0.000 

256.336 
0.000 
0.000 

186.810 
615.243 

1058.390 

^min 
Output 
27.698 
13.594 
0.000 

40.702 
330.720 
30.431 
615.243 

1058.389 
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CHEMCAD 5.3.1 

EQUIPMENT SUMMARIES 

Page 4 

Gibs Reactor Summary 

Equip. No. 
Name 

Thermal mode 
Reaction Phase 
Temperature C 
Heat duty J/min 
Pressure kPa 
Overall Heat of Rxn 
(J/min) 

Inert Component 
Inert Component 

1 

2 
1 

500.0000 
1.3376e+006 
1950.0000 

723136.0000 

0 
0 

250, 
-217378. 

-328488. 

5 

2 
1 

.0000 

.6250 

.5000 

1 
7 

10 

1 
1 

2043.6683 

-2.3443e-t-006 

7 
0 

Equip. No. 
Name 

T Out Str 1 C 
Calc Ht Duty J/min 
LMTD Corr Factor 
Strl Pout kPa 

Heat Exchanger Summary 

2 9 

60.0000 60.0000 

-312691.3750 -97869.7266 
1.0000 1.0000 

1950.0000 101.3250 

Equip. No. 
Name 

Pressure Out kPa 
Top Temp Spec 
Bottom Temp Spec 
Component No. 1 
Component No. 2 
Component No. 3 

Component Separator Summary 

3 

1950.0000 
60.0000 
60.0000 
0.1428 
0.8554 
0.0019 

Equip. No. 
Name 

Pressure out kPa 

Valve Summary 

4 

250.0000 
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CHEMCAD 5.3.1 Page 5 

EQUIPMENT SUMMARIES 

Equip. No. 
Name 

Output Pressure kPa 

Mixer Summary 

6 

101.3000 

7 

101.3250 

Pump Summary 

Equip. No. 
Name 

Output pressure 
Efficiency 
Calculated power 
Calculated Pout 
Head m 
Vol. flow rate 
(liter/min) 

Mass flow rate 
Pump type 

kPa 

W 
kPa 

g/min 

1950. 
0. 

13. 
1950. 
242. 

0. 

256. 

8 

,0000 
,7500 
.5469 
,0000 
,3322 
.3295 

.3360 
1 
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CHEMCAD 5.3.1 Page 6 

STREAM PROPERTIES 

Stream No. 1 
Name reformer I/P 

Overall 
Molar flow gmol/min 
Mass flow g/min 
Temp C 
Pres kPa 
Vapor mole fraction 
Enth J/min 
Tc C 
Pc kPa 
Std. sp gr. wtr = 1 
Std. sp gr. air - 1 
Degree API 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Vpres kPa 
- - Vapor only 
Molar flow gmol/min 
Mass flow g/min 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Cp J/kmol-K 
Z factor 
vise kg/m-sec 
Th cond W/m-K 
- - Liquid only - -
Molar flow gmol/min 
Mass flow g/min 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Cp J/kmol-K 
Z factor 
vise kg/m-sec 
Th cond W/m-K 
Surf tens N/m 

8.0000 
256.3360 
38.2123 

1950.0001 
0.0000 

'1.9029E+006 
239.4900 
8097.0001 

0.801 
1.106 

45.1116 
32.0420 

776.7107 
0.3300 
0.3202 

179.3092 
32.551 

8.0000 
256.3360 
32.0420 

776.7107 
0.3300 
0.3202 

179.3092 
83867.1672 

0.0410 
0.0004601 

0.1962 
0.0211 

2 
O/P-reformer 

23.9968 
256.3328 
500.0000 
1950.0001 

1.000 
-5.6535E+005 

-198.2375 
3371.4074 

0.346 
0.369 

276.9595 
10.6820 
3.2206 
79.5925 
0.7406 

537.8559 

23.9968 
256.3328 
10.6820 
3.2206 
79.5925 
0.7406 

537.8559 
30250.0240 

1.0063 
3.106e-005 

0.2022 

3 
i/p meml 

23.9968 
256.3328 
60.0000 

1950.0001 
1.000 

-8.7804E+005 
-198.2375 
3371.4074 

0.346 
0.369 

276.9595 
10.6820 
7.4540 
34.3886 
0.7406 

537.8559 

23.9968 
256.3328 
10.6820 
7.4540 
34.3886 
0.7406 

537.8559 
29043.4418 

1.0090 
1.731e-005 

0.1085 

4 
permeate 

14.8710 
60.0993 
60.0000 

1950.0001 
1.000 

-1.2325E+005 
-229.0445 
1992.4192 

0.138 
0.140 

892.8863 
4.0414 
2.8183 
21.3247 
0.4355 

333.3139 

14.8710 
60.0993 
4.0414 
2.8183 
21.3247 
0.4355 

333.3139 
28991.8161 

1.0096 
1.276e-005 

0.1652 
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CHEMCAD 5.3.1 Page 7 

STREAM PROPERTIES 

Stream No. 
Neune 

Overall 
Molar flow gmol/min 
Mass flow g/min 
Temp C 
Pres kPa 
Vapor mole fraction 
Enth J/min 
Tc C 
Pc kPa 
Std. sp gr. wtr = 1 
Std. sp gr. air = 1 
Degree API 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Vpres kPa 

Vapor only 
Molar flow gmol/min 
Mass flow g/min 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Cp J/kmol-K 
Z factor 
vise kg/m-sec 
Th cond W/m-K 

5 
permeate 

14.8710 
60.0993 
57.6530 

250.0000 
1.000 

1.2325E+005 
-229.0445 
1992.4192 

0.138 
0.140 

892.8863 
4.0414 
0.3669 
163.7840 
0.4355 

333.3139 

14.8710 
60.0993 
4.0414 
0.3669 
163.7840 

0.4355 
333.3139 

28980.9077 
1.0012 

1.269e-005 
0.1635 

6 
Air Feed2 

2.8000 
80.7824 
27.0000 
101.3250 

1.000 
163.38 

-141.8281 
3604.5859 

0.866 
0.996 

31.9273 
28.8509 
1.1717 
68.9437 
0.0934 
62.7582 

2.8000 
80.7824 
28.8509 
1.1717 
68.9437 
0.0934 
62.7582 

29175.5536 
0.9999 

1.841e-005 
0.0256 

7 
I/P PROX 

17.6710 
140.8817 
35.0243 
101.3250 

1.000 
-1.2308E+005 

-212.2021 
2730.3029 

0.267 
0.275 

399.2075 
7.9725 
0.3152 

447.0016 
0.5289 

396.0721 

17.6710 
140.8817 
7.9725 
0.3152 

447.0016 
0.5289 

396.0721 
28915.8879 

1.0005 
1.540e-005 

0.1217 

8 
I/P Cooler2 

17.0933 
140.8823 
250.0000 
101.3250 

1.000 
-3.4046E-f005 

-200.1105 
3431.3237 

0.264 
0.285 

403.9172 
8.2419 
0.1919 

733.9620 
0.5336 

383.1240 

17.0933 
140.8823 
8.2419 
0.1919 

733.9620 
0.5336 

383.1240 
30449.5672 

1.0004 
2.178e-005 

0.1863 
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CHEMCAD 5.3.1 Page 8 

STREAM PROPERTIES 

Streeun No. 9 
Name non-permeate 

- - Overall -
Molar flow gmol/min 
Mass flow g/min 
Temp C 
Pres kPa 
Vapor mole fraction 
Enth J/min 
Tc C 
Pc kPa 
Std. sp gr. wtr = 1 
Std. sp gr. air = 1 
Degree API 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Vpres kPa 
- - Vapor only - -
Molar flow gmol/min 
Mass flow g/min 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Cp J/kmol-K 
Z factor 
vise kg/m-sec 
Th cond W/m-K 

9.1258 
196.2335 
60.0000 

1950.0001 
1.000 

•7.5479E+005 
-159.0444 
3927.3978 

0.644 
0.742 

88.3230 
21.5032 
15.0394 
13.0480 
0.3051 

204.5420 

9.1258 
196.2335 
21.5032 
15.0394 
13.0480 
0.3051 

204.5420 
29127.5674 

1.0067 
1.927e-005 

0.0514 

10 
Air feedl 

25.0000 
721.2712 
27.0000 
101.3250 

1.000 
1458.7 

-141.8281 
3604.5859 

0.866 
0.996 

31.9273 
28.8508 
1.1717 
615.5685 
0.8338 

560.3411 

25.0000 
721.2712 
28.8508 
1.1717 
615.5685 
0.8338 

560.3411 
29175.5536 

0.9999 
1.841e-005 

0.0256 

11 
i/p combusto 

34.1258 
917.5047 
27.8673 
101.3000 

1.000 
-7.5333E+005 

-146.4580 
3700.0159 

0.806 
0.928 

43.9890 
26.8860 
1.0884 
842.9957 
1.1389 

764.8832 

34.1258 
917.5047 
26.8860 
1.0884 
842.9957 
1.1389 

764.8832 
29143.9760 

1.0000 
1.828e-005 

0.0308 

12 
to exhaust 

29.8197 
917.5071 

2043.6680 
101.3000 

1.000 
-7.5331E+005 

-77.0092 
4234.9510 

0.829 
1.062 

39.2716 
30.7685 
0.1618 

5670.3305 
1.1083 

668.3672 

29.8197 
917.5071 
30.7685 
0.1618 

5670.3305 
1.1083 

668.3672 
42997.4810 

1.0001 
7.111e-005 

0.1354 
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CHEMCAD 5.3.1 Page 9 

STREAM PROPERTIES 

Stream No. 
Name 

Overall 
Molar flow gmol/min 
Mass flow g/min 
Temp C 
Pres kPa 
Vapor mole fraction 
Enth J/min -i 
Tc C 
Pc kPa 
Std. sp gr. wtr = 1 
Std. sp gr. air = 1 
Degree API 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Vpres kPa 

Vapor only -
Molar flow gmol/min 
Mass flow g/min 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Cp J/kmol-K 
Z factor 
Vise kg/m-sec 
Th cond W/m-K 

Liquid only 
Molar flow gmol/min 
Mass flow g/min 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Cp J/kmol-K 
Z factor 
Vise kg/m-sec 
Th cond W/m-K 
Surf tens N/m 

13 
i/p-pumpl 

8.0000 
256.3360 
37.0000 
101.3250 
0.0000 

.9037E+006 
239.4900 
8097.0001 

0.801 
1.106 

45.1116 
32.0420 
777.9086 

0.3295 
0.3202 

179.3092 
30.724 

14 
To Fuel Cell 

17.0933 
140.8823 
60.0000 
101.3250 

1.000 
-4.3833E+005 

-200.1105 
3431.3237 

0.264 
0.285 

403.9172 
8.2419 
0.3014 

467.4046 
0.5336 

383.1240 

17.0933 
140.8823 
8.2419 
0.3014 

467.4046 
0.5336 

383.1240 
29675.0762 

1.0004 
1.555e-005 

0.1314 

8.0000 
256.3360 
32.0420 

777.9086 
0.3295 
0.3202 

179.3092 
83605.4911 

0.0021 
0.0004628 

0.1966 
0.0212 

89 



CHEMCAD 5.3.1 

FLOW SUMMARIES 

Page 10 

Stream No. 
Stream Name 
Temp C 
Pres kPa 
Enth J/min 

re: 

-1 
Vapor mole fraction 
Total gmol/min 
Flowrates in 
Hydrogen 

gmol/min 

Carbon Monoxide 
Methanol 
Water 
Carbon Dioxii 
Oxygen 
Nitrogen 

Stream No. 
Stream Name 
Temp C 
Pres kPa 
Enth J/min 

ie 

-1 
Vapor mole fraction 
Total gmol/min 
Flowrates in 
Hydrogen 

gmol/min 

Carbon Monoxide 
Methanol 
Water 
Carbon Dioxide 
Oxygen 
Nitrogen 

Stream No. 
Strecun Name 
Temp C 
Pres kPa 
Enth J/min 

1 
former I/P 

38.2123 
1950.0001 
.9029E-t-006 

0.00000 
8.0000 

0.0000 
0.0000 
8.0000 
0.0000 
0.0000 
0.0000 
0.0000 

5 
permeate 
57.6530 

250.0000 
.2325E+005 

1.0000 
14.8710 

13.7125 
1.1570 
0.0016 
0.0000 
0.0000 
0.0000 
0.0000 

9 
non-permeate 

-7. 
Vapor mole fraction 
Total gmol/min 
Flowrates in 
Hydrogen 

gmol/min 

Carbon Monoxide 
Methanol 
Water 
Carbon Dioxide 
Oxygen 
Nitrogen 

60.0000 
1950.0001 
.5479E+005 

1.0000 
9.1258 

2.2843 
6.8414 
0.0000 
0.0000 
0.0000 
0.0000 
0.0000 

2 
O/P-reformer 

500.0000 
1950.0001 

-5.6535E+005 
1.0000 

23.9968 

15.9968 
7.9984 
0.0016 
0.0000 
0.0000 
0.0000 
0.0000 

6 
Air Feed2 

27.0000 
101.3250 
163.38 
1.0000 
2.8000 

0.0000 
0.0000 
0.0000 
0.0000 
0.0000 
0.5880 
2.2120 

10 
Air feedl 

27.0000 
101.3250 
1458.7 
1.0000 

25.0000 

0.0000 
0.0000 
0.0000 
0.0000 
0.0000 
5.2500 
19.7500 

3 
i/p meml 
60.0000 

1950.0001 
-8.7804E+005 

1.0000 
23.9968 

15.9968 
7.9984 
0.0016 
0.0000 
0.0000 
0.0000 
0.0000 

7 
I/P PROX 
35.0243 
101.3250 

-1.2308E+005 
1.0000 
17.6710 

13.7125 
1.1570 
0.0016 
0.0000 
0.0000 
0.5880 
2.2120 

11 
i/p combusto 

27.8673 
101.3000 

-7.5333E+005 
1.0000 

34.1258 

2.2843 
6.8414 
0.0000 
0.0000 
0.0000 
5.2500 
19.7500 

4 
permeate 
60.0000 

1950.0001 
-1.2325E+005 

1.0000 
14.8710 

13.7125 
1.1570 
0.0016 
0.0000 
0.0000 
0.0000 
0.0000 

8 
I/P Cooler2 

250.0000 
101.3250 

-3.4046E+005 
1.0000 

17.0933 

13.7125 
0.0000 
0.0000 
0.0032 
1.1586 
0.0071 
2.2120 

12 
to exhaust 
2043.6680 
101.3000 

-7.5331E+005 
1.0000 

29.8197 

0.0282 
0.4853 
0.0000 
2.2562 
6.3561 
0.9439 
19.7500 
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CHEMCAD 5.3.1 Page 11 

FLOW SUMMARIES 

Stream No. 
Stream Name 
Temp C 
Pres kPa 
Enth J/min -i 
Vapor mole fraction 
Total gmol/min 
Flowrates in gmol/min 
Hydrogen 
Carbon Monoxide 
Methanol 
Water 
Carbon Dioxide 
Oxygen 
Nitrogen 

13 
i/p-pumpl 
37.0000 
101.3250 

.9037E+006 
0.00000 
8.0000 

0.0000 
0.0000 
8.0000 
0.0000 
0.0000 
0.0000 
0.0000 

14 
To Fuel Cell 

60.0000 
101.3250 

-4.3833E+005 
1.0000 
17.0933 

13.7125 
0.0000 
0.0000 
0.0032 
1.1586 
0.0071 
2.2120 
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CHEMCAD 5.3.1 

HEATING CURVES SUMMARY 

Eqp # 2 Unit type : HTXR Unit name: 

Stream 2 

Page 12 

NP 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 

Eqp # 

Temp 
C 

500.0 
451.1 
402.2 
353.3 
304.4 
255.6 
206.7 
157.8 
108.9 
60.0 

Pres 
kPa 

1950.0 
1950.0 
1950.0 
1950.0 
1950.0 
1950.0 
1950.0 
1950.0 
1950.0 
1950.0 

9 Unit type : 

Stream 8 

NP 

1 
2 
3 
4 
5 
6 
7 
8 
9 

10 

Temp 
C 

250.0 
228.9 
207.8 
186.7 
165.6 
144.4 
123.3 
102.2 
81.1 
60.0 

Pres 
kPa 
101.3 
101.3 
101.3 
101.3 
101.3 
101.3 
101.3 
101.3 
101.3 
101.3 

Del H 
J/min 

3.13E+005 
2.77E+005 
2.42E-I-005 
2.07E+005 
1.72E+005 
1.38E+005 
1.03E+005 
6.85E-f004 
3.42E-t-004 

0.000 

HTXR Unit 

Del H 
J/min 

9.79E+004 
8.69E+004 
7.59E+004 
6.50E-1-004 
5.41E+004 
4.32E-t-004 
3.23E+004 
2.15E+004 
1.07E+004 

0.000 

Vapor 
g/min 

256 
256 
256 
256 
256 
256 
256 
256 
256 
256 

name: 

Vapor 
g/min 

141 
141 
141 
141 
141 
141 
141 
141 
141 
141 

Liqu: id 
g/min 

Liqu: 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

id 
g/min 

0 
0 
0 
0 
0 
0 
0 
0 
0 
0 

Vap mole 
frac. 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 

Vap mole 
frac. 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 

Vap mass 
frac. 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 

Vap mass 
frac. 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
1.0000 
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APPENDIX C 

EXHAUST GAS HEAT-EX SIZING SIMULATION OUTPUT 

The exhaust gases are too hot (620''C) to be released into the atmosphere. Hence, 

we use an air cooler to cool off the gases. What follows is the output report for sizing of 

the exhaust gas heat exchanger. 

93 



CHEMCAD 5.3.1 
Page 1 

Job Name: Exhaust Gas Heat Exchanger Date: 01/13/2004 Time: 12:12:29 

FLOWSHEET SUMMARY 

Equipment Label stream Numbers 

1 HTXR 1 .2 

Stream Connections 

Stream Equipment 
From To 

1 1 
2 1 

Calculation mode : Sequential 
Flash algorithm : Normal 

Equipment Calculation Sequence 
1 

No recycle loops in the flowsheet. 

COMPONENTS 

1 
2 
3 
4 
5 
6 
7 
8 

ID # 
117 

1 
48 
49 
46 
47 
62 

475 

Name 
Methanol 
Hydrogen 
Carbon Monoxide 
Carbon Dioxide 
Nitrogen 
Oxygen 
Water 
Air 

THERMODYNAMICS 

K-value model 

Enthalpy model 
Liquid density 

UNIFAC 
No corrrection for vapor fugacity 
Latent Heat 
Library 

* Component ID 
* Component ID 
* Component ID 
* Component ID 
* Component ID 
* Component ID 

1 does not have UNIFAC subgroups. 
48 does not have UNIFAC subgroups. 
4 9 does not have UNIFAC subgroups. 
46 does not have UNIFAC subgroups. 
47 does not have UNIFAC subgroups. 

475 does not have UNIFAC svibgroups. 
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CHEMCAD 5 . 3 . 1 P a g e 2 

Overall Mass 

Methanol 
Hydrogen 

Balance 

Carbon Monoxide 
Carbon Dioxide 
Nitrogen 
Oxygen 
Water 
Air 

Total 

gmol/min 
Input 
0.000 
0.028 
0.485 
6.356 
19.750 
0.944 
2.256 
0.000 

29.820 

Output 
0.000 
0.028 
0.485 
6.356 

19.750 
0.944 
2.256 
0.000 

29.820 

Input 
0.000 
0.057 
13.595 
279.732 
553.278 
30.202 
40.645 
0.000 

917.508 

g/min 
Output 
0.000 
0.057 
13.595 

279.732 
553.278 
30.202 
40.645 
0.000 

917.508 
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CHEMCAD 5.3.1 Page 3 

EQUIPMENT SUMMARIES 

Heat Exchanger Summary 

Equip. No. 
Name 

T Out Str 1 C 
Calc Ht Duty J/min 
LMTD Corr Factor 
Strl Pout kPa 

70. 
-565156, 

1. 
101. 

1 

,0000 
,0625 
,0000 
.3000 

96 



CHEMCAD 5.3.1 Page 4 

STREAM PROPERTIES 

Stream No. 
Name 

Overall 
Molar flow gmol/min 
Mass flow g/min 
Temp C 
Pres kPa 
Vapor mole fraction 
Enth J/min 
Tc C 
Pc kPa 
Std. sp gr. wtr = 1 
Std. sp gr. air = 1 
Degree API 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 

- Vapor only 
Molar flow gmol/min 
Mass flow g/min 
Average mol wt 
Actual dens kg/m3 
Actual vol liter/min 
Std liq liter/min 
Std vap 0 C liter/min 
Cp J/kg-K 
Z factor 
Vise Pa-sec 
Th cond W/m-K 

Exhaust 1 

29.8197 
917.5084 
620.0000 
101.3000 

1.000 
I.4892E-I-006 

-77.0091 
4234.9498 

0.829 
1.062 

39.2716 
30.7685 
0.4196 

2186.4293 
1.1083 

668.3683 

29.8197 
917.5084 
30.7685 
0.4196 

2186.4293 
1.1083 

668.3683 
1206.3558 

1.0003 
3.822e-005 

0.0638 

Exhaust 2 

29.8197 
917.5084 
70.0000 
101.3000 

1.000 
I.0544E+006 

-77.0091 
4234.9498 

0.829 
1.062 

39.2716 
30.7685 
1.0934 
839.1353 
1.1083 

668.3683 

29.8197 
917.5084 
30.7685 
1.0934 
839.1353 
1.1083 

668.3683 
1030.7022 

0.9993 
1.853e-005 

0.0263 
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CHEMCAD 5.3.1 Page 5 

FLOW SUMMARIES 

Stream No. 
Stream Name 
Temp c 
Pres kPa 
Enth J/min -2 
Vapor mole fraction 
Total gmol/min 
Flowrates in gmol/min 
Methanol 
Hydrogen 
Carbon Monoxide 
Carbon Dioxide 
Nitrogen 
Oxygen 
Water 
Air 

1 
Exhaust 1 
620.0000 
101.3000 

.4892E+006 
1.0000 

29.8197 

0.0000 
0.0282 
0.4853 
6.3561 
19.7500 
0.9439 
2.2562 
0.0000 

2 
Exhaust 2 

70.0000 
101.3000 

-3.0544E+006 
1.0000 

29.8197 

0.0000 
0.0282 
0.4853 
6.3561 

19.7500 
0.9439 
2.2562 
0.0000 
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Overall Data: 
Area Total m2 
Area Rec[uired m2 
Area Effective m2 
Area Per Shell m2 

TABULATED ANALYSIS 

2.04 % Excess 
1.80 U Calc. W/m2-K 
1.86 U Service W/m2-K 
1.86 Heat Duty J/min 

3.26 
25.13 
24.34 

5.65E+005 
Weight LMTD C 208.52 LMTD CORR Factor 1.0000 CORR LMTD C 208.52 

Shellside Data: 
Crossflow Vel. m/sec 
Film Coef. W/m2-K 
Allow Press. Drop kPa 
Inlet Nozzle Size m 
Outlet Nozzle Size m 

Rho V2 IN g/m-sec2 

1.6E+001 EndZone Vel. 1.5E+001 Window Vel. 1.3E+001 
175.16 Reynold's No. 8907 

Calc. Press. Drop kPa 8.61 
Press. Drop/In Nozzle kPa 0.45 
Press. Drop/Out Nozzle kPa 0.09 
Mean Temperature C 45.00 
Press. Drop (Dirty) kPa 14.65 

34.47 
0.10 
0.10 

475569.58 

Stream Analysis: 
SA Factors: A 10.49 B 70.01 
Idea Cross Vel. m/sec 22.18 

C 8.61 E 10.88 F 0.00 
Idea Window Vel. m/sec 16.60 

Tubeside Data: 
Film Coef. W/m2-K 37.12 
Allow Press. Drop kPa 34.47 
Inlet Nozzle Size m 0.10 
Outlet Nozzle Size m 0.10 
Interm. Nozzle Size m 0.00 
Velocity m/sec 7.14 

Reynold's No. 1281 
Calc. Press. Drop kPa 0.13 
Press. Drop/In Nozzle kPa 0.00 
Press. Drop/Out Nozzle kPa 0.00 
Mean Temperature C 345.00 

Clearance Data: 
Baffle m 
Tube Hole m 
Bundle Top Space m 
Bundle Btm Space m 

0.0032 Outer Tube Limit 
0.0008 Outer Tube Clear. 
0.0000 Pass Part Clear. 
0.0000 

m 
m 
m 

0.1910 
0.0090 
0.0000 

Baffle Parameters: 
Number of Baffles 
Baffle Type 
Inlet Space 
Center Space 
Outlet Space 
Baffle Cut 
Baffle Overlap 
Baffle Cut Direction 
Baffle Cut Basis 
Number of Int. Baffles 
Baffle Thickness 

m 
m 
m 
percent 
m 

Single Segmental 
0.154 
0.150 
0.154 
32.000 
0.030 

Horizontal 
Diauneter 

0 
0 . 0 0 3 

Shell: 
Shell O.D. 
Shell I.D. 
Bonnet I.D. 
Type 
Imping. Plate 

m 0.20 
m 0.20 
m 0.20 

AEL 
Impingement Plate 

Orientation 
Shell in Series 
Shell in Parallel 
Max. Heat Flux Btu/ft2-hr 
Sealing Strip 

H 
1 
1 

0.00 
5 
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Tubes: 
Number 
Length 
Tube O.D. 

Tube I.D. 
Tube Wall Thk. 
No. Tube Pass 

m 
m 

m 
m 

65 
1.00 
0.010 

0.008 
0.001 

1 

Tube Type 
Free Int. Fl Area 
Fin Efficiency 

Tube Pattern 
Tube Pitch 

m2-K/W 
m2-K/W 
m2-K/W 
m2-K/W 
m2-K/W 

0. 
0. 
0. 
0 
0 

m2 

m 

.00571 

.00018 

.00001 

.00018 

.02694 

Bare 
0.00 
0.000 

TRI60 
0.013 

Resistances: 
Shellside Film 
Shellside Fouling 
Tube Wall 
Tubeside Fouling 
Tubeside Film 
Reference Factor (Total outside area/inside area based on tube ID) 1.250 

Pressure Drop Distribution: 
Tube Side 
Inlet Nozzle 
Tube Entrance 
Tube 
Tube Exit 
End 
Outlet Nozzle 
Total Fric. 
Total Grav. 
Total Mome. 
Total 

kPa 
kPa 
kPa 
kPa 
kPa 
kPa 
kPa 
kPa 
kPa 
kPa 

0, 
0, 
0. 
0. 
0. 
0. 
0. 
0. 
-0 
0 

.0027 

.0107 
,1043 
.0100 
.0000 
.0006 
.1283 
.0023 
.0002 
.1304 

Shell Side 
Inlet Nozzle 
Impingement 
Bundle 
Outlet Nozzle 
Total Fric. 
Total Grav. 
Total Mome. 
Totol 

kPa 
kPa 
kPa 
kPa 
kPa 
kPa 
kPa 
kPa 

0.4454 
0.3091 
8.0812 
0.0900 
8.6165 
-0.0042 
0.0024 
8.6148 
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