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CHAPTER I 

INTRODUCTION 

In recent years, the continued impact of energy conservation measures has resulted in a 

trend towards increased economics, safe operations and environmental consciousness 

which along with other factors influence the design of chemical processes. The above 

mentioned factors have driven engineers and designers towards tighter integration of 

process plants catalyzed by the ever-increasing cost of capital. As Luyben (Tzouanas et al., 

1990) puts it"... economic need to operate industrial processes as close as possible to 

optimum specifications with minimum energy consumption while safety and environmental 

constraints are not violated has produced processes that are more complicated ..." The 

bottom line stands out quite obviously—greater demand on improved control! 

Any modem chemical process industry is made up of many multi-unit processes. A 

multi-unit process, in turn, is made up of many individual processes. Most chemical 

processes show a nonlinear behavior or exhibit a nonlinear dependence in the variables that 

govern the process phenomena. Multi-unit processes are coupled and interactive, i.e., a 

process variable in one of the units depends on one or more variables in another unit. 

These interactions present an even greater challenge to the control structure. The 

interactions between the units may occur over a larger time frame than that for the response 

of any single process unit, making them significant enough to be accounted for in order to 

obtain satisfactory control over the entire process. 

Gone are the days when process design and process control were two unrelated areas 

of our science. With rapid development in the field of semiconductors and computer 

hardware technology, process control computers and high performance multi-variable 

controllers have become faster and powerful enough to handle several million instructions 
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per second. While the task of designing, operating and maintaining such a highly 

integrated multi-unit process is certainly not impossible, nevertheless it remains a 

challenging problem. 

1.1. Advanced Control Strategies 

With the changing trend towards integration of processes at the design stage and 

increasingly cheaper availability of computational hardware, it is only prudent that process 

control engineers look for methods to control a multi-unit process. Even though the final 

control in any process is implemented using conventional controllers such as Proportional 

(P), Proportional-Integral (PI), or Proportional-Integral-Derivative (PID) controllers, they 

have a limited range of applicability. Conventional control is based on the assumption of 

linear behavior of the process. Moreover, specific control problems associated with multi-

variable control like deadtime, multi-variable interactions, and unmeasurable process states 

severely limit conventional control performance. Due to the limitations of conventional 

control, advanced control strategies have become an important part of the control structure. 

Model-based control forms one aspect of the advanced control strategies. 

A model is a mathematical representation of any phenomenon or process. Models can 

be of several types-linear, nonlinear, empirical, parametric or phenomenological. Model-

based control strategies use mathematical models of the process to calculate the manipulated 

variable. Several kinds of model-based control strategies are already available as a result of 

the research in an effort to obtain improved control performance. Among them are quite a 

few strategies that are based on linear models, such as Internal Model Control (IMC) 

(Garcia and Morari, 1982, 1985), Dynamic Matrix Control (DMC) (Cutler et al., 1983) and 

some others that have IMC-type control schemes such as Model Algorithmic Control 

(MAC) (Richalet et al., 1979). Nonlinear models have also found many applications and 

have some distinct advantages over their linear counterparts. Generic Model Control 



(GMC) (Lee and Sullivan, 1988b), Nonlinear IMC (NLIMC) (Economu et al., 1986), and 

Nonlinear Predictive Model Control (Parrish and Brosilow, 1988) are some of the 

nonlinear model-based control strategies. 

1.2. Nonlinear Model-based Control 

The purpose of this research is to apply nonlinear model-based control strategies to 

integrated multi-unit processes and test their performance. While there are many different 

formulations available in model-based control, the techniques are similar in the sense that 

they make use of models to predict the behavior of the processes over some future time 

interval and base control calculations on the model predictions. Most of the models used 

for these predictions are linear approximations of the process or experimentally obtained 

step-response data. Real chemical processes generally are quite nonlinear, and often show 

changing behavior over a period of time. Linear models, therefore, are not characteristic of 

chemical processes, and at best, are locally valid and require substantial upsets for 

statistically confident parameterization. They may not be valid for either economic 

optimization or control as the process states or operating conditions change. Under these 

circumstances linear model predictions are not good approximations and hence it is 

important to seek other methods that yield high-performance control. The nonlinear models 

proposed for control of multi-unit processes are based on the process phenomena. They 

are derived from conservation and constitutive relationships such as the fundamental mass 

and energy balances, thermodynamics and kinetics, and hence are phenomenological 

models. The control strategy that uses nonlinear phenomenological models is termed as 

Nonlinear Process Model Based Control or Process Model Based Control (PMBC), for 

short. 

The process models used for control purposes can be nonlinear steady-state models 

which approximate the dynamic response of the process fairly accurately. The nonlinear 



process models are therefore called approximate models. The technique takes advantage of 

a rich library of steady-state process models available to control engineers and also helps 

development of new approximate models with the ability to make better predictions. 

Since the nonlinear process models are approximate models, they may not be 

completely true in their predictions. For effective control, the model must be true to the 

process and must, therefore, adapt to the changes in the process. Consequently, a few 

quantities are chosen to be adjustable parameters and the parameters are adjusted using 

measured process data to keep the approximate model true to the process. The model 

adaptation step is called Parameterization and is very important, particularly when the 

process characteristics change with time (e.g., catalyst activity, heat-exchanger fouling rate, 

or mass-transfer efficiencies). Adjustable parameters of the approximate model are chosen 

so as to incorporate process quantities about which the least information is available. The 

PMBC approximate model has an additional advantage in that it can also be used for 

steady-state optimization, apart from serving as a dynamic control model. 

Nonlinear PMBC has been successfully applied to many individually simulated 

processes such as coal gasification (Pandit and Rhinehart, 1989), binary distillation with 

sidestream draw (Riggs, 1989), wastewater neutralization (Choi and Rhinehart, 1986; 

Williams et al., 1990), single-effect evaporation (Lee et al., 1989), and batch 

polymerization (Zheng, 1990). The control strategy has also been implemented on 

industrial equipment (Riggs et al., 1990) and is still operational and in use. 

Nonlinear PMBC strategy can be used effectively to control highly nonlinear processes 

with a high degree of multi-variable coupling, deadtimes and unmeasurable process states. 

Therefore, it becomes attractive to extend its potential from single units to multi-unit 

processes. A framework can be developed in which the nonhnear PMBC will predict the 

behavior of the entire process based on the approximate models of the key units in the 

multi-unit process. In this manner, the controller can "look" at the entire process at one 



time while considering both multi-variable coupling and process nonlinearity when 

selecting a control action. 

1.3. Supercritical Fluid Extraction Process 

Several multi-unit processes are candidates for implementing PMBC strategy such as a 

train of distillation columns, heat-integrated multiple-effect evaporators, or a synthesis 

reactor followed by a separation sequence. A Supercritical Fluid Extraction (SFE) process 

was chosen as the example multi-unit process for one primary reason-a pilot-scale SFE 

process unit was available at the Separations Research Program (SRP), at The University 

of Texas at Austin. SRP offered to help in developing an understanding of the process 

phenomena and to provide any pertinent data on the process. Other reasons that helped to 

consolidate the decision are: 

i. The SFE process is an extremely nonlinear process characterized by a high degree 

of multi-variable coupling and exhibits varying response times in different units of the 

process; 

ii. SFE is a developing technology in the field of separations that has the potential for 

substantial energy savings and product quality enhancement, if properly utilized; 

iii. The U.S. Department of Energy (DOE) has identified that one of the reasons for 

industry's reluctance in applying SFE on a commercial basis is the lack of demonstrated 

control for maintaining product quality (Energy Conservation, 1989). 

Supercritical fluids (SCFs) are gases or liquids above their critical points. When a 

SCF is used as an extractive solvent, it is possible to separate a multi-component mixture 

by capitalizing on: 

i. the difference in component volatilities (salient feature of distillation); and 

ii. the differences in specific interactions between the mixture components and the 

SCF solvent (salient feature of liquid-liquid extraction). 



The application of SC!Fs as solvents is based on the experimental observation that 

many gases exhibit enhanced solvating power at conditions above their critical point. To 

appreciate fully the unique solvent characteristics of SCFs it is necessary to understand the 

phase behavior of pure SCF solvents. 

As a first approximation, the solvating power of a SCF can be related to the solvent 

density in the critical region. This statement can be rationalized by considering the density 

behavior of a pure component, which is shown schematically in Figure 1.1. For a reduced 

temperature, Tr, range of 0.9 to 1.2 and at reduced pressures, Pr, greater than 1.0, the 

reduced density ,pr, of the solvent can change from a value of about 0.1, a gas-like 

density, to about 2.5, a liquid-like density. As the reduced densities become liquid-like, 

the SCF begins to act like a liquid solvent. It is interesting to note that, as reduced 

temperature is increased to a value of 1.5, the SCF becomes more expanded. Therefore, to 

maintain liquid-like densities, the reduced pressure must be increased to values as high as 

10. When operating in the critical region both pressure and temperature can be used to 

regulate the density and, therefore, the solvating power of the SCF. The unique feature of 

a SCF is that it displays a wide spectrum of solvent characteristics. 

In addition to its unique solubility characteristics, SCF solvents possess certain other 

physico-chemical properties that add to their attractiveness as solvents. Even though they 

possesses liquid-like densities over much of the range of industrial interest, they exhibit 

gas-like transport properties of diffusivity and viscosity (Schneider, 1978). Additionally, 

they possess zero surface tension, allowing facile penetration into microporous material. 

The properties of gas-like diffusivity and viscosity, zero surface tension, and liquid

like density combined with a pressure-dependent solvating power have provided the 

impetus for applying SCF technology to a wide variety of separation problems. 
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Figure 1.1. Variation of the Reduced Density (pp of a Pure 
Component in the Vicinity of its Critical Point (CP) 
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Nevertheless, there still remains a certain skepticism from industry to apply the SCF 

technology on a commercial scale because of the stigma of high capital costs involved with 

the high-pressure equipment required for the process, relatively little known description of 

the process phenomena and thermodynamic behavior of SCFs, and finally, the lack of 

demonstrated control of the SFE process. 



CHAPTER II 

LITERATURE REVIEW 

The research deals primarily with multi-unit processes and their control, and therefore, 

the available literature falls into two main categories: 

i. the supercritical fluid extraction process; and 

ii. the control of multi-unit processes. 

2.1. Supercritical Fluid Extraction Overview 

Literature in the area of supercritical fluid technology is very extensive and many 

researchers have contributed to the understanding of the fluid phase behavior. However, 

there is a distinct demarcation in the areas of their research. While researchers involved in 

understanding the behavior of supercritical fluids concentrate more on the fundamental 

aspects like thermodynamics and phase behavior, those involved in applications of SCF 

technology examine the process from a transport phenomena standpoint. 

2.1.1. Supercritical Fluid Extraction Process Technology 

A few application-oriented studies have been presented in the literature. Brunner 

(1984) studied the use of supercritical carbon dioxide to separate ethanol from an aqueous 

stream using a spray column and examined the effects of pressure, temperature, and 

solvent-to-feed ratios. Peters and Teigs (1984) investigated the effect of packing in a 1 

inch (2.54 cm) diameter column. Eisenbach (1985) studied tiie fractionation of a mixture 

of high-boiling ethyl esters from fish oil using supercritical carbon dioxide. A heated 

section of the column was employed to improve the separation. Critical Fluid Systems 

(Moses et al., 1982; Moses and de Fillippi, 1984) investigated the performance of a 4 inch 

9 
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(10.16 cm) sieve tray extractor using near-supercritical carbon dioxide. The objective of 

the study was to evaluate the economic feasibility of separating alcohols (ethanol, 

isopropanol, and sec-butanol) using pilot-plant scale equipment. Another pilot-scale study 

involved the use of liquid carbon dioxide at 24°C and 56 atm and a 4 inch (10.16 cm) 

diameter Scheibel column (Schultz et al., 1974). 

Hydrodynamic and mass-transfer studies in supercritical fluid extraction have been 

investigated by researchers at The University of Texas at Austin. Lahiere (1986) completed 

a comprehensive study of the hydrodynamic and mass-transfer characteristics of a 1 inch 

(2.54 cm) diameter spray and sieve-tray supercritical fluid extractor. The effects of the two 

different types of contacting devices on the Sauter mean drop diameter, dispersed phase 

hold-up, flooding, and mass-transfer efficiency were analyzed. The different test systems 

studied were: 

i. acetone-water-toluene, operated under ambient conditions; 

ii. isopropanol-water-carbon dioxide; and 

iii. ethanol-water-carbon dioxide, operated at high pressure. 

In addition, Lahiere studied the effects of liquid (24°C and 82 atm) and supercritical 

(40°C and 102 atm) carbon dioxide on the mass-transfer efficiency of the system. He 

found the hydrodynamics near or in the critical region to be similar to the hydrodynamics 

of the acetone-water-toluene system. As a consequence, Lahiere was able to use liquid-

liquid extraction correlations to predict the results obtained from the supercritical fluid 

extractor. At the conditions of experimentation, the mass-transfer efficiency of the dense 

carbon dioxide was determined to be virtually unaffected by changes in the operating 

conditions. 

Rathkamp (1986) extended Lahiere's work on the same apparatus and chemical test 

systems to evaluate the performance of 5/8 inch (0.64 cm) metal Raschig rings. He used 
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liquid-liquid extraction correlations to predict the mass-transfer performance of the SFE 

process. 

Even though the literature in the process application area of SCF is extensive, it is very 

sketchy because process applications have been developed as the understanding of the 

fundamental behavior of SCFs increased. Unfortunately, many of the best successes are 

proprietary, such as the applications in foods, flavors, and fragrances, and the difficult 

separations of thermally labile pharmaceuticals; for the most part, information on these 

applications is not yet available in the open literature. More reviews on process application 

are available elsewhere (Williams, 1981; Paulaitis et al., 1982; Ely and Baker, 1983; Rizvi 

et al., 1986; Larson and King, 1986; Eckert et al., 1986; Johnston and Penninger, 1989). 

McHugh and Krukonis (1986) have put together a comprehensive overview on the SFE 

process principles and practice, discussing the process, the thermodynamics and phase 

behavior modeling, and several process patents connected with SFE. Stahl, Quirin and 

Gerard (1988) put together a similar overview examining dense gases for extraction and 

refining. Fundamentals of phase equilibria, methods, apparatus and plants for SFE, and 

applications of dense gases are discussed in detail. 

Martin and Seibert (1987) studied the SFE process from a process engineering 

perspective by using computer simulations to predict the process flows, the energy 

requirements, and the process conditions for an isopropanol-water-carbon dioxide system. 

The SFE process was modeled using a commercially available steady-state process 

simulation program PROCESS® provided by Simulation Sciences, Inc. Thus far, no 

rigorous dynamic simulation of any SFE process has been reported. 
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2.1.2. Supercritical Fluid Thermodynamics and 
Phase Behavior 

Most current work is centered around developing the thermodynamic aspects of 

supercritical fluid extraction to enable a better understanding of the molecular processes in 

SCF solutions. Any really widespread applications of SFE in tiie future are highly 

dependent on the ability of engineers to model and predict the phase equilibria in complex 

systems. 

Brennecke and Eckert (1989) did a comprehensive review on the experimental and the 

analytical efforts in phase equilibrium thermodynamics of SCF systems. They delineate the 

currentiy available data and those needed for further development. Capabilities and 

limitations of current correlative and predictive methods are also discussed. The last decade 

has seen major advances in modeling solubilities and phase behavior in SCF mixtures. It is 

possible to predict solubility of a solid in pure and mixed SCFs semi-quantitatively with 

perturbed hard-sphere equations of state (Dobbs et al., 1986,1987; Mart et al., 1986; 

Walsh et al., 1987; Wong et al., 1985), but it is necessary to have a good knowledge 

about the vapor pressures. For liquid-fluid and multi-phase systems, cubic equations of 

state and lattice models have been used to correlate complex phase behavior (McHugh and 

Krukonis, 1986; Panagiotopoulos and Reid, 1987; Lemert and Johnston, 1989; Kumar et 

al., 1987; Gilbert and Eckert, 1986; Bamberger et al., 1988), but enormous challenges 

remain to make these models predictive. 

Johnston et al. (1989) did a comprehensive review of the available models for 

prediction of supercritical fluid-mixture phase behavior. Models for both solid-fluid and 

liquid-fluid systems are discussed in detail, along with an extensive literature survey. They 

conclude that a single model cannot treat all cases. In solid-fluid systems, a limitation in all 

models based on the ideal gas reference state is the lack of vapor pressure data for nonpolar 

solids in the range of interest. Predictions and correlations of the critical curves, the critical 



13 

endpoints, and the solubilities near the critical endpoints are extremely difficult, because the 

behavior is nonclassical and values of chemical potential, /z/ are highly variable. In liquid-

fluid and multi-phase systems, adjustable interaction parameters are always required, given 

the complex phase behavior. With the use of adjustable parameters, in some cases witii 

temperature, pressure, density, and composition dependencies, a variety of phase diagrams 

may be correlated using the Peng-Robinson Equation of State (PR-EOS) (Peng and 

Robinson, 1976) and similar equations of state (EOS). Given the complexity of most 

liquid-fluid and multi-phase systems, particularly in the regions with high 

compressibiUties, enormous challenges remain to make these approaches predictive. 

Phase behavior for ternary mixtures of isopropanol-water-carbon dioxide at 

temperatures and pressures near the critical point of carbon dioxide can be predicted using 

the PR-EOS (Di Andretii and Paulaitis, 1989). Although the PR-EOS did not show 

quantitative agreement with the measured phase compositions, it did predict all the regions 

of multiple equilibrium phases. The phase behavior of the isopropanol-water-carbon 

dioxide system is quite complex, particularly at conditions near the critical point of carbon 

dioxide. The conditions are well within the range of operating conditions proposed for the 

SFE of organics from water using carbon dioxide. The possible existence of multiple 

phases becomes an important factor in the design and operation of extraction processes (Di 

Andreth and Paulaitis, 1987). 

2.2. Multi-unit Process Control Overview 

2.2.1. Conventional Control Methods 

Most of the control loops in any process plant are Single-Input Single-Output (SISO) 

control systems and are satisfactorily controlled by standard PID-controllers. However, a 

significant number of commercially important loops are multi-variable. Examples include 
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distillation columns, fluid catalytic cracking reactors, and multiple-effect evaporators. 

Automatic control of multi-variable processes with conventional control is severely limited. 

Conventional control cannot: 

i. decouple interactions among Uie manipulated and controlled variables in a multi-

variable process; 

ii. handle deadtimes on the order of, or larger than, the process response time 

constant; 

iii. determine controlled variable set-points from process operational objectives; 

iv. adapt to the system dynamics at a new state; 

V. control a nonlinear system when substantial deviations from steady-state occur, 

vi. adapt to a nonstationary process. 

2.2.2. Advanced Control Techniques 

Several multi-variable control techniques are available, some of which are: 

i. Relative gain arrays and decoupling; 

ii. Optimal control with state-space models; 

iii. Singular value decomposition; 

iv. Model Predictive Control (MPC); 

V. Internal Model Control (IMC); 

vi. Dynamic Matrix Control (DMC); 

vii. Generic Model Control (GMC). 

The literature in advanced control methods contains extensive discussions of the 

specialty mathematical theories underlying the methods (Wu and Liu, 1983; Tomizuka and 

Auslander, 1979), along with considerations about stability and robusmess (Hocken et al., 

1983; Srinivasan and Mellichamp, 1983). However, relatively few applications to real 

processes are described. As a result, the literature does not adequately address imponant 
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practical control features like computational speed, measurement errors, data filtering, 

model sensitivity to parameter values, optimal path determination and expected control 

performance. Furthermore, to create a tractable mathematical analysis, most of the 

theoretical work is based on the assumption of linear models of the process. Most 

industrial processes are time-varying and nonlinear. 

2.2.3. Multi-variable Decoupling Control Methods 

In a real multi-variable process, a change in one manipulated variable affects several 

controlled variables and cascades a sequence of interactions among different controllers. 

The cascading can become faster and lead to instability depending upon the nature of the 

interactions. One method of preventing instability is to decouple the controllers. Bristol 

(1966) proposed a Relative Gain Array (RGA), an analysis by which the measure of the 

interaction can be calculated. Also, RGA is a steady-state analysis and does not take the 

dynamic effects into consideration. However, with a nonhnear system, the Bristol RGA 

must be updated at each new process state. The multi-variable decoupling method 

discussed does not help in control when the process is characterized by unmeasurable states 

and deadtime. 

2.2.4. Deadtime Compensation Control Methods 

Measurement time delays can be caused by process transport delays, inertial effects, 

and off-Hne analysis time. As the deadtime approaches the order of the process time 

constant, SISO PID controllers must be detuned and allow long-term process deviations. 

Much process improvement includes the development of strategically located on-line 

continuous sensors (Doss et al., 1983) and the identification of measurable variables which 

will aid in estimation of the value of the non-accessible state (Ray, 1983; Billings and 

Leontaris, 1981; Kortum, 1979). Deadtime compensation methods must be used when 
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other techniques are not feasible. In the Smith-Predictor technique (Smith, 1957), a SISO 

process model is used to predict the current value of tiie controlled variable from past 

values and appropriate manipulated variable history. It must be noted that because of tiie 

deadtime involved, tiie current value is available only after some elapsed time. The model 

does not account for unmeasured disturbances, and therefore, cannot give the true state of 

tiie process. The Smitii-Predictor model is not automatically updated, and tiie model output 

can become significantiy erroneous as the process state and/or the process conditions 

change. It is especially sensitive to errors in deadtime. The Analytical-I*redictor metiiod 

(Doss and Moore, 1982; Moore, 1969) uses an approach similar to tiiat of the Smith-

Predictor model, but uses the latest available controlled variable value and recent history of 

control action, and extrapolates the future measured value of the controlled variable. It has 

tiie same multi-variable limitations as the Smith-Predictor. Kravaris and Wright (1989) 

formulated another Smith-like predictor that is easily extended to nonlinear processes. A 

process model is used to compute a corrective signal, which can then be added to the state 

measurement signal to predict what the state would have been if there were no deadtime. 

The approach consists of using a predictor model and linearizing the state feedback which 

makes the nonlinear system with deadtime behave like a linear system with deadtime. 

2.2.5. Adaptive and Model-based Control Methods 

The task of modeling time-varying, nonlinear processes is often a difficult task, and it 

has been the main motivation in the development of adaptive control strategies. The past 

two decades have seen active research in the area of adaptive control. Model Reference 

Adaptive Systems (MRAS), Self-Tuning Regulator or Controller (STR or STC), and 

Adaptive Predictive Control Systems (APCS) have been developed from different 

perspectives. 
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The problem of self-adjustment of the parameters of a controller to stabilize the 

dynamic characteristics of a negative feedback control system when process parameters 

change led to the development of MRAS (Landau, 1974). The APCS approach (Martin-

Sanchez, 1974,1976a, b) is a discrete-time multi-variable adaptive scheme. The APCS 

approach has been successfully applied in the past, e.g., to a distillation column (Martin-

Sanchez and Shah, 1984); however, in most cases, the process models are linear and 

tiierefore effective on nearly linear processes or over a limited range. APCS have been 

developed for unmeasured disturbances where the estimated disturbances are fitted to a 

difference equation by means of linear regression (Huang and Chao, 1985). Deshpande 

and Arulalan (1986) refer to a new algorithm as Simple Model Predictive Control, 

(SMPC). The only requirement for application is that the process be open-loop stable. 

SMPC is based on the assumption that the open-loop transfer function matrix and the 

closed-loop transfer function matrix can be equated. But the method is again based on 

linear-model equations. Many of the applications of the adaptive control reported in the 

literature are appHed to time-invariant linear systems. Very few show the theory applied to 

nonlinear and slowly time-varying systems. 

There are some attempts to develop a control strategy for nonlinear systems. The most 

notable being by Economu et al. (1986), who extended the IMC approach to nonlinear 

systems. The paper describes in detail the differences in treating linear and nonlinear 

systems from a mathematical as well as a control point-of-view. Bequette and Sistu (1989) 

proposed a nonlinear predictive control (NLPC) strategy based on a nonlinear, lumped 

parameter physical model of a process. A constrained optimization approach was used to 

estimate the unmeasured state variables, load disturbances and process parameters. 

Another class of controllers is based on process models where the model is true to the 

process. Cott and Sullivan (1987) describe the control and optimization of a binary 

distillation column. A short-cut, steady-state equilibrium model for the design of staged 
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processes (Smith and Brinkley, 1960a) was employed for tiie controller. To ensure 

consistency between the model and the process, a model parameter update was required. 

The model parameter update makes use of current values of the process variables. 

Cott et al. (1986) describe different selection techniques for the process model-based 

controllers. Selection of the "best" process model from a set of proposed models is often a 

difficult choice. The main criteria for the selection are model accuracy and computational 

effort. It is important that process model-based controllers possess the ability to update tiie 

model parameters to reflect the changing operating conditions of the real process. 

Lee and Sullivan (1988b) present a general framework for process controllers tiiat rely 

on models to approximate process behavior. By considering the performance in terms of 

time derivatives of the output variables, a generic model law can be derived. The paper 

illustrates how such a formulation leads to a single step solution. Several different classes 

of controllers are shown to be a subset of the generic controller through suitable choice of 

the model approximation. A deadtime compensation version of GMC is also presented. 

Choi and Rhinehart (1986) used a steady-state Process Model Based Control (PMBC) 

strategy to simulate waste-water pH control. Williams et al. (1990) showed how a slightiy 

modified process model using data obtained from a two-point base injection can yield 

significantiy improved control on simulations. Riggs and Rhinehart (1988) compared 

GMC and NLIMC for a wide range of exothermic CSTR control problems and found that 

both yield essentially similar control performance. They pointed out that GMC has an 

explicit numerical formulation, while NLIMC is an implicit one; therefore GMC is 

considerably easier to implement and requires much less computational effort. GMC has 

been successfully appHed to a binary distillation column (Riggs et al., 1990), and a 

sidestream-draw column (Riggs, 1989). Pandit and Rhinehart (1989) applied GMC and 

NLIMC strategies to a 4-input, 4-output coal gasifier and concurred witii tiie findings of 

Riggs and Rhinehart (1988). 
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Henson and Seborg (1990) review a theoretical framework for control of nonlinear 

systems based on concepts from differential geometry. The paper critically evaluates 

developments from a process control perspective and summarizes process-control 

applications. Basic concepts of Differential Geometric Control tiieory (Brockett, 1976; 

Kokotovic, 1985; Kantor, 1987) are explained and different input-output linearizing and 

decoupling techniques such as the Differential Geometric Approach (Isidori et al., 1981; 

Nijmeijer and Schumacher, 1986; Ha and Gilbert, 1986), Globally Linearizing Control 

(GLC) (Kravaris and Chung, 1987), GMC (Lee and Sullivan, 1988a, b). Internal 

Decoupling (Balchen et al., 1988), Unified Differential Geometric Approach (Henson and 

Seborg, 1989) are discussed. Comparison of these techniques based on basic 

characteristics and types of process control problems for which they can be appHed are also 

discussed. Even though the techniques considered have different approaches , they are 

some modification of a general differential geometric framework which is based on input-

output exact linearization and decoupling. While GMC, Intemal Decoupling and the 

Unified Approach are applicable to models in which the control variables appear 

nonlinearly, the other techniques in comparison are restricted to control linear models. 

Henson and Seborg mention that GMC is closely related to the standard differential 

geometric approach of input-output linearization and decoupling. They add that GMC is 

applicable to a very restrictive class of systems because the GMC approach is based on the 

assumption that the models can be solved directly for the manipulated variable, and it 

requires each output to be directiy coupled to atleast one input. Their claim, however, is 

not correct because the manipulated variables need not appear explicitiy in tiie approximate 

model. The outputs can be an implicit function and can be expressed by another model 

equation. They also add that all the theories proposed and studied have been investigated 

only in a simulation environment; only GMC has been successfully applied to several 

simulated and experimental processes. 



CHAPTER m 

THE SFE PROCESS AND THE PROCESS 

SIMULATOR 

3.1. The SFE Process 

Figure 3.1 shows the process flow diagram of the SFE process. The system under 

consideration is isopropanol-water-carbon dioxide, where isopropanol is the solute to be 

recovered from an aqueous stream containing water and isopropanol; water is the diluent; 

and supercritical carbon dioxide, the solvent. It would be desirable at this point to 

understand how the process works and compare the main differences and salient features of 

the SFE process over a Liquid-Liquid Extraction (LLE) process. 

In the extractor, there are essentially two immiscible phases in contact with each other; 

a water-rich phase called the aqueous or liquid phase, and a solvent-rich phase called the 

dense or fluid phase. The extractor operates at 102 atm and 40°C. Aqueous feed 

containing a dissolved solute, isopropanol (iPA), is pretreated (heated or cooled and 

brought to the operating conditions of the extractor) and fed to the extractor. The feed 

being denser than the solvent flows down the extraction column; however, this need not be 

the case in all applications. Fresh solvent, supercritical carbon dioxide (CO2), is 

introduced at the bottom of the extractor. Due to the difference in densities, CO2 rises up 

the column. At every stage in the extractor, the liquid and the fluid phases are brought into 

contact and due to the preferential selectivity of CO2 for iPA, the solute is extracted from 

the liquid phase into the fluid phase. The fluid phase finally leaves the extractor at the top, 

and at this point, it contains more solute than the entering solvent. The liquid phase leaving 

at the bottom contains lesser solute than the entering feed. The fluid phase leaving tiie 

extractor is called the extract, while the liquid phase leaving the extractor is called the 
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raffinate. A small amount of water leaves in the extract and correspondingly, a small 

amount of CO2 leaves in the raffinate. 

The extract is flashed to a pressure of 40 atm. If the solute is non-volatile, then 

ideally, flashing the extract to atmospheric pressure should recover nearly all the solute 

extracted. But tiie pressure to which tiie extract is flashed depends on, and is economically 

constrained by the cost of recompressing tiie solvent to the higher pressure of the extractor. 

The flash produces a liquid phase rich in solute and a vapor phase rich in solvent. It is 

possible to withdraw the liquid phase and recover solute from the liquid phase alone, 

yielding about 95% recovery depending on the nature of the solute. In the case of the iPA-

water-C02 system three phases are formed after the flash: a C02-rich vapor phase, a CO2-

rich liquid phase, and an iPA-rich liquid phase. The C02-rich liquid phase is heavier than 

the iPA-rich liquid phase and thereby prevents withdrawal of only the solute-rich phase. 

The mixed products of the flash are fed to a stripping column, which operates at 40 

atm. In the stripper, the vapor-liquid feed is separated by distillation and most of the 

solvent is recovered as overhead product. The bottom product contains most of the solute 

and some solvent. The solvent leaving the stripper at the top is recompressed along with 

some solvent to make up for the loss in the bottom product. Part of the high-pressure 

solvent is expanded and condensed to a saturated liquid to serve as reflux for the stripping 

column. The high-pressure solvent is hot as result of tiie compression. It would be 

defeating the purpose of achieving greater energy savings in a SFE process if the heat 

available in the high-pressure solvent were not recovered. Therefore, the solvent is used to 

heat the liquid in the reboiler of the stripper. The solvent gets cooled and tiie stripper 

receives the heat required for the separation. However, using the high-pressure solvent to 

heat tiie reboiler limits tiie purity of the bottom product in tiie stripper. Normal operating 

temperatures observed in tiie stripper are 5°-6°C at tiie top and 10°-15°C in tiie reboiler. The 

liquid in the reboiler is finally separated by flashing to a lower pressure where all tiie solute 
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can be recovered. The amount of solvent remaining in the bottom product is very small 

(less than 5% of the solvent required in the extractor), and is usually not recovered because 

it would be uneconomical to recompress the small quantity to a higher pressure. The 

solvent is finally cooled to tiie operating temperature of the extractor (40°C) in the trim 

cooler before it re-enters as fresh solvent. 

3.1.1. Salient Features of SFE vis a vis LLE 

i. The ability of a SCF solvent selectively to dissolve a nonvolatile solute at 

moderate temperatures combined with the strong variation of solubility with temperature 

and pressure reduces energy requirements. 

ii. The selectivity of a SCF solvent is extremely sensitive to variations in pressure, 

temperature, and nature of the solvent, making the SFE process more flexible in operation 

than the LLE process, and a viable method for difficult separations. 

iii. SCF solvents can dissolve thermally labile solutes at moderate temperatures at 

which they are non-distillable. Under these conditions, the selectivity of a liquid solvent 

may be too low for LLE. 

iv. Nontoxic and environmentally clean supercritical CO2 can be used in food and 

pharmaceutical industries without any danger of product contamination. LLE can leave 

residual, possibly toxic, organic solvent in the product, even after distillation or vacuum-

processing, both of which are energy-intensive. 

V. The recovered solute is virtually free from residual solvent and the SCF solvent 

can be easily recovered with minimal losses. 

vi. The density and solvating capacity of SCF are comparable to tiiose of liquids, but 

lower viscosities, higher diffusivities, and zero surface tension of SCFs provide significant 

advantages. 
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vii. By changing the density of SCFs over a continuum, i.e., by changing the 

pressure and temperature, the solute may be fractionated into numerous components, even 

if they have similar volatilities. 

viii. Addition of components to SCF solvents, usually intermediate in volatility 

between the solute and the solvent, can be used to manipulate the SCF behavior, e.g., 

enhancement of the solute volatility. 

3.2. SFE Process Simulator 

To appreciate fully the coupled nature of a multi-unit process and the associated 

interactions, the process has to be perturbed by disturbances and load changes. It is not 

feasible to perform perturbation studies on a real process because of safety, economic, and 

other experimental constraints, the first one being the most important. Hence, a dynamic 

simulator must be developed. The process simulator must be a dynamic representation 

because from a control perspective it is the process dynamics that are paramount. The 

simulator should be capable of predicting the behavior of a real process at every instant in 

the time domain. The more detailed the process simulator, the more realistic and accurate 

will be the responses, and hence, the more closely it will resemble the real process. But 

there is a trade-off; a process simulator that is to be used primarily for conu-ol studies needs 

to be only accurate enough to give a clear insight into the dynamic behavior of the real 

process. One must keep in mind that the process simulator being developed is not for 

design purposes. Hence, certain simplifications and assumptions are made in order to keep 

tiie simulator relatively simple, yet at the same time, accurate enough to provide a close 

approximation to the dynamic behavior of the real process. 

From a dynamic standpoint, it becomes clear tiiat the extraction column, tiie flash 

process, the distillation column, the reboiler, and tiie trim cooler are the most critical units. 

From an operational standpoint the compressor is another important piece of equipment 
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because it is the most susceptible to mechanical failures. However, when the dynamics are 

considered the compressor is much faster in comparison to the rest of the process, 

assuming that the compressor is working satisfactorily under normal operating conditions 

of the process. The solvent condenser is another important piece of equipment and it is 

justifiable to state that the dynamics of the condenser are not very critical, assuming that the 

condenser has a dedicated coolant loop that is operating satisfactorily under normal 

operating conditions. 

The dynamic process simulator developed is made up of the following equipment: 

i. the extraction column; 

ii. the flash process; 

iii. the distillation column; 

iv. the reboiler; and 

V. the trim cooler. 

The dynamic simulation of each of tiie above units is discussed in detail, along with 

the associated assumptions and simplifications. 

3.2.1. Extraction Column 

The dynamic simulator for the extractor is a tray-to-tray formulation. It is based on the 

following assumptions: 

i. equimolal counter-flow; 

ii. negligible liquid- and fluid-phase dynamics; 

iii. perfect partitioning; 

iv. pretreated extractor feed; i.e., feed entering at the extractor conditions; and 

V. negligible heats of mixing and dilution. 

Figure 3.2 shows the schematic of a tray-to-tray extraction column consisting of 'N' 

stages. F, S, E, and R are the flow rates of the feed, solvent, extract, and raffinate, 
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respectively, and xp, yS» yE» and XR are the compositions of the feed, solvent, extract, 

and raffinate, respectively. However, because of the equimolal overflow assumption, R is 

equivalent to F, and E is equivalent to S. 

Consider the 'i'-th stage in the 'N' stage extractor. A material balance on the 'i'-th 

stage yields, 

accumulation = input - output -i- production - depletion. 3.1 

The overall material balance can be written as 

dMj 
- ^ = Ri+l + Ei.i-Ri-Ei, 

3.2 

and if xi j and yi j are the compositions in the liquid phase and fluid phase, respectively, 

the component balance is given by 

d(MiXiP 
3 p ^ = R i + l X i + i j + Ei . iy i . i j -RiXij -Eiy i j , 

3.3 

where 'i' is the stage number and 'j' is the number of components in the mixture. Equation 

3.3 can be written as 
dx^ dMj 

3.4 

From the equimolal overflow assumption, it follows tiiat 

Ri+1 =Ri =R, 3.5 

Ei-i =Ei =E, 

and, Mi.l=Mi = M. 

Substituting equations 3.2 and 3.5 in equation 3.4, and rearranging gives 

dxj 

IT 
dxj 

M-a^=R(xi+i,j-Xi,j) + E(yi.ij-yi,j), 
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I.e., 
dx^_ R (Xj^i j - Xj j) + E(yi.i j - ŷ  j) 
dt M 

Also, from material balance principles it follows that 

3.6 

3.7 

3.8 

and 

i 

The Murphree stage efficiency relationship for the vapor phase gives 

y i j - y i + i j 

3.9 

where y i j is the composition of the solute in the fluid phase in equilibrium with the solute 

in the liquid phase on stage 'i', and EMV is the Murphree stage efficiency. Thermodynamic 

phase equilibrium relationship gives 

3.10 

The values for partition coefficient, Ki j were obtained by Lahiere (1986) and 

Rathkamp (1986). At the operating conditions in the extt-actor (102 atms. and 40°C) the 

partition coefficient values ranged from 0.36-0.42 (molar basis). Figure 3.3 gives the 

equations and the variables to be solved for any stage 'i' in the exttactor. 3N+3 equations 

can be solved for 3N+3 variables and compositions, xi j and yi j leaving the 'i'-th stage can 

be determined by integrating the differential equation, equation 3.6, with respect to time, t. 

A 4th-order Runge-Kutta integrator is used to integrate over 'N' stages by taking a 

sufficientiy small step in time, dt. Solving the differential equations by stepping in tiie time 

domain will yield a solution for tiie composition of tiie solute in the liquid, and tiie fluid 
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phase for each stage. A profile of the extract and raffinate compositions can be determined 

with time to give a dynamic response of the extraction process. 

Since the liquid phase is assumed to consist of iPA and water, and the fluid phase-

iPA and CO2, it becomes simpler if 

î = '̂ ij, 

yi = yij, 

and, Ki = Ki j , 

where xi is the composition of iPA in the liquid phase, yi is the composition of iPA in the 

fluid phase, and Ki is the partition coefficient between the phases on any stage 'i'. Values 

of the process parameters used in the extractor simulator are listed in Appendix A. The 

extractor simulator gives a time-profile of the raffinate and the extract compositions given 

the feed rate, the feed composition, the solvent flow rate, the solvent composition, and the 

number of stages in the extractor. 

3.2.2. Flash Process 

Even though the flash is a very simple process from an operational standpoint 

(because all it takes is a properly designed pressure-reduction valve), it is perhaps, the most 

computationally intensive and rigorous from a simulation point-of-view. There are two 

major problems associated witii developing a reliable mathematical model for SCF-solute 

phase behavior. The first problem is the lack of understanding of the dense fluid state. 

Simple cubic EOS do not represent tiie liquid phase properties to a high degree of accuracy. 

Also, cubic EOS do only a fair job of representing the critical compressibility of most 

hydrocarbons. The second problem is to overcome the description of tiie interaction of the 

molecules tiiat significantiy differ in molecular size, shape or polarity. The formulations 

that describe how the properties of the mixtures are to be averaged for use in the EOS are 

strictiy empirical. Although the difficulties in using an EOS have not been fully resolved, 
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certain EOS models are available that describe high-pressure phase behavior in a qualitative 

(Scott and van Konynenburg, 1970), if not in a semi-quantitative manner (Paulaitis et al., 

1983). The most commonly used EOS model for supercritical C02-mixture phase 

behavior is tiie Peng-Robinson EOS (PR-EOS) (Peng and Robinson, 1976). 

The following are tiie assumptions made in developing the flash simulator: 

i. it is an equilibrium operation; 

ii. water in the extract is neglected, since perfect partitioning is assumed in the 

extractor; and 

iii. it is an adiabatic process. 

Figure 3.4 shows the schematic of the flash process and the process conditions before 

and after the flash. The high-pressure extract at 102 atm and 40°C is flashed tiirough a 

pressure-reduction valve to 40 atm. The PR-EOS is used to calculate the vapor-liquid 

equilibrium (VLE) and the equilibrium phase compositions after the flash. The details of 

the VLE and the equations involved are explained in Appendix B. 

Figure 3.5 illustrates the flow chart for the flash simulator. The pressure, P, to which 

the extract is flashed is 40 atm. TTie overall composition of the extract is also known. Let 

zi be the overall composition of the feed to the flash. Setting xi = zi, a bubble-point 

calculation can be performed to determine the bubble-point of the mixture, Tbub- I" a 

similar manner, by setting yi = zi, a dew-point calculation can be performed to determine 

tiie dew-point of the mixture, Tdew The equilibrium temperature obtained after the flash, 

T, has to satisfy tiie condition Tbub < T < Tjew- An isothermal flash calculation can be 

performed by setting T=Tbub and making initial guesses for the fraction of feed in tiie 

vapor phase after the flash, q, and the overall composition of tiie liquid phase, xi. The PR-

EOS is used to predict tiie equilibrium constant, Ki, at T. A material balance about the 

pressure-reduction valve in Figure 3.4 yields 
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Figure 3.4. Flash Process 
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Figure 3.5. Flow Chart for the Flash Simulator 
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yi= 
ZiKi 

' l + q ( K i - l ) ' 
3.11 

and 

î 
""' l + q ( K i - l ) 

3.12 

which can be used to determine q. Either of the formulations results in a nonlinear equation 

that can yield extraneous roots. An alternate formulation (Rachford and Rice, 1952) which 

uses 

Iyi-Ixi=o 

yields a monotonic function of q, 

Y^ Z i ( K i - l ) 

y — - — - — = 0 , 
^ l + q ( K i - l ) 

and can be used to minimize the error. A secant method is used to determine q and shows 

rapid convergence. 

The PR-EOS is used to determine Hp, hL and Hy, the enthalpies of the feed, hquid, 

and vapor phase, respectively, to perform an energy balance, 

H F - q H v - ( l - q ) h L = 0. 3.15 

Details of the equations involved in determining the enthalpies of the feed, liquid, and 

vapor phases from the PR-EOS is explained in Appendix B. The error on the energy 

balance is driven to zero to determine the equilibrium temperature, T. Once again, a secant 

method is employed to determine a new value for T, and the iterative procedure is repeated 

until the error is within a desired tolerance limit. The flash calculation gives the equilibrium 

temperature, T, the fraction of feed in vapor-phase, q, and tiie composition of the liquid, 

and vapor phases, xi and yi, respectively. 
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3.2.3. Distillation Column 

The dynamic simulator for the distillation column is a tray-to-tray formulation based on 

the following assumptions: 

i. equimolal overflow; 

ii. negligible liquid and vapor dynamics; 

iii. negligible heat effects in the distillation column, excluding the reboiler, 

iv. saturated reflux to the distillation column; 

V. negligible liquid-phase immiscibility; i.e., homogeneous liquid phase with overall 

composition xi; 

vi. negligible heats of dilution and mixing; 

vii. perfect level control in the accumulator and the reboiler; and 

viii. negligible valve dynamics. 

Figure 3.6 shows the schematic of a tray-to-tray distillation column with 'N' stages. 

F, xp, and q are the feed flow rate, overall feed composition, and the vapor fraction of the 

feed, respectively. Vi and V'k are the vapor flow rates in the distillation column above and 

below the feed tray, respectively, î k̂. Similarly, Li and Lk are the liquid flow rates above 

and below tiie feed tray, respectively, î tk. xi j and yi j are tiie overall composition of the 

liquid and vapor-phases, respectively. B and XB are tiie flow rate and the composition of 

bottom product, respectively, XD is tiie composition of tiie sauirated liquid reflux and L is 

the reflux flow rate. Stage '1' is the reboiler which is an equilibrium stage, and stage 'NF' 

is the feed stage. 

An overall material balance can be written for stage '1', the reboiler, 

dMi 
- ^ = L 2 - B - V , 

3.16 
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Figure 3.6. Tray-to-Tray Distillation Column 
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A component balance on stage '1' yields. 

d(MjX|:) 
d r ^ = L 2 X 2 j - B x B j - V i y i ^ j . 

3.17 

Equation 3.17 can be rewritten as 

dxj j dMj . 
^ l - i r ^ ' ^ 1 0 - d r = L 2 ^ 2 , j - B x B j - V i y i j . 

3.18 

From the equimolal overflow assumption, it follows tiiat 

Li = L'. i = l , ... ,NF; 3.19 

Vi = V'' i = 1, ... ,NF-1; 

Li = L, i = NF-hl, ... ,N; 

and, Vi = V, i = NF, ... , N; 

where 

L' = L + ( l - q ) F , 3.20 

and, V = V' + qF. 3.21 

L and V are the reflux flow rate and boil-up flow rate, respectively. Substituting from 

equation 3.16 and equations 3.18-3.21 in equation 3.17 gives 

dx 
l " d r = ^^^2 , j -M, j ) -B(xB, j -x i , j ) -V(y i j -x i^ j ) , M^-i i -

I.e., 
d ' ^ l . j _ L ( x 2 . j - x i j ) - B ( x B j - x i j ) - V ( y i j - x i j ) 

"' ' ^ 1 3.22 

Using a similar procedure about any stage 'i', an overall material balance gives 

dMj . . . . 

3.23 

and the component balance gives 
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d x i j _ ( L Xj^ij-fV y j . i j - L x y - V ŷ p̂ 

dt Mi 

i f i<NF,or 
d x y _ ( L x i ^ l j - f V y i . i j - L x y - V y i P 

dt Mi 

i f i>NF. 

For the feed stage, an overall material balance gives. 

dMjy^p 
= L NF-t-l + ^NF-l + P - L N F - ^ N P 

and a component material balance gives 

dC^NF^NFj) _ - . dxNp j dM^p 
dt - ^ N F dt "̂  ' ' N F , j — d f ^ ^NF+1 XNF-hl,j + 

^NF-1 yNF-l,j + F Xp j - L^pXNp j - Vj^pyNF,! 

From equation 3.19, it follows that, 

LNF-HI = L; 

V ' N F - 1 = V; 

L N F = L , 

and V N F = V. 

Substituting equation 3.26 , simplifying and rearranging eqaution 3.27 gives 

d x N F j ^ 

dt 

(LxNF-H,j -^^yNF-l , j^Fxpj-Vyjsfpj - (L-hV + F - V ) x | ^ p j ) 

M N F 

Also, from material balance it follows that 

I^i,j=l' 

3.24 

3.25 

3.26 

3.27 

3.28 

3.29 
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and 

Iyij=^' 

3.30 

where 'i' is the stage number, and 'j' is the number of components. The Murphree stage 

efficiency relationship for the vapor phase is written as 
P yi,j-yi-fl,j 

•' -̂  3.31 

where y i j is the composition of the vapor phase in equilibrium with the liquid phase of 

composition xij, and EMV is the Murphree stage efficiency. Further, thermodynamic 

phase equilibrium yields 

The values for the equilibrium constant Kij were obtained from the PR-EOS and the 

details of the calculations involved are explained in Appendix B. Figure 3.7 gives the 

equations and the variables to be solved for any stage 'i' of the distillation column. 3N+3 

equations can be solved for 3N-I-3 variables and the compositions xij and yij leaving the 

'i'-th tray can be determined by integrating equations 3.22, 3.24, 3.25, and 3.28 with 

respect to time, t. A 4^^-order Runge-Kutta integration routine is employed to solve the 

'N'-stage process by taking a sufficiently small step in the time, dt. Solving the differential 

equations by incrementing in the time domain yields a solution for the compositions in the 

hquid and vapor-phase leaving each stage. A profile of the overhead composition and the 

bottom product composition can be determined with time to give a dynamic response of the 

distillation column. Since the distillation process is a binary, i.e., it consists only of two 

components, iPA and CO2, it becomes simpler if, 

Xi = Xij; 

yi = yij; 
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3.29 
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-
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Number of Equations 

N+1 

1 

1 

N 

N 

3N+3 

Figure 3.7. Equations and Variables to be Solved for the 
Distillation Simulator 
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and Ki = Ki j , 

where xi represents the composition of CO2 in the liquid phase, yi is the composition of 

CO2 in the vapor-phase, and Ki is the equilibrium constant between the two phases on any 

stage 'i'. Values of the process parameters used in the distillation simulator are listed in 

Appendix A. The distillation simulator gives a time profile of the overhead and the bottom 

compositions given the feed rate, the feed composition, the feed quality, the reflux and tiie 

boil-up rates, and the total number of stages and the number of stages below the feed stage 

in the stripper. 

3.2.4. Reboiler 

The dynamic simulator for the reboiler is a discretized distributed-parameter system 

based on the following assumptions: 

i. negligible axial dispersion effects; 

ii. fully developed turbulent flow in the tubes; 

iii. negligible heat losses to the ambient; and 

iv. uniform temperatiu"e in each differential element. 

Figure 3.8 shows a differential element of length Az in a single tube of overall length 

L. An energy balance on the elemental length yields 

(Heat out-Heat in)bulk + (Heat out-Heat in)dispersion + 3.33 

Heat produced - Heat lost + Heat accumulation = 0. 

Since dispersion effects are neglected 

(Heat out-Heat in)dispersion = 0» 

and since heat is being transferred from the tubes to tiie shell of the reboiler. 

Heat produced = 0. 

Let m be tiie mass flow rate of CO2 through the tubes, Cp tiie specific heat capacity of 

CO2, Tref some reference temperature, Q' the heat transferred per unit area, AV tiie volume 
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Az [^ 
L 

Figure 3.8. Differential Element in a Tubular Heat Exchanger 
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of the elemental section, p the average density of CO2 in the tubes, and d the outer 

diameter of the tubes. The contributions by the different terms in equation 3.32 can be 

written as follows: 

heat entering due to bulk flow = m Cp (Tz - Tref) 

heat leaving due to bulk flow = m Cp (Jz+Az - Tref) 

net heat transferred = Q' 7t d Az 

heat accumulation = AV p Cp (9T/3t). 

Substituting the above in equation 3.32 and simplifying yields 

dT mCp(T^^^^'T^-QndAz + AWp C p ^ = 0. 
3.34 

But 

AV = A Az, 

where A is the cross-sectional area of each tube. Substituting for AV in equation 3.33 and 

rearranging gives, 
^z+Az'^z, QK d dT 

-gL( - - - ) . ^ ^ : L J : - 4 - ^ = 0. 
Ap Az Ap Cp °^ 

Taking limits as AV -> 0 gives 
m aT Q':;r d . 5 T ^ Q 

Ap 3z Ap Cp dt 

which on rearranging yields 
9T__Q£_d_ m 3T 

9t A p Cp A p az ^ 2^ 

The continuity equation is written as 

m = p u A, 3.36 

where u is the average velocity. Substituting for 'm* in equation 3.35 gives 
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dT_ QK d ar 
at Ap Cp az 

3.37 

Heat transferred per unit area, Q' is given as 

Q' = U A T = U ( T W - T ) , 3.38 

where U is die overall heat transfer coefficient, and Tw is tiie wall temperature or tiie film 

temperature for boiling or condensing heat transfer. The final form of tiie partial 

differential equation that describes the heat transfer in an elemental section of a tube in a 
heat exchanger is given as 

a T _ U ( T ^ - T ) ; r d ar 

at A p C p "az* 3 39 

The entire tube length L can be made up by adding many such discrete elements of 

length Az. Therefore equation 3.39 for any discrete element 'i' in the tube of length L, can 

be written as 
aTj U(T^-Ti);rd aTj 

= u . 
at Ap Cp az 3^Q 

Finite difference approximations can be used to discretize tiie partial differential equation to 

convert it to an ordinary differential equation. For all the elements in a single tube, except 

the last element (i.e., the N-tii element), a 2"d.order central difference approximation 

applied to (BTi/Bz) yields 

dTi U(T^-Ti) ;rd Tj^l" ^Tj+T^.j 
- u 

* Ap Cp (^,)^ 

A 2'̂ d.order backward difference approximation for the N-th element yields 

dT„ UCr^-T„);rd ^ 3T„-4T^ .^^T„ .2 

^̂  Ap Cp " 2(Az) 

3.41 

3.42 
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The differential equations, equations 3.41 and 3.42, can be solved using any 

integration routine, such as a 4^-order Runge-Kutta integrator. The temperature 

distribution inside a single tube can be obtained at any instant in time by solving the 

discretized differential equations consecutively, starting from the inlet to the outiet of the 

tube. Care should be taken to keep the time increment, dt, sufficientiy small to ensure 

accuracy while integrating. In this manner, the temperature of the CO2 leaving the reboiler 

can be obtained. A net amount of heat is transferred from the tube-side to the shell-side of 

the reboiler. The net heat transferred is given by 

Qnet = m Cp (Tin - Tout). 3.43 

The composition of the liquid in the shell-side of the reboiler, XB is obtained from the 

distillation simulator. The PR-EOS is used to determine the equihbrium temperature 

corresponding to the composition XB- The temperature obtained is used in the reboiler 

simulator as the wall or film temperature, T^. The PR-EOS can also be solved to predict 

the heat of vaporization of the liquid mixture, AHyap- From this knowledge and the 

assumption that there are no heat losses, it follows that 

Qnet = V AHvap. 3.44 

Equations 3.42 and 3.43 can be equated to give the boil-up rate in the distillation column, 

V = - ^ . 
^^vap 

3.45 

The dynamics in the reboiler are, therefore, accounted for and the boil-up rate in tiie 

distillation column is set by the amount of CO2 flowing tiirough the reboiler, and tiie 

temperature of tiie liquid mixnire in the shell-side of the reboiler. Calculations involved in 

determining heat of vaporization of liquid mixtures from PR-EOS is explained in Appendix 

B. Specific values of the process parameters used in tiie reboiler simulator are listed in 

Appendix A. The reboiler simulator gives a time-profile of tiie temperature of tiie CO2 
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flowing through the tubes and the boil-up rate in the distillation column given tiie flow rate 

of CO2 tiirough tiie tubes, the inlet temperature, and the composition of tiie liquid in tile 

reboiler shell. 

3.2.5. Trim Cooler 

The trim cooler is identical to the reboiler in every aspect, except for the values of 

some of the process parameters. It is also a discretized distributed parameter system based 

on identical assumptions as discussed under Section 3.2.4. All tiie equations developed for 

the reboiler in Section 3.2.4 hold good for the trim cooler, and therefore the mathematical 

development of the dynamic simulator is not repeated in the present section. 

The main reason behind developing a dynamic simulator for the trim cooler is because 

the solvating power and selectivity of supercritical CO2 are very sensitive to, and are 

strongly influenced by temperature. Slight deviations fix)m the optimum temperature can 

yield significant changes in the value of the partition coefficient. Extraction efficiency 

deteriorates and the solute recovery decreases when the entering solvent temperature is 

greater than 40°C. From a control viewpoint, the trim cooler becomes very crucial. Proper 

temperature control of the entering solvent is very important for efficient operation of the 

extractor as well as the rest of the equipment. The trim cooler simulator enables the study 

of the solvent temperature dynamics when the process is perturbed by solvent flow rate 

changes. The partition coefficient values for the iPA-water-C02 system are available for 

102 atm and 40°C. The temperature dependence of the K-values can be obtained by 

prediction from an EOS or from experimental data. To avoid complicated and time-

consuming computations involved in determining the temperature dependence of K-values 

from PR-EOS for ternary mixtures, an empirical correlation was fitted to the range of K-

values observed by Lahiere (1986) and Rathkamp (1986). The value of the partition 

coefficient to be used in tiie extractor is calculated from the empirical correlation once tiie 
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temperature of CO2 leaving the trim cooler is calculated. Even tfiough the empirical 

correlation for K-values as a function of temperature is an ad hoc formulation and not based 

on any experimental results, it lends a definite realism to tiie process simulation in the face 

of available data. Values of the process parameters used in the trim cooler simulator are 

listed in Appendix A. The trim cooler simulator gives a time-profile of the temperature of 

tiie solvent, the temperature of the solvent at tiie inlet, and the pressure in tiie cooler shell-

side. 

3.2.6. Additional Features of the SFE Process Simulator 

A process simulator with the ability to simulate five different units in a multi-unit 

process ensures that no important phenomenon is left unaccounted. To lend a greater 

degree of realism to the simulated responses some additional features have been included in 

the process simulator. 

Random noise added to all the measured variables gives the simulated output response 

a sense of realism. The noisy signal "transmitted" by the measuring instrument is filtered 

using a first-order filter before being stored and/or given to the controller. 

Auto-regressive drifts are added to all input variables, feed flow rate to the extractor, 

feed composition to the extractor, stage efficiency in the extractor and stripper. A first-

order Auto-Regressive Moving Average (ARMA), which is very characteristic of 

continuous-variable non-stationary behavior, is used to simulate the drifts. 

Noise is added only to the outputs from the processes, and therefore does not affect 

the acnial process. Drifts are added directiy to tiie inputs to tiie process, and therefore the 

process is affected by the changing nature of the inputs. Addition of the auto-regressive 

drifts simulates the time-varying nature observed in many chemical processes. 

Measurement lags are present even in the most sophisticated state-of-tiie-art measuring 

devices. There is a certain amount of elapsed time before which tiie results of tiie 
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measurement are not available. Composition measurements are probably the most common 

example for measurement lag. The process operator does not learn until after some elapsed 

time that something has happened, and hence the response is entirely dependent on how 

much deadtime or lag exists. The same is true for an electronic controller. It does not 

matter how good the controller or the strategy employed is, if tiiere is a large measurement 

lag. 

Transport delavs account for delays incurred in the time spent in moving from one 

point to another in the process. In many instances, long and convoluted piping 

configurations used to provide sufficient piping flexibility to withstand stresses, result in 

large transport delays. Transport delays are a part of the process dynamics, while 

measurement lags are not. 

The measurement lags and the transpon delays are simulated by using dummy vectors. 

The number of elements in the vector depends on the lag or the delay desired. The 

measured variables are fed to the vector table, and at ecah increment in time the actual value 

of the measured variable moves from one element to the next. For instance, if there is a 

measurement lag of 5 minutes, and the simulator incremental time step is 1 minute, then a 

vector table witii 5 elements simulates the measurement lag of 5 minutes. The transport 

delays are simulated in a similar manner. 

Incorporation of tiiese additional features helps in studying tiie performance of the 

controller in the face of various lags, delays, measurement noise, and process drifts that 

directiy affect the control action. A connx)ller receives signals which have all or some of 

tfiese disturbances superimposed on the actual value of the state variable. The measured 

value of the state can be greater or lesser tiian tiie actual value. The disturbances greatiy 

influence control performance, and quite often controllers respond unnecessarily to tiiese 

disturbances. 



CHAPTER IV 

VALIDATION OF THE SFE PROCESS SIMULATOR 

A simulator, like tiie one developed for tiie SFE process, can be very helpful in 

studying the dynamic behavior of a process if it can represent the real process behavior to a 

fair degree of accuracy. In tiie development of tiie SFE process simulator certain 

simplifying assumptions were made, and it becomes very important to verify whether the 

assumptions made are justifiable. Therefore, the process simulator has to be 

experimentally validated. Validation of the process simulator tests the ability of tiie 

simulator to approximate the real process behavior, and also helps to adjust the values of 

tiie process parameters, such as the stage efficiencies and the overall heat-transfer 

coefficients. The importance of controlled experimental data cannot be stressed enough. It 

is easy to perform controlled experiments on bench- or laboratory-scale equipment where it 

is possible to construct the experimental set-up keeping in mind the specific purpose of the 

experiment. All the necessary instrumentation and interfaces can be included to ensure 

experimental accuracy and reproducibility. As the scale of the experimental set-up 

increases, it becomes difficult to maintain all process variables at the desired values. Also, 

as the scale increases, the cost of instrumentation, operation, and maintenance of the 

equipment increases disproportionately. The experimental system for the SFE process is a 

pilot-scale unit situated at the Balcones Research Center, of The University of Texas at 

Austin. The SFE equipment consists of a 4 inch diameter extraction column witii a total 

height of 7 feet, capable of handling up to 2 Ib/min of feed and 20 Ib/min of solvent. The 

extractor internals can be changed to accomodate either trays or random packings. 

The pilot-plant SFE process was built to gain insights into tiie transport phenomena 

and hydrodynamic aspects of the SFE process, and to study tiie effect of different column 
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internals on the performance of the extractor. The distillation column is considered as a 

tool for solvent recovery, and not much attention is paid to its operational characteristics. 

The process is adequately instrumented to obtain accurate steady-state measurements. The 

experiments performed are not exactly "controlled" experiments. But, nevertheless, with a 

process as complex and interactive as the SFE process, it is worthwhile to test the ability of 

the process simulator to reproduce the response of the real process to changing 

disturbances and loads before using it for control studies. 

It would be ideal to have a large number of experimental runs to validate tiie process 

simulator, but due to the limitations on the available resources, only three experimental runs 

were performed. The flow rate and the composition of the feed were kept constant 

throughout the experiment, for all the three runs. The solvent flow rate was changed in 

steps, and the response of the extractor to the disturbances was recorded with time. Two 

on-line gas chromatographs were used to monitor the extract and the raffinate compositions 

at regular time intervals. Description of the three experimental runs, the feed flow rates and 

the feed compositions used for the three tests are as noted in Figure 4.1. 

4.1. Test Case #1 

Figure 4.2 describes tiie step changes in solvent flow rate. Figure 4.3 shows the 

response of the extract composition in comparison to that obtained ftx)m the experimental 

run Qine witii triangles). Figure 4.4 shows the corresponding responses for the raffinate 

composition. 

While tiie raffinate composition response shows a very good fit to tiie experimental 

data, the extract composition response indicates deviations from tiie experimental data. 

Also, tiiere are a few "rogue" points in the extt-act composition experimental data. 
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Test case # 

1 

2 

3 

Description of the experimental run 

Feed rate - 0.75 kmols/hr (0.56 Ib/min) 

Feed composition - 0.0215 mf iPA (6.78% wt iPA) 

Solvent flow rate - Start-up - 5.0 kmols/hr (8 Ib/min) 

2.7 hours - 3.8 kmols/hr (6 Ib/min) 

6.0 hours - 2.5 kmols/hr (4 Ib/min) 

Feed rate - 0.74 kmols/hr (0.52 Ib/min) 

Feed composition - 0.0281 mf iPA (8.78% wt iPA) 

Solvent flow rate - Start-up - 2.5 kmols/hr (4 Ib/min) 

2.2 hours - 3.8 kmols/hr (6 Ib/min) 

5.3 hours - 5.0 kmols/hr (8 Ib/min) 

Feed rate - 0.66 kmols/hr (0.45 Ib/min) 
Feed composition - 0.014 mf iPA (4.45% wt iPA) 
Solvent flow rate - Start-up - 1.3 kmols/hr (2 Ib/min) 

1.0 hours - 2.5 kmols/hr (4 Ib/min) 

2.0 hours - 3.8 kmols/hr (6 Ib/min) 

4.4 hours - 5.0 kmols/hr (8 Ib/min) 

5.3 hours - 6.2 kmols/hr (10 Ib/min) 

Figure 4.1. Open-loop Experimental Runs 
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4.2. Test Case #2 

Figure 4.5 shows the step changes in the solvent flow rate. Figure 4.6 illustrates the 

response of the extract composition in comparison to the corresponding response obtained 

fi-om the experimental run (line witii triangles), and Figure 4.7 shows the corresponding 

responses for the raffinate composition. 

Once again, the extract response shows a slight mismatch, but the deviations in test #2 

are smaller than that in test #1. The raffinate composition response shows a better fit It 

can be noticed fix)m Figure 4.6 that there was some problem with the extract composition 

analyzer used in the experiment. The extract composition does not respond to the solvent 

flow rate changes made at 2.1 hours, and shows a rather noisy response until 4.1 hours, 

when the problem was corrected and the response settles to the steady-state value at around 

4.3 hours. 

4.3. Test Case #3 

Figure 4.8 shows the step changes in the solvent flow rate. Figure 4.9 shows the 

response of the extract composition as obtained fix)m the process simulator in comparison 

to that obtained from the test run, and Figure 4.10 shows the corresponding responses for 

the raffinate composition. 

The predicted extract composition shows excellent fit with tiie experimental values, 

while the raffinate composition shows some regions where the fit is not as good. 

4.4. Analysis of the Simulator Validation Results 

An overall assessment of the responses of the extract and the raffinate compositions 

predicted by the process simulator and tiiat obtained from the experimental runs indicates 

tiiat tiiere is still some room to adjust process parameters to obtain a closer fit between the 

predicted and the experimental data. The Murphree stage efficiency for the exo^ctor was 
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tiie parameter that was adjusted to make tiie predicted data match the experimental data. 

Since there was no information available on the operation of the stripper, the Murphree 

stage efficicency for the stripper was not adjusted. The experimental tests #1 and #2 were 

performed with the objective to allow tiie process to settle to a steady-state after introducing 

the upset. However, in test #3 tiie changes were introduced at random, without checking 

for steady-state operation. As it can be seen fi-om Figures 4.9 and 4.10, the simulator does 

remarkably well to predict the experimental data. 

Experimental results were available only for the extract and the raffinate compositions. 

Also, no experimental data could be obtained to characterize the performance of the 

distillation column. The reflux and the boil-up are set manually as there is no control to set 

the reflux and the boil-up rate in the distillation column. At certain times during the 

experimental runs, there is an indication of some other types of upsets having occurred in 

addition to tiie solvent flow changes. Due to the highly interactive and coupled nature of 

the process and relatively Httie control during the experimentation, the extraneous upsets 

have significantiy affected tiie responses. The conttx)llers in the process are used to 

maintain flow rates, pressures, or temperatures, and not for compositions. The process 

insonmentation is designed to obtain steady-state measurements, and not for measuring 

dynamic process states. In addition, there is tiie error inttxxiuced by the measuring 

instruments. The overall error in the experimental data may be as high as 25%. 

The process simulator could not be validated for two other kinds of possible upsets-

feed flow rate, and feed composition changes. The above two types of tests were not 

performed because of the inflexibility of the experimental test system. It is important to 

remember tiiat tiie pilot plant was originally designed to perform steady-state mass o^sfer 

and hydrodynamic studies which did not call for changes in feed flow rate and 

compositions during the experimental runs. 
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Nevertheless, it is encouraging to note that even with the rather limited information 

available, and noting that the experiments were not performed under the most ideal 

operating conditions, the fit between the predicted and the experimental data indicates that 

the process simulator predicts the process behavior qualitatively, if not quantitatively. 



CHAPTER V 

OPEN-LOOP PROCESS RESPONSES 

A study of tiie process simulator responses to changes in tiie disturbances and tiie 

loads wiU help to understand the interactive nature of tiie process, and tiie degree of the 

multi-variable coupling that exists. The main disturbances that can affect the process are as 

follows: 

i. changes in the solvent flow rate; 

ii. changes in the extractor feed flow rate; and 

iii. changes in the extractor feed composition. 

The operational objective in a SFE process is to maintain the recovery of the solute 

and/or maintain the composition of the solute in tiie raffinate stream below a specified 

maximum. Perhaps, changes in the feed flow rate and the feed composition are two of the 

most commonly observed types of upsets. The feed to the extractor could be from an 

upstream processing facility, and any upset in the upstream facility can cascade to the SFE 

process. Solvent flow rate is the variable that needs to be adjusted to keep the recovery 

and/or the raffinate composition at the desired set-point. Changing the solvent flow rate 

can upset the distillation column operation, which in turn can affect the purity of the recycle 

solvent. The effect of a single upset coming through to tiie extractor, depending on its 

magnitude, can cascade and the objective of trying to maintain the set-points may not be 

satisfied any longer. The situation becomes more critical if the SFE process discharges the 

raffinate into a wastewater stream. It, then, becomes mandatory to keep the solute 

concentration in the effluent below a specified maximum. In such a situation, conu-ol of the 

raffinate composition has to be very "tight." 
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The SFE process simulator was subjected to perturbations in the three above-

mentioned process variables, and tiie response of all otiier key process variables were 

recorded. The process responses to tiie changes in tiie solvent flow rate will be discussed 

in detail, and tiie other perturbations will be explained witii figures and explanations as 

required. The operating base case for tiie SFE process is as follows: 

Extractor feed flow rate -1.8 kmols/hr (1.25 Ib/min); 

Extractor feed composition - 0.019 mf iPA (6% wt. iPA); and 

Solvent flow rate - 7.7 kmols/hr (12.5 Ib/min). 

Figure 5.1 shows tiie schematic of tiie SFE process simulator flow diagram indicating all 

the composition analyzers and other pertinent insttumentation for flow, pressure, and 

temperature measurement. Figure 5.2 describes the open-loop process changes. 

5.1. Process Responses to Solvent Flow Rate Changes 

The extractor feed flow rate and the feed composition were allowed to drift about 1.8 

kmols/hr and 0.019 mf iPA, as shown in Figures 5.3 and 5.4, respectively. Figure 5.5 

describes the changes in the solvent flow rate. Figure 5.6 shows the composition of the 

recycle solvent entering the extractor. Initially, CO2 from a stored source is utihzed for tiie 

start-up, but once the distillation column starts producing CO2 witii the desired purity, tiie 

CO2 is compressed, cooled, and recycled to the extractor. Figure 5.7 shows the response 

of the extract composition, and Figure 5.8 illustrates the response of the raffinate 

composition. The iPA-concentration in the raffinate decreases with increase in the solvent 

flow rate, and vice versa. As more solvent flows through the extractor, more iPA is 

extracted from the liquid phase into the fluid phase. On the other hand, increasing solvent 

flow rate decreases the iPA-concentration in the extract, and vice versa. With more CO2 

flowing through the system, it is true that more iPA is extracted from the liquid phase. 

However, tiie total quantity of CO2 flowing through tiie system is also correspondingly 
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Figure 5.1. SFE Process Flow Diagram witii Instrumentation 
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1. Solvent flow rate changes 

2. Feed flow rate changes 

3. Feed composition changes 

Base case~7.7 kmols/hr (12.5 Ib/min) 

Step up change~8.5 kmols/hr (13.75 Ib/min) 

Step down change"5.8 kmols/hr (9.38 Ib/min) 

Base case-1.8 kmols/hr (1.25 Ib/min) 

Step up change-2.2 kmols/hr (1.5 Ib/min) 

Step down change--1.4 kmols/hr (1.0 Ib/min) 

Base case-0.019 mf iPA (6% wt iPA) 

Step up change-0.022 mf iPA (7% wt iPA) 

Step down change-0.016 mf iPA (5% wt iPA) 

Figure 5.2. Open-loop Process Perturbations 
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higher. The overall iPA-concentration in the solvent has decreased, and hence the extract 

composition decreases. It must be noted that the extract composition is expressed as the 

mole fraction of iPA in a mixture of iPA and (X)2» and the raffinate composition is 

expressed as the mole fraction of iPA in a mixtiu*e of iPA and water. Under a given 

operating condition, the solvent can accommodate only a certain amount of the solute, 

depending on its solubility characteristics. At lower solvent flow rates, the solvent leaving 

the extractor dissolves all the solute that it can accomodate. Hence, the extract composition 

shows an increase in the iPA-concentration when the solvent rate is decreased. 

Figure 5.9 shows the recovery of iPA. Increasing the solvent flow rate increases the 

recovery, and vice versa. This is quite obvious because higher solvent rates permit more 

extraction. Figure 5.10 shows the stripper feed flow rate response. Increasing the solvent 

flow rate correspondingly increases the feed to the stripper. The overall composition of the 

stripper feed increases with increase in the solvent flow rate, as shown in Figure 5.11. 

The response of the distillation column is slightiy more complicated because of tiie 

associated interactions. The reflux rate in tiie distillation column is set manually, and is 

kept constant at 0.15 kmols/hr. The boil-up rate is fixed by tiie amount of tiie CO2 flowing 

tiirough tiie reboiler. Part of tiie solvent flows tiirough tiie reboiler, and the remaining is 

bypassed. The process simulator flow diagram (Figure 5.1) illustrates the scheme. The 

ratio of tiie CO2 flowing tiirough tiie reboiler to the total CO2 flow rate is fixed manually 

witii the help of the bypass valve. The ratio is fixed at 0.3. As the solvent flow rate 

changes, tiie CO2 flow rate tiirough tiie reboiler changes, correspondingly changing tiie 

boil-up rate in tiie distillation column. Figure 5.12 shows tiie changes in tiie CO2 flow rate 

tiirough tiie reboiler. As tiie solvent flow rate is increased, more CO2 flows tiux)ugh the 

reboiler; more heat is transferred, and hence, tiie boil-up rate increases. The overhead and 

tiie bottom compositions in a distillation column are affected by tiie reflux as well as tiie 

boil-up rates. The coupled nature of tiiese two variables makes distillation column contt-ol. 
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perhaps, the toughest control problem. The stripper feed essentially consists of a binary 

mixture (CO2 and iPA), and therefore the compositions in the distillation column can be 

expressed in terms of mole fi^ction CO2. The primary objective is to maximize the 

recovery of CO2 in the overhead product, with minimum iPA impurity. iPA is recovered in 

the bottom product. Though it would be ideal to minimize CO2 in the bottom product, 

operational constraints introduced by the reboiler heat-duty limits the bottom composition 

purity. The C02-concentration in the bottom is about 85-90%. Increasing the reflux rate 

increases the overhead product purity, at the same time decreases the bottom product 

purity. Increasing the reflux, increases the amount of CO2 in the liquid flowing down the 

column, and therefore more CO2 accumulates in the reboiler, decreasing the purity of the 

bottom product. In a similar manner, increasing the boil-up rate increases the iPA-

concentration in the bottom product because more CO2 is boiled-off. The vapor contains 

some iPA which accumulates in the overhead product, decreasing the overhead product 

purity. 

The responses of the overhead and the bottom compositions are shown in Figures 

5.13 and 5.14, respectively. As the solvent flow rate is increased, a corresponding 

increase is seen in the stripper feed rate and the overall sttipper feed composition (Figures 

5.10 and 5.11). At tiie same time, tiie boil-up rate also increases, leading to a slight 

increase in the CX)2-concentration in the overhead product. The C02-concentration in the 

bottom does not show any appreciable change because tiie combined effects of tiie 

increased feed rate, tiie increased feed composition, and the increased boil-up cancel each 

otiier. Decreasing the solvent flow rate reduces tiie stripper feed rate and the boil-up rate, 

reducing the C02-concentt^tion in the overhead as well as the bottom products. The 

overhead product is compressed along with some make-up CO2, and is recycled to tiie 

extractor as lean solvent. 
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An independent control-loop ensures tiiat tiie temperature of tiie entering solvent is 

kept at about 40°C. The solvent temperature contt-ol loop is an important part of tiie open-

loop response because improper contt-ol can cause solvent temperature to change as the 

solvent flow rate changes. As the temperature increases above 40°C, tiie partition 

coefficient decreases, and the extraction deteriorates rapidly. 

5.2. Process Responses to Feed Flow Rate Changes 

Figure 5.2 shows the feed flow rate changes, and Figures 5.15-5.26 describe the 

process responses to the feed flow rate changes. Only responses of the key process 

variables are discussed. Figure 5.19 shows the response of the extt-act composition. The 

solvent flow rate is not changed as shown in Figure 5.17. As the feed rate to the extractor 

increases, the solvent is able to dissolve more solute, and hence the exô act composition 

increases. On the other hand, the raffinate composition (Figure 5.20) also shows an 

increase because the solvent is not able to extract all the solute entering in the feed. It must 

be remembered that the extract composition is based on the mole fraction of iPA in a 

mixture of iPA and CO2, whereas the raffinate composition is expressed in terms of the 

mole fraction of iPA in a mixture of iPA and water. A similar behavior is observed when 

the feed flow rate is decreased, except that both the extt-act and tiie raffinate compositions 

decrease. Fractional recovery of iPA (Figure 5.21) shows a decrease as the feed flow rate 

increases, and an increase with a decrease in the feed flow rate. Recovery of iPA is 

affected by tiie capacity of the solvent to accomodate the solute, and consequentiy, more or 

less iPA leaves in the raffinate. Figures 5.22 and 5.23 show tiie snipper feed flow rate and 

the sttipper feed composition responses, respectively. The flow rate of the solvent CO2 

through the reboiler (Figure 5.24) does not change, and tiierefore, tiiere is no change in the 

boil-up rate. The sttipper overhead (Figure 5.25), and the bottom (Figure 5.26) 

compositions show no appreciable changes because tiie sttipper feed flow rate has not 
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changed. In practice this would not be the case because in a closed-loop system, the 

solvent flow rate will change in response to the feed flow changes, thereby causing the 

distillation column to react. Also, the stripper feed composition (Figure 5.23) does not 

change significantiy. 

5.3. Process Responses to Feed Composition Changes 

Figure 5.2 shows the feed composition changes and Figures 5.27-5.38 describe the 

process responses. Figures 5.31 and 5.32 show the response of the extract and the 

raffinate compositions, respectively. The fractional recovery of iPA (Figure 5.33) shows 

little change because the recovery, which is defined as 

f = l - — , xp 

involves only the compositions of the raffinate and the feed, and both change by 

approximately the same order of magnitude. Figures 5.37 and 5.38 show the response of 

the distillation column overhead and the bottom compositions, respectively. Once again, 

the overhead and the bottom compositions do not show any appreciable change because tiie 

solvent flow rate has not changed. 

5.4. Analvsis of the SFE Process Open-loop Responses 

The SFE process is an open-loop stable process, and does not show any region of 

incipient instability in the operating range of interest. Nevertheless, it is an extt-emely 

coupled and interactive process. The magnitude of tiie interactions may not be obvious 

from tiie open-loop suidies alone because only one upset is being suidied at a time. In a 

closed-loop configuration, many process variables can change in response to an original 

disturbance causing more upsets and tt-ansients to propagate through tiie system. A series 

of changes can lead the process away from stability into a region where tiie conttX)l 
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objective is no longer satisfied. It is clear that the distillation column is influenced more by 

flow rate changes than composition changes. The extractor is affected by tiie flow rate as 

well as the composition changes. The only way in which the overall control objective in 

the extractor (i.e., to maximize recovery of iPA and/or maintain iPA content in the raffinate 

at a specified level) can be satisfied is by changing tiie solvent flow rate in response to the 

feed flow rate and the feed composition changes. The extt-actor is also affected by tiie 

amount of solute in the recycle solvent. Hence, if the distillation column is upset by the 

changes in the extractor, the disturbance returns back to the extractor, and the process 

rapidly "runs" away from satisfying the control objectives. 



CHAPTER VI 

APPROXIMATE MODELS FOR CONTROL 

The PMBC strategy uses nonlinear approximate models directiy to calculate the contt-ol 

action. Even though the models are only approximate, they must account for the dominant 

phenomenological process characteristics. Riggs and Rhinehart (1989) present a review of 

nonlinear approximate models that are suited for process contt-ol, as well as for on-line 

optimization applications. They conclude that even tiiough a variety of models, nonlinear 

control laws, and model parameter adaptation techniques have been found to be useful, the 

success of an application is dependent largely on the validity of the models used for 

control. Control, scale-up and optimization accuracy are few of the factors that are directiy 

related to the validity of the approximate model. However, the completeness of an 

approximate model must be balanced with several issues that call for a simple and a 

tt^actable model. The approximate model must be simple enough to understand and 

maintain at plant engineering level. Computational intensity is also another important factor 

to be considered when commercially available process contt-ol hardware is being used. 

Numerical implementation of the approximate model for either control or optimization must 

be reliable in spite of bias and random errors in the measured data. Therefore, a successful 

approximate model is a judicial compromise between tiie simplicity and the model accuracy 

for a specific application. It is important to realize that tiie approximate models are 

primarily process contt-ol models, and are not to be used for detailed designs. Processes 

are dynamic and they change from one state to another fairly quickly. It is not necessary to 

have an accurate description of every process state. In some cases, it would suffice if the 

models can provide a qualitative description. 
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The SFE process simulator developed in Chapter m consists of five major units: the 

extractor, the flash process; the stripper, the reboiler, and the trim cooler. An approximate 

model is required for each of these units to implement tiie PMBC stt-ategy. The 

development of the approximate models for each of the above units will be discussed in 

detail along witii the associated assumptions and simplifications. 

6.1. Approximate Model for Extt-action 

Smith and Brinkley (1960a) proposed a general short-cut steady-state design equation 

for equilibrium stage processes. They present an analytical equation which is appUcable to 

all equihbrium stage processes with any number of stages and handling any number of 

components. Figure 6.1 illustrates an extractor with 'N' stages, where xi and yi are the 

compositions of the solute in the liquid and tiie fluid phases on any stage 'i', respectively. 

The calculus of finite differences can be used to relate the concentration of any given 

component to the stage number. The assumptions made in the development of the model 

are as follows: 

i. constant partition coefficients; and 

ii. constant flow rates of the liquid and the fluid phases within the column. 

A simple analytical solution of the difference equation can then be obtained (Smith and 

Brinkley, 1960b). If these assumptions are made, then the composition of the solute in the 

liquid phase on any stage 'i' can be written as 

x;=Ci {Sj) +02-
6.1 

Sn is called tiie sttipping factor, and is expressed as 

_ K E _ K S 
^ n - R - F ' 

6.2 
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Figure 6.1. Schematic of an Extt-action Column 
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where, K is tiie partition coefficient, F and S are the flow rates of the liquid and tiie fluid 

phases, respectively. 

Eliminating the constants Ci and C2 in equation 6.1 by component balances around 

stages 1 and N, respectively, gives the solution 

( X S - X F ) ( S ^ 1 ) 
1 - - + X c , 
^ N+1 ^ 

6.3 

where 
ys 

xs=K--

The calculations involved in determining the constants Ci and C2 are explained in 

Appendix C. 

The control objective in the extractor is to maintain the concentration of the solute in 

the raffinate below a certain allowable limit, and the solvent flow rate is the manipulated 

variable. The approximate model for the extractor relates the raffinate composition and the 

solvent flow rate indirectiy. Equation 6.3 can be written for stage 1 as 

(xs -xp) (Sn- l ) 
M = XR = ^, ^^S-

1-sr 
6.4 

Equation 6.4 is a nonlinear equation which relates the raffinate composition and the solvent 

flow rate implicitiy. The solvent flow rate appears indirectly in the sttipping factor, Sn-
Equation 6.4 can be rearranged to give 

(xs-XF)(Sn-l ) + Xs(I-sJf*') 
— — — — — ^ Xp — u. 

' ^n 6.5 

Equation 6.5 is a nonlinear equation and it can be solved for Sn using a suitable numerical 

technique such as a secant search. The values of the process variables ys, xp, XR and F 
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can be measured from tiie process. An average value of the panition coefficient, K, 

available from experimental data, can be used in the model. 

There are two quantities in equation 6.5 about which there is some degree of 

uncertainty. They are the partition coefficient, K, and the total number of theoretical 

stages, N. The approximate model must adapt to changes in the process states and/or 

changes in the feed and solvent flow rates to remain dedicated to the process, and to 

eliminate any process-model mismatch accrued due to the changes. A model that is not true 

to the process behavior, when applied may not yield good controller performance. 

Equation 6.5 offers the choice of two adjustable parameters. The total number of 

theoretical stages, N, is chosen as the adjustable model parameter. 

Since the approximate model in equation 6.5 is a steady-state model, the model 

parameter can be suitably adjusted when the process is identified to be operating under 

steady-state conditions. The process variables F, xp, XR, ys, and S can be measured from 

the process. Using the measured values of the process variables and an average value of 

tiie partition coefficient, equation 6.5 can be solved to determine the total number of 

theoretical stages, N. The solution for N can be obtained analytically from equation 6.5 

and is given as 
(xQ-xp)(Sn- 1) 

ln [ l -—^— ] 
X D - Xc 

N = [ - - ^ ^1-1. 
^"(Sn) 6.6 

Equation 6.5 yields a simple model that relates tiie controlled variable to the 

manipulated variable. It should be noted that the two major disturbances that can affect tiie 

process, feed composition, xp, and feed flow rate, F, are accounted for in tiie approximate 

model (F appears indirectly in the sttipping factor). 
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6.2. Approximate Model for the Flash Process 

Even though the feed composition to the sttipper is expressed as an overall 

composition in mole fraction of CO2, the approximate model for distillation requires the 

knowledge of the vapor-liquid split in the feed. The PR-EOS is used to predict tiie vapor 

fraction of the feed, q, after the flash. The details of the calculations to determine q are 

explained in Chapter HI and Appendix B. 

6.3. Approximate Model for Distillation 

The approximate model for distillation is a tray-to-tray formulation based on the 

material balance on each stage and a single adjustable parameter. The controlled variables 

in the distillation process are the overhead and tiie bottom compositions, and the 

manipulated variables are the reflux rate and the boil-up rate. The feed flow rate and the 

feed composition are two of the major disturbances that can affect the performance of the 

distillation process. The following assumptions are made in the development of the model: 

i. equimolal overflow; and 

ii. negligible heat effects. 

The thermodynamic equilibrium for any component 'i' is expressed as 

6.7 
'̂ i 

where Ki is the equilibrium constant, yi* is tiie composition of the vapor phase in 

equilibrium witii tiie liquid phase of composition xj. The relative volatility, a, for a binary 

system is deflned as 

2 
6.8 

« = K 
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and is a measure of the ease of separation of the two components. The relative volatility 

must have a value greater than 1, and can be as high as a few hundred. A high value of the 

relative volatility implies an easier separation, and vice versa. Generally, systems with a 

> 3 are considered to be high relative volatility systems, and tiiose witii a < 1.3 are 

considered to be low relative volatility systems. 

Equation 6.7 and 6.8 can be combined and rearranged to give 

y X —^—= a -. . 
* 1 - X 1-y 

6.9 

Solving for y*, equation 6.9 can be expressed as 

• a x 
y = l + ( a - l ) x 

or solving for x, it can be expressed as 

6.10 

X = y 

y + a (1 -y ) 
6.11 

Note that y* is the composition in the vapor phase which is in thermodynamic 

equilibrium witii tiie composition in the liquid phase, x. Equilibrium is an ideal concept 

and can never be achieved in reality. However, as implied by the Second Law of 

Thermodynamics, it can be approached. The most fundamental consideration in 

tiiermodynamics is tiiat it is independent of time. On tiie otiier hand, time is one of tiie 

most important considerations in any o-ansport process, and it is very important to know 

tiie rate at which the tt-ansport occurs. The thermodynamic equihbrium specifies tiie 

compositions in the vapor and the liquid phases, under tiie assumption tiiat sufficient time 

is provided for equilibrium to be approached. Any tt-ansport process provides only a 

limited amount of time and surface area for the contact between tiie two phases. The two 

phases approach a certain percentage of the equilibrium, and the approach to tiie 
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equilibrium can be defined in terms of an efficiency. The Murphree stage efficiency gives 

one such relation between the equilibrium composition that can be attained and the actual 

composition. The Murphree stage efficiency for the vapor phase, EMV. for any stage 'i* is 

written as 

^ yi-yi-i 
^MV = -i; » 

y i - y i - i 

6.12 

where yi is the composition of the vapor phase leaving stage 'i', yi* is the composition of 

the vapor phase if it were allowed to attain equilibrium with the hquid phase, and yi.i is the 

composition of the vapor phase leaving stage 'i-l'. 

In an actual process, the relative volatility, a, as well as the Murphree stage efficiency, 

EMV. are affected by the changing process states, and the changes in flow rates of the 

vapor and the liquid phases. They affect the overall performance of the process, and 

therefore, a fairly accurate knowledge of a and EMV is required to obtain good predictions 
from the approximate model. 

If the relative volatility, a, and the Murphree stage efficiency, EMV, are combined into 

one single adjustable parameter, a, then equation 6.9 can be written as 

y X 
1 - y 1 -X 

6.13 

a is called tiie effective separability, and y and x are the compositions of the vapor and the 

liquid phases leaving each stage. The approximate model is called tiie Effective 

Separability model for distillation. The effective separability accounts for tiie 

thermodynamic equilibrium, as well as the stage efficiency. The effective separabihty 

defines a "pseudo-equilibrium" which specifies tiie composition of the vapor and tiie liquid 

phases leaving any stage under tiie actual operating conditions. 
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Solving for y, equation 6.13 can be expressed as 

G X 
y = 

l + ( a - l ) x 
6.14 

or solving for x, it can be expressed as 

y 
X = 

y^''<'-y^ 6.15 

Figure 6.2 illustt^tes graphically the concept of a distillation process with the help of a 

y-x diagram for a binary system consisting of species 'a' and 'b', where 'a' is the more 

volatile component. Assuming that there are 'N' stages in the distillation column, and 

under steady-state operation, let us assume that XB, XD, and z are the compositions of the 

bottom product, the overhead distillate and the feed, respectively. L and L' are the liquid 

flow rates above and below the feed stage, respectively, and V and V' are the vapor flow 

rates above and below the feed stage, respectively. IVV and LA '̂ are the slopes of tiie 

upper and the lower operating lines, respectively. The thick dark line represents the 

rigorous thermodynamic equilibrium between the vapor and the hquid phases. The dashed 

line describes the "pseudo-equilibrium" as obtained from an effective separabihty, a 

Figure 6.3 is a tt-ay-to-tray schematic of the distillation process of 'N' stages described 

in Figure 6.2. Stage 1 is the reboiler, and the overhead condenser is a total condenser. 

Under steady-state operating conditions, F and z are the flow rate and tiie composition of 

the feed to the sttipper, respectively, and q is the vapor fraction in tiie feed. L is the reflux 

rate, and V' is tfie boil-up rate. B and XB are the flow rate and the composition of tiie 

bottom product, respectively. D and XD are the flow rate and the composition of the 

overhead product, respectively. The feed stage is denoted by 'NF. At any instant in time 

the values of the process variables F, z, XB, XD, L and V' can be measured from the 

process. An estimate of the vapor fraction of tiie feed, q, can be obtained from tiie PR-

EOS. 
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Knowing F, z, XD and XB, D and B can be calculated by solving simultaneously tiie 

overall material balance about tiie entire distillation column 

and the component balance about the entire column 

Fxp = DxD-HBxB. ^17 

The liquid flow rate below the feed stage, L', and the vapor flow rate above tiie feed stage, 

V can be calculated by intemal material balances and is given by 

L = L + ( l - q ) F , 6.18 

and 

V=V + qF. 6J9 

Let us examine tiie procedure to determine tiie effective separability, a The nature of 

the system shown in Figure 6.2 requires that there be an upper and a lower bound on the 

value of G (indicated by points 1 and 2 in Figure 6.2). The search for <T requires an 

iterative procedure, and the bounded nature allows the use of a Golden Section search to 

determine a One of the conditions that is to be satisfied is Gmin <G < Gmax • The details 

of calculating Gmin and G^ax are discussed in Appendix D. 

A material balance about loop I in Figure 6.3 yields 

L x 2 = B x B + V y i . 

6.20 

Since xi = XB, the composition of the vapor leaving stage 1, yi, can be determined from 

equation 6.14. Equation 6.20 can be rearranged and expressed as 
BxB + v'yi 

X2 = : . 

^ 6.21 

The composition of the liquid leaving stage 2, X2, can be calculated from equation 6.21. 

Equation 6.14 can be used to determine tiie composition of the vapor leaving stage 2, y2. 

A material balance about loop II in Figure 6.3 gives 
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Lx3 = B x B + V y 2 , 

6.22 

which on rearranging gives 

_ V y 2 + L x 2 - V y i 
3 ; • 

6.23 

The composition of tiie liquid phase leaving stage 3, X3, can be calculated fix)m equation 

6.23 

The following procedure can be repeated for all stages including the feed stage by 

using equation 6.14 to determine the composition of tiie vapor phase leaving any stage 'i', 

yi, and then using a material balance to determine tiie composition of tiie Hquid phase 

entering tiie same stage, xi+i. Once XN-I is determined, tiie composition of the vapor phase 

leaving stage 'N', yN, can be calculated from equation 6.14. Since tiie overhead condenser 

is a total condenser, it follows that (xD)model = yN-

The composition of the distillate predicted by tiie approximate model, (xD)model. can 

be compared to tiie composition of the distillate obtained from tiie process, XD, and the 

error between the predicted and the actual values can be used to reduce the bounded interval 

between GnUn and Gmax in the Golden Section search for G, until the error is within the 

required tolerance limit. Given steady-state process values for F, z, q, XD, XB, L and V', a 

value of the parameter G can be determined to accommodate 'N' stages, and also satisfy 

the given steady-state process conditions. It is true that the pseudo-equilibrium line does 

not predict the compositions on tiie intermediate stages very accurately, but it is the overall 

picture that is more important from a process control perspective, and not the microscopic 

viewpoint. It must be noted that the Effective Separability model is an approximate model 

for control, and not a design model. 

The procedure for determining the value of the effective separability, a , from steady 

state operating process conditions allows the model to adapt to the process by removing 
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any process-model mismatch, and keeping the approximate model dedicated to the process. 

The approximate model can then be used to choose an appropriate control action. 

Using the Effective Separability model to choose a contt-ol action requires solving the 

model to determine the boil-up rate, V', and the reflux rate, L, in order to achieve tiie 

desired process conditions. Given the values of the process variables F, z, XD, XB, and an 

estimate of q, and using equations 6.18 and 6.19 to calculate L' and V, an iterative 

procedure can be used to determine V' and L. The initial guess for the boil-up rate is taken 

as 1.1 times the minimum boil-up rate, V'min- Details of the calculations involved in 

determining the minimum boil-up rate are discussed in Appendix D. Using the initial guess 

for V', the reflux rate, L, can be calculated from intemal material balances in the stripper as 

shown below: 

V = v ' + q F ; 
6.24 

L = V - D , 6.25 

and 

L = L + ( l - q ) F . 6.26 

A Newton search is used to determine the boil-up rate, V' by driving tiie error between tiie 

predicted value of the overhead composition, (xD)model and tiie process value of tiie 

overhead composition, XD, to zero. The method to determine the error between (xD)inodel 

and XD is same as that described in the model adaptation procedure. Equation 6.14 and the 

material balances are used alternately to determine the vapor phase and tiie hquid phase 

compositions until (xD)model is calculated. 

The Effective Separability model provides a tt-actable mathematical representation for 

tiie distillation process that predicts the process behavior fairly accurately witii tiie help of a 

single adjustable parameter. The effective separability, <J, can be computed rapidly from 

the composition and condition of the feed, the overhead and bottom compositions, the 
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reflux and boil-up rates, the number of stages above the feed stage, and the number of 

stages below the feed stage. 

6.4. Approximate Model for the Reboiler 

Even though the boil-up rate, V', is the manipulated variable in the distillation column, 

in practice the boil-up rate is never changed directiy. The boil-up rate is set by 

manipulating some other variable. The boil-up rate depends directly on the heat input in the 

reboiler, and the heat input can be controlled by manipulating tiie flow rate of the solvent 

through the reboiler. The scheme is illustrated in Figures 3.1 and 5.1. 

The Effective Separability model calculates the boil-up rate, V', required in the 

distillation column. Another approximate model is used to relate the boil-up rate to the flow 

rate of the solvent through the reboiler, m. If Q is the total heat transferred frx)m the solvent 

flowing through the reboiler tubes to the liquid in tiie reboiler shell, then Q can be 

expressed as 

Q=mCp(Tij^-Tout), 

6.27 

where, Cp is tiie average specific heat capacity of the solvent CO2, Tin is the temperature of 

CO2 at the inlet, and Tout is tiie temperature of CO2 at tiie outlet. The total heat tt-ansferred, 

Q can also be expressed as 

Q = UAATLMTI> 6.28 

where, U is the overall heat tt-ansfer coefficient, A is tiie surface area for heat tt"ansfer, and 

ATLMTD is tiie log mean temperature difference, which is defined as 

T- - T 

in out 
T . . T 

^ouf *w 
6.29 

where, Tw is tiie temperature of tiie liquid in tiie reboiler shell-side. 
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The surface area available for heat transfer changes with time due to fouhng on the 

inside as well as on the outside of the tubes. With any material build-up on the heat-

transfer surface, the heat- transfer coefficients also change. Therefore, it is not possible to 

quantify the values of the overall heat-transfer coefficient, U and the available surface area 

for heat transfer, A. The product of U and A can be chosen as the adjustable parameter, 

and a steady-state parameterization can be used to determine the value of UAreb-

At steady-state operating conditions, m. Tin and Tout can be measured from the 

process, and an estimated value of Cp can be used in equation 6.27 to calculate the amount 

of heat transferred, Q. The temperature of the liquid in the reboiler shell-side, Tw can be 

measured and ATLMTD can be calculated using equation 6.29. Equation 6.28 can be then 

used to determine the parameter UAreb-

Determination of the flow rate through the reboiler, m, given tiie boil-up rate, V' 

requires an iterative procedure. The PR-EOS can be used to calculate tiie heat of 

vaporization, AHyap, the details of which are explained in Appendix B. The total amount 

of heat transferred, Q is 

Q=AH V. 
^ 6.30 

Equation 6.28 can be used to determine ATLMTD, and equation 6.29 can be solved for 

Tout- A secant search using a tt-ansformation of variables yields rapid convergence. The 

details of tiie tt-ansformation and other calculations are explained in Appendix E. Equation 

6.27 can be solved for m, knowing Q, Tin and Tout-

6.5. Approximate Model for the Trim Cooler 

The ttim cooler serves to keep the temperature of the solvent entering the extt̂ ctor at 

about 40'*C. Proper contt-ol of the cooler is crucial because tiie cooler has to be able to 

respond quickly to the solvent flow rate changes, and maintain the temperature at tiie 
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feed flow rate - 1.9 kmols/hr; 

feed composition - 0.019 mfiPA; 

solvent flow rate - 7.75 kmols/hr; and 

solvent composition - 127 ppm iPA. 

The feed flow rate, feed composition, the solvent flow rate, and tiie solvent 

composition were changed one at a time, keeping the rest of tiie variables at their base case 

values. Appendix F gives the data set of the process changes, and the steady-state output 

values obtained fix)m the extractor simulator. The approximate model for the extt-actor was 

parameterized for each case in the data set. Figure 7.1 lists the values of the adjustable 

parameter, N, for each case. An average value of N was used in the approximate model to 

predict the raffinate composition. Figure 7.2 shows the relative percentage error (RPE) 

between the raffinate composition obtained from the extt-actor simulator and that predicted 

by the model, which is defined as 

(xR-('^R)mod)100 
RPE = 

R 

The maximum error is less than ±10%. Most of the predictions yield a RPE of ±5%, witii 

a few points showing higher relative errors. The high RPE indicates tiiat the extt-actor 

approximate model is not very accurate in predicting all the steady-state process states. 

However, the approximate model should be able to offer predictions sufficiently accurate 

for control purposes. 

7.2. Validation of the Effective Separability Model 
for Distillation 

The Effective Separability model for distillation uses a stage-to-stage material balance 

combined witii tiie adjustable parameter, a, and relates the boil-up and tiie reflux rates to 



CHAPTER Vn 

VALIDATION OF APPROXIMATE MODELS 

The approximate models developed in Chapter VI provide a simple matiiematical 

description of the processes, and are ideally suited for PMBC stt-ategies. It is desirable to 

choose a model that uses as few parameters as possible, and yet provides fairly accurate 

predictions. Models which are simple and tt-actable and give reasonable approximations of 

the process behavior outweigh rigorous and computationally intensive models that can 

provide very accurate predictions. 

The ability of an approximate model to adapt to process changes, and predict its 

behavior in the face of these changes have to be examined. In other words, the 

approximate models have to be validated using steady-state operating data. Since a real 

process is not available readily, the SFE process simulator is used to obtain steady-state 

operating data. The various units of the SFE process were isolated and operated 

independentiy. Data sets were compiled by changing the operating conditions in the 

individual process simulators, and recording the output variables at steady-state. The 

approximate models were adapted to these process changes, and the adapted models were 

used to predict the steady-state values of the process outputs. 

7.1. Validation of the Extt̂ ctor Model 

The extt-actor uses a modification of the Smitii-Brinkley (1960a) model which relates 

the composition of tiie raffinate with tiie solvent flow rate, feed flow rate, solvent 

composition, an average value of the partition coefficient, and an adjustable parameter, the 

total number of theoretical stages, N. The base case values for tiie extt-actor process 

variables are as given below: 

126 
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desired set-point in order to maintain a high extraction efficiency and solute recovery. The 

cooler uses an independent coolant loop. The solvent is cooled by evaporating the coolant 

in the shell-side of the trim cooler. The total quantity of heat removed from the solvent can 

be manipulated by changing the pressure in the shell-side of the cooler. The pressure in tiie 

shell-side corresponds to a saturation temperature, Ts-

A tt-eattnent identical to tiiat for the reboiler can be used to tiie determine the 

approximate model adjustable parameter, UAcooler. at steady-state operating conditions. 

The conttx)lled variable is the outlet temperature of the solvent. Tout, which is set by the 

process conditions in the extractor. Therefore, 

^cooler ~ "^cooler ̂ P ^out "̂ in̂  cooler 6.31 

gives the total amount of heat to be transferred. The log mean temperature difference, 

ATLMTD, for the cooler can be calculated from an equation similar to equation 6.28. 

Equation 6.29 which is the definition of the log mean temperature difference, can be 

rearranged and solved for Ts, 

T T .^in'^^out. 
T^in-Toutexp(— ) 

ATLMTD 
T = 

S T- - T 
, * in * out. 

1 - exp( ) 
A T L M I D 6.32 

The process models developed for the various units of tiie SFE process simulator will 

be used in tiie PMBC stt-ategy to contt-ol the process. Since tiie steady-state models include 

only one adjustable parameter, the models are amenable to rapid computation. 
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Data Set # 

1 

2 

3 

4 

5 
6 

7 

8 

9 
10 

11 

12 

13 

14 

15 
16 

17 

18 
19 

Total Number of 
Theoretical Stages, N 

3.0378 

3.1337 
3.1501 

3.1344 

3.1069 
3.0555 

3.1118 

3.1647 

3.1779 
3.2666 

3.3921 

3.1896 

3.1159 

3.0812 

3.0462 
3.1286 

3.1434 

3.1478 

3.1403 

Figure 7.1. Extt"actor Model Parameter 
Values 
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tiie bottoip and tiie overhead compositions, respectively. The base case values for the 

distillation process variables are as given below: 

sttipper feed flow rate - 7.75 kmols/hr; 

Sttipper feed composition - 0.996 mf CO2; 

reflux rate - 0.15 kmols/hr; and 

boil-up rate - 4.0 kmols/hr. 

The sttipper feed flow rate, the feed composition, the reflux and the boil-up rates were 

changed one at a time, keeping the rest of the variables at their base case values. Appendix 

F hsts the data set of the process changes, and the steady-state values of the overhead and 

the bottom compositions obtained from the distillation simulator. The Effective 

Separabihty model was parameterized for each case in tiie data set. Figure 7.3 Hsts the 

values of the effective separability, <7, for each case. An average value of G was used in 

the model to predict the overhead composition. Figure 7.4 shows the relative percentage 

error between the overhead composition from the distillation simulator and that obtained 

from the approximate model. The maximum error is less than ±0.03%. 

7.3. Validation of the Reboiler Model 

The approximate model for the reboiler is a steady-state heat balance, and the 

adjustable model parameter, UAreb, is a product of tiie overall heat-tt-ansfer coefficient, U, 

and the surface area available for heat o-ansfer, A. The approximate model relates tiie boil-

up rate, V', calculated by the Effective Separability model, and the CO2 flow rate through 

tiie reboiler tubes, m. The base case for the reboiler process variables are as given below: 

(X>2 inlet temperature - 110°Q 

bottom composition in the sttipper - 0.91 mf CO2; 

boil-up rate in the sttipper - 4.0 kmols/hr; and 

OO2 flow rate tiirough tiie reboiler - 2.5 kmols/hr. 
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Data Set # 

1 
2 

3 
4 
5 
6 
7 
8 
9 
10 
11 
12 
13 
14 
15 

16 
17 
18 
19 

Effective Separability, G 

34.3599 
34.2298 
34.9481 
34.2298 
35.1339 
35.0216 

30.2662 
24.2874 
36.3633 
27.7202 
39.9817 
42.0056 
27.3632 
40.3973 

44.0923 
33.9825 
34.0368 

33.7778 
33.7289 

Figure 7.3. Distillation Model Parameter 
Values 
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The CO2 inlet temperature, the sttipper bottom composition, and the CO2 flow rate 

through the reboiler were changed one at a time, keeping the rest of the variables at their 

base case values. Appendix F hsts the data set of tiie process changes, and the steady-state 

values of the CO2 outlet temperature obtained from tiie reboiler simulator. The reboiler 

model was parameterized for each case in the data set Figure 7.5 gives the values of the 

model parameter for each case. An average value of the parameter, UAreb, was used in tiie 

model to predict the CO2 outiet temperature and the CO2 flow rate through the reboiler. 

Figure 7.6 shows the relative percentage error between the CO2 outiet temperature obtained 

from the reboiler simulator and that obtained from the approximate model, and Figure 7.7 

illustrates the relative percentage error between the CO2 flow rate obtained fix)m the 

simulator and tiiat predicted by the model. The maximum error for the CO2 outiet 

temperature is less than ±1%, while that for the CO2 flow rate is less than ±1.5%. 

7.4. Validation of the Trim Cooler Model 

The approximate model for the ttim cooler is also a steady-state heat balance, and the 

adjustable parameter, UAcooler, is a product of tiie overall heat-tt-ansfer coefficient, U, and 

tiie available surface area for heat tt-ansfer, A. The approximate model relates the outiet 

solvent temperature and the saturation temperature of the coolant, which corresponds to a 

sattirated vapor pressure in tiie cooler shell-side. The base case operating conditions for tiie 

trim cooler are as given below: 

solvent flow rate - 7.75 kmols/hr; 

pressure in the cooler shell-side - 1.15 atm.; 

saturation temperature - 27.27°C; and 

inlet solvent temperature - 87°C. 

The solvent flow rate, inlet solvent temperature, and tiie shell-side pressure were 

changed one at a time, keeping tiie rest of tiie variables at tiieir base case values. Appendix 
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Data Set # 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

UAj^ty (kW/K) 

954.807 

954.815 

954.815 

954.806 

954.812 

888.785 

814.906 

1014.485 

1068.932 

952.895 

948.822 

955.866 

956.510 

Figure 7.5. Reboiler Model Parameter 
Values 
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F lists the data set of the process changes . The cooler simulator was allowed to attain 

steady-state operation after each change and the outputs from the process were recorded. 

The cooler model was then parameterized for each case. The values of the parameter, 

UAcooler, are given in Figure 7.8. An average value of the model parameter was used to 

predict the temperature in the cooler shell-side. Figure 7.9 shows the relative percentage 

error between the cooler shell-side temperature obtained from the cooler simulator and that 

obtained from the model. The maximum error is less than ±1%. 

The approximate models to be used in the PMBC strategies demonstt-ate tiie ability to 

adapt to changing process conditions and yield fairly accurate predictions in the face of the 

upsets. The error in the predicted values are within ±1.5%, and the models, when used, 

should not yield bad predictions. The flash model is based on tiie PR-EOS which has been 

discussed in detail in Chapter III and Appendix B. 
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Data Set # 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

UAcooler (^W/K) 

2982.275 

2982.279 

2982.283 

2982.272 

2982.270 

2982.268 

2982.267 

2982.271 

2982.270 

2978.888 

2973.627 

2984.584 

2986.233 

Figure 7.8. Trim Cooler Model Parameter 
Values 
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CHAPTER VIII 

PROCESS MODEL-BASED (X)NTROL STRATEGIES 

The SFE process simulator and the approximate models for the various units of the 

SFE process have been developed and validated. The approximate models can now be 

used in the PMBC stt^tegy to control tiie SFE process. Since a real process is not readily 

available, the SFE process simulator will be used as the process in the control studies. The 

main control objective in a multi-unit SFE process is to maintain the composition of the 

raffinate at a specified set-point. The main objective then defines the secondary objectives. 

The performance of the extractor is directiy influenced by the performance of the other 

units of the SFE process. If the iPA-content in the overhead product from the snipper 

increases above a certain Hmit (the limit is dependent on the thermodynamics and phase 

behavior of the ternary mixture in the extt-actor), the fresh solvent entering tiie extractor is 

unable to extract any solute because under the thermodynamic condtions in the extractor, 

the solvent cannot accomodate any more solute. The extractor operation is then said to be 

at a "pinch-point." There is an inherent limitation in the design of tiie reboiler. The heat 

source to the reboiler is the recycle CO2, and there is only a hmited amount of heat 

available. Consequentiy, tiiere is a maximum boil-up rate, an a hmit on tiie purity of the 

bottom product. To obtain a more iPA-rich stt-eam from the bottom, more heat has to be 

added to the system. But, addition of energy from a separate external source defeats the 

purpose of using an SFE process, which is primarily to achieve energy savings. The 

contt-ol objective in tiie sttipper is to maintain the iPA-content in the overhead product 

below a specified limit, and to maintain the bottom composition at a specified set-point. 

The ttim cooler serves to maintain the temperature of tiie fresh solvent CO2 entering 

tiie extt-actor at a specified set point to enable an optimum extt-actor performance. As tiie 
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temperamre increases, the extt-action process moves away from the optimum because the 

solubihty, which is very stt-ongly dependent on the temperature, decreases. The sttipper 

overhead and the bottom compositions, and the cooler temperature set-points are the 

secondary control objectives. To ensure that the SFE process is operating at its maximum 

efficiency, the primary as well as the secondary control objectives have to be satisfied. 

Control strategies are not general, and a technique applied to one system cannot be 

blindly applied to another system, even if the two processes are the same. A contt-ol 

strategy has to be devised based on the information available from the process. Each 

process control problem is, therefore, unique and requires a good understanding of the 

process, the available instrumentation, the interaction between different process variables 

and the extent of the multi-variable coupling that exists. The control strategy employed to 

control the SFE process can be broadly divided into two categories as given below: 

i. "stand-alone" mode; and 

ii. "integrated" mode. 

In the "stand-alone" mode, each unit is controlled by an individual PMBC controller. 

The controller calculates a contt-ol action based on the available information from the 

process it controls. The extractor cono-oller uses the extractor approximate model and the 

available data about the extt^ctor to calculate a contt-ol action; the sttipper conttx)ller uses tiie 

Effective Separability model and the available data from tiie sttipper to calculate a contt-ol 

action. Any new information obtained by solving one approximate model is not passed on 

to the other approximate models. 

In tiie "integrated" mode, a single PMBC contt-oller uses the approximate models of 

tiie various units and tiie avaiable data from tiie entire SFE process to calculate tiie conttx)l 

action. Any information obtained by solving one of the approximate models is available to 

tiie otiier approximate models. The approximate models in tiie integrated mode "talk" to 

one anotiier, and the conttx)l action calculated takes into account the changes to be made to 
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keep the overall process close to the desked set-points. In this manner, the integrated 

PMBC conttx)ller includes an anticipatory feattire while determining a conttx)l action which 

allows the process to be prepared for any upsets or changes in the loads or the disturbances 

of the process. 

The approximate models are parameterized under steady-state operating conditions to 

remove any process-model mismatch. Before going into further details of the PMBC 

stt-ategies, it might be worthwhile to understand how the PMBC stt-ategy uses tiie 

approximate models to infer a control action. 

8.1. PMBC Law and Stt-ategy 

The concepts of nonlinear PMBC are best explained with the help of an example. 

Consider the extractor in the SFE process as the process which is to be controlled. The 

approximate model for the extraction process is written as 

(xs-xp)(Sn-1) 
Xp = ——; + Xc. 

^ 1 «N+1 ^ 
^ '^n 

8.1 

The contt-ol law is developed from the fundamentals of an elementary nonlinear process 

contt-oller shown in Figure 8.1. Consider the extt-actor operating at a steady-state 

condition. Let the raffinate composition at these condition be XR, and it is desired to shift 

tiie process to another state XR ŜP- Also, it is required that the new steady-state be achieved 
in tiie time interval i. Making a forward difference approximation for tiie change in XR 
with respect to time, t, dxR/dt, and assuming that dxR/dt remains constant in tiie interval x 

yields 

dxR ( X R , $ P - X R ) 

8.2 
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R,SP 

Controlled Variable, Xf̂  

Time, t 

Figure 8.1. An Elementary Nonlinear Contt-oller 
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dxR/dt in equation 8.2 is obtained from a dynamic material balance about stage 1 in an 'N' 

stage extractor. Equation 8.1 is the steady-state solution of the dynamic material balance. 

Equation 8.1 can be used to calculate the solvent flow rate, which is the manipulated 

variable, when all other process variables are known. Using the present value of the 

controlled variable, XR, the contt-oller calculates a steady-state target value, XR^SS, based on 

the error XR,SP - XR. The PMBC law is given as 

' ^ R , S S = ' ^ R + K I ( X R S P - X R ) . 

8.3 

XR,ss is used in the approximate model (equation 8.1) instead of the current value, to 

calculate the manipulated variable. Ideally, the value of the calculated manipulated variable 

should enable the process to move from the present state XR to the new state XR,SP in time 

X. It is also to be noted that Ki = 1/x. Between model parameterizations, the process will 

change shghtly as the disturbances change. Consequently, a process-model mismatch 

develops, and the control action chosen by the contt-oller results in a steady-state offset. 

The offset can be removed by parameterization, however, in between parameterizations a 

temporary means of removing the offset is by adding an integral term to the PMBC law in 

equation 8.3. The contt*ol law can then be written as 

XR,SS = '̂ R-̂  K1 (XR^SP- '^R) + ^2 J (''R,SP- '^R) ^̂ • 
° 8.4 

As tiie offset increases, the integral term accumulates to produce a response tiiat will tend to 

eUminate tiie offset. Equation 8.4 is an extension of the PMBC law, and is called tiie 

Generic Model Contt-ol (GMC) law (Lee and Sullivan, 1988). The PMBC contt-oller 

calculates a target value XR,SS based on the set-point for the contt-olled variable, XR,SP, the 

current value, XR, and the contt-ol law tuning constants, Ki and K2. The conttoller time 

horizon is defined as the time interval between two control actions, and tiie conox)ller 

horizon is usually much smaller than the time interval x, which is the process time constant. 



145 

The PMBC conttx)ller "looks" at the process at every conttx)l time horizon and calculates a 

new steady-state target value, XR,SS- In this manner, tiie PMBC conttDller works to bring 

the process to its new state, XR^SP within the time interval x. Figure 8.2 illustrates the 
• 

working of tiie PMBC law and tiie contt-oller. XR,SSI is the target value calculated at time t 

= o; XR,SS2 is tiie target value at t = 1; and so on. XRI is the value of the contt-olled variable 

at the end of the first control horizon; XR2 is tiie value of the conn-oiled variable at the end 

of the second control horizon; and so on. 

The PMBC provides nonhnear feedforward response as well as nonlinear feedback 

control. Changes in the load are fedforward directiy. The PMBC law serves to Unearize 

the output from the process with the help of the steady-state approximate models. For 

multiple-input multiple-output systems such as a distillation process, the PMBC contt-oller 

provides direct decoupling of the manipulated variables 

8.2. "Stand-alone" PMBC Stt-ate^v 

Figure 8.3 shows a schematic of the SFE process and the control stt-ategy 

configuration. The extractor contt-oller receives information from the SFE process 

simulator about the feed composition, xp, the raffinate flow rate, R, the raffinate 

composition, XR, the fresh solvent composition, ys, and the solvent flow rate, S. The 

measured data are filtered, and used by the cono-oller to calculate a target value for tiie 

conttx)lled variable, XR^SS- The target value and the filtered values of tiie process variables 

are used in tiie extt-actor approximate model for the manipulated variable. Once the solvent 

flow rate is calculated, the extt-actor PMBC contt-oller insttoicts tiie flow contt-oller (not 

shown in tiie figure), which sets the flow contt-ol valve position to obtain tiie desired flow 

rate. 

The trim cooler conttx)ller uses tiie filtered data about the solvent inlet and outiet 

temperatures, Ti and TQ, the cooler shell-side pressure, P, and tiie solvent flow rate, S to 
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Figure 8.2. PMBC Nonlinear Contt-oller 
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Figure 8.3. "Stand-alone" PMBC ConttX)ller Configuration 
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calculate a target value for the controlled variable, To,sS- The target value is used in the 

cooler approximate model to calculate the shell-side pressure. The cooler PMBC conttx)ller 

insttiicts the pressure controller (not shown in the figure) which sets the pressure conn-ol 

valve position to obtain the desired pressure in the shell-side. 

The distillation column has two contt-olled variables; the overhead and the bottom 

product compositions. The manipulated variables are the reflux and the boil-up rates. The 

controller uses the filtered values of the overhead and the bottom composition, XD and XB, 

respectively, the feed flow rate and the composition, F and xp, respectively, an estimate of 

q obtained from the PR-EOS, the reflux and the boil-up rates, L and V', respectively, to 

calculate the target values XD,SS and XB.SS- The target values are used in tiie Effective 

Separability model to solve for L and V'. The reflux rate is conveyed to the flow conttX)ller 

(not shown in the figure) which sets the flow conttXDl valve to obtain the desired reflux rate. 

The boil-up rate cannot be directiy manipulated. The boil-up rate calculated by tiie sttipper 

model is used by the reboiler contt-oller, along with additional information about tiie 

reboiler inlet and outlet temperatures, Tj and TQ, the composition of tiie liquid mixttire in 

tiie reboiler shell-side, XB, and the flow rate of the solvent tiirough tiie reboiler mbes, m, to 

calculate tiie CO2 flow rate through the Uibes. The reboiler model output is conveyed to the 

flow contt-oller (not shown in the figure) which sets the flow contt-ol valve to obtain tiie 

desired CO2 flow rate. The rest of the CO2, not passing through the reboiler, is by-passed. 

Since each conttx)ller operates individually, the contt-ol configuration is called the 

"stand-alone" mode. In the "stand-alone" mode, tiie individual contt-ollers are not aware of 

an upset coming through and responds only when the upset is sensed. 

8.3. "Integrated" PMRC Stt-ategy 

Figure 8.4 explains tiie contt-ol configuration for tiie "integrated" conttt)l mode of the 

SFE process. The integrated PMBC contt-oller consists of tiie conttol laws and tiie 
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Figure 8.4. "Integrated" PMBC Contt-oller Configuration 
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approximate models of the entire SFE process. The contt-oller uses the filtered data 

obtained finom the SFE process, and the specified set-points to calculate the target values for 

the various controlled variables. The target values and otiier pertinent information available 

from the process are used in the appropriate approximate models. Information available 

from solving one approximate model is used in the other models. In this manner, the 

different individual controllers communicate witii each other, and any upset that is sensed 

by the extt-actor model is passed on to the cooler, sttipper and reboiler models. The 

individual control laws and the method of using the approximate models to determine the 

manipitiated variables are as described in the "stand-alone" mode. In the "integrated" 

mode, there is an additional feedforwarding of information which allows the process to 

anticipate the upsets. The integrated contt-oller insttucts various flow and pressure 

conttx)llers (not shown in the figure) which set the flow and pressure conu-ol valves to 

obtain desired flow rates and pressures to meet the desired set-points. 

The integrated PMBC contt-oller provides a method to use the approximate models for 

tiie various units that make up a multi-unit process, and enables tiie controller to consider 

the process as a single unit, while deciding a contt-ol action. The integrated PMBC 

contt-oller can be easily extended to control an entire plant which could be made up of many 

multi-unit processes. 



CHAPTER IX 

CONTROL STUDIES 

Control studies were performed on the SFE process simulator to compare the 

performances of the stand-alone and the integrated PMBC conttx)llers. The loads and tiie 

disturbances of the SFE process were changed, and the PMBC contt-ollers were tested for 

disturbance rejection and set-point changes. The main aim of the control studies was to 

compare and contt-ast the performance of the two contt-ol configurations and to determine if 

there was any significant advantage gained by controlling a multi-unit process by 

considering it as a single process, instead of contt-olling the several individual units. 

9.1. Tuning of the PMBC Contt-ollers 

A quarter decay ratio response method proposed by Zeigler and Nichols (1942) for on-

Une tuning of controllers was employed to tune the contt-ollers. The controllers were tuned 

witii tiie intention of minimizing the integral of the error between the acuial value of tiie 

controlled variable and the set-point. However, tiie integral of the error cannot be 

minimized directiy because a very large negative error would be the minimum. To prevent 

negative values of the performance functions, the 

Integral of tiie Absolute Value of the Error (lAE), which is defined as 

1AE= rie(t)|dt. 
0 9.1 

and tiie Integral of the Square of the Error (ISE), which is defined as 

X 
oo 

ISE= I e^(t)dt 

9.2 
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are considered. The difference between the lAE and ISE criteria is that the ISE puts more 

weight on large errors, which usually occur at the beginning of the response, and less 

weight on the smaller errors, which happen towards the end of the response. In trying to 

reduce the iiutial error, the minimum ISE criterion results in high contt-oller gains and very 

oscillatory responses (i.e., a high decay ratio) with the error oscillatory about zero for a 

relatively long time. This phenomenon suggests that the performance criterion should 

contain a penalty for the time elapsed from the start of the response. The following error 

integrals should contain such a penalty by including a weight for the elapsed time. 

The Integral of tiie Time-Weighted Absolute Value of the Error (TTAE), defined as 

^% oo 

ITAE= J t|e(t)|dt. 

9.3 

and tiie Integral of the Time-Weighted Square of the Error (ITSE), defined as 

ITSE= I te^(t)dt X 
9.4 

are considered. Equations 9.1 tiirough 9.4 constitute the four basic error integrals tiiat can 

be minunized for a given loop by adjusting the contt-oller uining parameters. 

9.2. Stand-alone PMBC Contt-oller Studies 

The stand-alone PMBC control configuration is illustt-ated in Figure 8.3 and explained 

in Chapter VIE. The contt-oller performance for set-point changes, feed flow rate, and feed 

composition changes were examined. Figure 9.1 describes the tiiree types of contt-ollers 

tests that were performed. The disturbances or the set-point changes were made after tiie 

process was started up and allowed to come to a steady-state operation. The start-up is not 

shown. Only the responses of the conn-oiled and the manipulated variables for tiie process 
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Controller 

Test# 
Description of the Contt-oller Test 

Raffinate Composition Set-point Changes 

Feed flow rate = 1.814 kmols/hr (1.25 Ib/min) 

Feed composition = 0.0188 mf iPA (6% wt. iPA) 

Raffinate composition base case set-point = 0.002 mf IPA 

Raffinate composition set-point changes -

(a) 0.0025 mf IPA; (b) 0.002 mf iPA; (c) 0.0015 mf IPA 

Stripper overhead composition set-point =127 ppm iPA 

Stripper bottom composition = 0.9 mf CO2 

Extractor Feed Flow Rate Changes 

Feed composition = 0.0188 mf iPA (6% wt. iPA) 
Raffinate composition set-point = 0.002 mf IPA 
Stripper overhead composition set-point = 127 ppm iPA 

Stripper bottom composition = 0.9 mf CO2 
Feed flow rate base case = 1.25 Ib/min 
Feed flow rate changes -
(a) 1.5 Ib/min; (b) 1.25 Ib/min; (c) 1.0 Ib/min 

Extt-actor Feed Composition Changes 

Feed flow rate = 1.814 kmols/hr (1.25 Ib/min) 

Raffinate composition set-point = 0.002 mf IPA 

Stripper overhead composition set-point = 127 ppm iPA 

Stripper bottom composition = 0.9 mf CO2 
Feed composition base case = 6% wt. iPA 
Feed composition changes -
(a) 7% wt. iPA; (b) 6% wt. iPA; (c) 5% wt. iPA 

Figure 9.1. Description of the Contt-oller Tests 
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are explained with the help of figures. The base case operation for the process is as given 

below: 

cxtt^ctor feed flow rate - 1.8 kmols/hr (1.25 Ib/min); 

extt-actor feed composition - 0.019 mf iPA (6% wt iPA); 

raffinate composition - 0.002 mf iPA; 

recycle solvent composition - 127 ppm iPA; 

sttipper bottom composition - 0.9 mf CO2; and 

solvent flow rate - 7.75 kmols/hr. 

9.2.1. Controller Performance for Set-point Changes 

Set-point changes of the controlled variables are commonly observed, especially when 

the controlled variable is a throughput or a recovery. In the case when the contt-olled 

variable is a composition set-point changes are not very commonly observed, especially if 

there is a legislation or regulation governing the composition of an effluent. In the present 

case, set-point changes are being examined to study the performance of the PMBC 

conttx)ller. 

Figure 9.2 shows the response of the raffinate composition to the set-point changes 

described in Figure 9.1. Figure 9.3 shows the response of the manipulated variable, the 

solvent flow rate, to tiie corresponding set-point changes. Figures 9.4 and 9.5 shows tiie 

stripper overhead and bottom compositions, and Figures 9.6 and 9.7 show the responses 

of tiie manipulated variables, reflux rate and the CO2 flow rate through tiie reboiler, 

respectively. 

The feed flow rate and feed composition were kept unchanged. Increasing die set-

point on tiie raffinate composition implies that more iPA is being released in tiie raffinate. 

Lesser extt-action is desired, and consequently, less solvent is required for the extt-action. 

The PMBC conttX)ller insttncts tiie flow contt-ol on the recycle solvent line to shut tiie flow 
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conttx)l valve to maintain the desired solvent flow rate to achieve tiie specified set-point. 

Decreasing the set-point results in the increase in the solvent flow rate. 

Decrease in tiie solvent flow rate results in tiie decrease of the stripper feed flow rate, 

and vice versa. The PMBC controller does not sense tiie change in the solvent flow rate 

until the flow sensor in the stripper feed line detects the change. The stripper PMBC 

controller calculates the boil-up and the reflux rates required to maintain the bottom and the 

overhead composition set-points, as shown in Figures 9.4 and 9.5. The boil-up rate is 

used to calculate the desired flow rate of CC)2 in the reboiler. The two manipulated 

variables are shown in Figures 9.6 and 9.7. Figure 9.8 shows the fractional recovery of 

iPA. The fractional recovery shows a significant change because of the change in the 

amount of the iPA being released in the raffinate. The recovery drops as more iPA is lost, 

and as more iPA is extracted, the recovery increases. The ttim cooler PMBC controller 

maintains the recycle solvent temperature at 40°C, and Figure 9.9 shows the response of 

the solvent temperature in the face of the set-point changes. 

The values of the four integrals of the error described in equations 9.1-9.4 for tiiree 

controlled variables, XR, XD, and XB, the values of the approximate model parameters 

obtained by parameterizing at steady-state, and tiie PMBC contt-oller ttining parameters are 

tabulated in Appendix G. Each integral of the error is based on a six-hour contt-oller 

performance. 

9.2.2. Contt-oller Performance to Feed Flow Rate Changes 

Feed flow rate changes are the most commonly observed type of disturbance tiiat can 

occur in any flow process. Figure 9.10 shows the response of the raffinate composition to 

tiie feed flow rate changes described in the Figure 9.1. The extt-actor PMBC conox)ller 

calculates the solvent flow rate (Figure 9.11) required to maintain tiie raffinate composition 

at its set-point. 
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Figures 9.12 and 9.13 show the response of tiie sttipper overhead and bottom 

compositions, respectively. The sttipper PMBC controller calculates the reflux rate (Figure 

9.14) and tiie CO2 flow rate through the reboiler (Figure 9.15) required to maintain the 

stripper overhead and bottom compositions at their respective set-points. Figure 9.16 

shows tiie ft-actional recovery of iPA in the extt-actor. As the raffinate composition in tiie 

extractor is maintained at the desired set-point, the recovery does not show significant 

changes. Figure 9.17 shows the response of the recycle solvent temperature. 

Appendix G gives the values of the integrals of the error for the raffinate composition, 

and the stripper overhead and bottom compositions, the controller tuning parameters and 

the values of the approximate model parameters obtained by parameterizing at steady-state. 

9.2.3. Controller Performance to Feed Composition Changes 

Feed composition changes do not occur very often, but nevertheless are an important 

type of disturbance. Figure 9.18 shows the response of the raffinate composition to feed 

composition changes described in Figure 9.1. The extt-actor PMBC conttDller calculates 

tiie solvent flow rate (Figure 9.19) required to maintain the desired raffinate composition 

set-point. 

Figures 9.20 and 9.21 show the responses of the sttipper overhead and bottom 

compositions. The sttipper PMBC controller calculates tiie reflux rate (Figure 9.22) and 

uses the reboiler model to calculate the CO2 flow rate through tiie reboiler (Figure 9.23) 

required to maintain tiie sttipper overhead and bottom compositions at their set-points. 

Figure 9.24 shows the fi-actional recovery of iPA in the extt-actor. Figure 9.25 shows the 

response of tiie temperature of tiie recycle solvent leaving tiie ttim cooler. Appendix G 

gives tiie values of tiie integrals of the errors for tiie cono-olled variables, conttioller tuning 

parameters, and tiie values of the model parameters obtained by parameterizing at steady-

state. 
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9.3. Integrated PMBC Controller Studies 

The integrated PMBC contt-oller configuration is illustt-ated in Figure 8.4 and explained 

in Chapter VIE. The SFE process was put through identical changes in the disttirbances 

and loads as in the case of the stand-alone contt-oller studies, and tiie integrated PMBC 

controller was used to control the process. The contt-oller tests performed are as described 

in Figure 9.1, and the base case operation is same as that described in Section 9.2. 

9.3.1. Controller Performance to Set-point Changes 

Figure 9.26 shows the response of the raffinate composition to the set-point changes 

described in Figure 9.1. The integrated PMBC controller calculates the solvent flow rate 

(Figure 9.27) required to maintain the raffinate composition at the desired set-point. The 

integrated PMBC conn*oller maintains the stripper overhead (Figure 9.28) and bottom 

(Figure 9.29) compositions at their specified set-points by manipulating the reflux rate 

(Figure 9.30) and tiie CO2 flow rate through the reboiler tubes (Figure 9.31). Appendix G 

gives the values of the integrals of the error for the conttx)lled variables, contt-oller tuning 

parameters, and the values of the model parameters obtained by steady-state 

parameterization. 

9.3.2. Contt-oller Performance to Feed Flow Rate Changes 

Figure 9.32 shows the response of the raffinate composition to the feed flow rate 

changes described in Figure 9.1. Figures 9.33 shows the changes in tiie solvent flow rate 

as calculated by the integrated PMBC contt-oller to maintain the raffinate composition set-

point. Figures 9.34 and 9.35 show the sttipper overhead and bottom compositions. 

Figures 9.36 and 9.37 shows the changes in the reflux and tiie CO2 flow rate through tiie 

reboiler, respectively, as calculated by the integrated conttx)ller to maintain tiie overhead and 
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tiie bottom compositions set-points. Appendix G gives the cono-oller mning parameters, 

model parameters, and the contt-oller performance measures. 

9.3.3. Controller Performance to Feed Composition Change 

Figure 9.38 shows the response of tiie raffinate composition to the changes in tiie feed 

composition as described in Figure 9.1. Figure 9.39 gives tiie changes in the solvent flow 

rate as calculated by the integrated contt-oller to maintain tiie raffinate composition set-point. 

Figures 9.40 and 9.41 show the snipper overhead and bottom compositions. Figures 9.42 

and 9.43 show the reflux rates and the CO2 flow rate than tiie reboiler calculated by the 

integrated controller to maintain the stripper overhead and bottom composition set-points. 

Appendix G gives the controller tuning parameters, model parameters, and the controller 

performance measures. 

9.4. Analysis of the PMBC Controller Performances 

There are three main controlled variables in the Sra process, the raffinate 

composition, the stripper overhead composition, and the stripper bottom composition. The 

temperature of the solvent leaving the cooler is also another important variable from a 

process viewpoint. But, from a control aspect, the PMBC contt-ollers handle the solvent 

flow rate and the inlet temperature disturbances very effectively, and maintain the 

temperature set-point in the face of these upsets. Figures 9.9, 9.17, and 9.25 show the 

contt-ol of the outiet temperature. Each of these controlled variables have four integrals of 

error which are used as a measure of the contt-oller performance. The four integrals are 

denoted as lAEi, ISEi, ITAEj, and ITSEj, where 'i' is either 1, 2, or 3, representing the 

raffinate composition, the sttipper overhead and bottom compositions, respectively. 

Therefore lAEi represents the integral of the absolute error for the raffinate composition, 

and so on. 
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Three identical tests were performed on both control configurations. Even though in 

some cases, lAEi and ISEi for the stand-alone PMBC contt-oller are slightiy smaller than 

the corresponding values for the integrated PMBC contt-oller, in every single case, the 

TTAE and the ITSE for all the three contt-olled variables for the integrated PMBC contt-oller 

are less than those obtained for the stand-alone PMBC controller by as much as two orders 

of magnitude. It must be noted that ITAE and ITSE are more reliable measures of the 

controller performance. Figure 9.44 gives a comparison of the average values of the ITSE 

for the raffinate composition for the stand-alone and the integrated PMBC controllers. 

While the PMBC contt-ollers in either mode are able to handle set-point and feed flow 

rate changes and maintain the raffinate composition set-point, the controller performance 

for feed composition changes show problems encountered in controlling the raffinate 

composition. Both the contt-oller modes show deviations from the set-point as soon as tiie 

feed composition disturbance is inn-oduced. The problem arises due to tiie process-model 

mismatch that exists even after the steady-state parameterization of the extt-actor 

approximate model. As seen in Chapter VII, in which the approximate models developed 

for contt-ol were validated, there is a ±10% relative error between tiie raffinate composition 

obtained from the process simulator and that predicted by the Smith-Brinkley model (Smith 

and Brinkley, 1960a) adapted for extt-action. The mismatch is due to the inherent 

deficiencies in the Smith-Brinkley model, which is a short-cut design equation for 

equihbrium stage operations and a very general model that might be suited better for 

approximate designs. The model is limited in its ability to predict steady-state conditions. 

The Smith-Brinkley model was used eariier as the approximate model for distillation, 

but due to its inabihty to predict the process behavior, which is the foremost necessity of a 

contt-ol model, the Effective Separability model was developed. The Effective Separability 

model can be easily extended to extt-action, and may be better suited as an approximate 

model. 
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Contt-oller 
Test# 

1 

2 

3 

Stand-alone PMBC 
Controller 

5.75 lE-7 

7.328E-7 

1.222E-6 

Integrated PMBC 
Controller 

6.593E-8 

1.099E-7 

1.122E-7 

Figure 9.44. Average ITSE values for Raffinate Composition 
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Despite tiie fact tiiat tiie approximate model for tiie extt-actor has some hmitations while 

handUng feed composition upsets, the integrated PMBC controller does a better job of 

conttx)lUng tiie raffinate composition than the stand-alone PMBC conttx)ller as can be seen 

from Figures 9.18 and 9.38. 

The Sttipper overhead and bottom compositions show little variation and the PMBC 

contt-ollers are able to tt-ack faithfully the set-points in the face of tiie disturbances. The 

additional feature of feedforwarding information between the approximate models in the 

integrated PMBC contt-oller helps to reject the disturbances more effectively and the 

controlled variables show very liule deviations from the set-points. The integrated PMBC 

controller adds an anticipatory feature to the contt-ol configuration which allows the process 

to be prepared better for the upsets. 

Comparison of the responses of the manipulated variables for the two controller modes 

indicates a smoother response for the integrated PMBC controller. The stand-alone 

controller responds to individual process change and measurement noise because each 

controller acts as a single independent entity. In the integrated mode, all the measured data 

are received by a single controller, and used to calculate a control action. The control action 

that is calculated takes into account the changes in the entire process and the associated 

interactions, and the multi-variable coupling. 

A Pl-controller configuration was also attempted along the same hnes as the stand

alone PMBC contt-oller. Independent SISO Pl-contt-ollers were used to contt-ol the raffinate 

composition, the sttipper overhead and bottom compositions, and the CO2 temperamre at 

tiie cooler outiet, using the solvent flow rate, the reflux rate, tiie CO2 flow rate through the 

reboiler, and the pressure in the cooler shell-side, respectively, as tiie manipulated 

variables. The elementary Pl-contt-oller configuration was unable to maintain any of tiie 

contt-olled variables at tiieir set-points. A process as interactive and coupled as tiie SFE 
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process requires a more advanced Pl-control strategy employing decouplers and gain 

scheduling before it can be compared to the PMBC strategies. 



CliAPTERX 

CONCLUSIONS AND RECOMMENDATIONS 

The main purpose of tiiis work was to evaluate if there could be any benefits or 

advantages obtained by employing a global contt-ol strategy to contt-ol a multi-unit process 

using the PMBC controller. A SFE process was used as tiie example for a multi-unit 

process. A dynamic process simulator was developed to perform the studies because a 

real SFE process was not readily available. The dynamic process simulator was validated 

with process data obtained from a real SFE process. Approximate models for the various 

uiuts of the SFE process were developed and validated. Two PMBC strategies were 

formulated: a stand-alone PMBC stt-ategy used the approximate models of tiie process 

separately to calculate the control action, and an integrated PMBC strategy used tiie 

approximate models simultaneously to calculate the contt-ol action for the entire process. 

The integrated PMBC strategy was more effective than the stand-alone strategy. The 

integrated stt^tegy enables the interactive use of the approximate models to calculate the 

conttx)l action. The contt-ol action calculated takes into account the overall process behavior 

and the interactions among the process variables. The integrated contt-oller is able to 

prepare the process better to handle the upsets and reject the disturbances. The overall 

picture is improved contt-ol of the process. 

It should be noted tiiat the effort involved in tiie development of the integrated 

contt-oller is comparable to that for the stand-alone contt-oller. All tiie information tiiat is 

used by tiie integrated contt-oller is fed directly to the main contt-oller module. The 

measured data are filtered and used by the contt-oller to calculate tiie target values for the 

contt-olled variables, and by tiie approximate models for tiie contt-ol action. 
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As identified by Riggs and Rhinehan (1989), the success of a PMBC stt-ategy 

application is highly dependent on tiie approximate models used for conttx)l calculations. 

As mentioned earlier, no two process control problems can be treated alike. Every case is 

unique, and requires the study of tiie process and the information that can be readily 

obtained from the process. The contt-ol stt-ategy may be a general formulation, but tiie 

approximate models which form an integral part of the control stt-ategy have to be 

developed keeping in mind the process behavior and the available information. 

In the present case, while the Effective Separability model for distillation does an 

outstanding job of predicting the sttipper operation, the Smith-Brinkley model for 

extraction has some limitations in its ability to predict the extractor operation. 

Nevertheless, the extractor model is able to provide sufficientiy reliable predictions to be 

considered for use as an approximate model. 

10.1. Recommendations 

No project can ever be said to be closed. TTiere is always scope to extend the area of 

the work and throw more light into the understanding of the problem. Listed below are 

some of the recommendations to further the work in the area of multi-unit process contt-ol, 

and some specifically related to the SFE process. 

10.1.1. The SFE Process 

i. The SFE process simulator is a fairly detailed description of tiie dynamics of tiie 

process. The validation of the process simulator witii operating data obtained from a real 

process indicates tiiat the simulator predicts the real process behavior closely. The 

equihbrium data for the extt-actor were provided by the researchers at SRP, UT-Austin. 

Development of an EOS with tiie flexibility to predict equilibrium as a function of pressure, 

temperattire and composition for a ternary system will yield more accurate results. 
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Although developing an EOS for a ternary system is a tedious task, the added information 

will be worthwhile to gain a better understanding of the SFE process. 

ii. The availability of the ternary mixture equilibrium will enable accounting of the 

amount of water tiiat leaves in tiie extt-act. It will also permit accounting for tiie associated 

interactions introduced by the presence of water. Water is a very polar compound and 

when combined with CO2, the system behavior is extremely nonlinear. 

iii. Phase immiscibility has been neglected because of insufficient knowledge about 

the three phase behavior. Thermodynamic description of the three phase system will take 

into account the phase immiscibility after the flash. 

iv. The fluid and liquid phase hydrodynamics are critical to the extt-actor operation 

because of the high pressures involved. The hydrodynamics influences the separation that 

can be achieved and the mass-transfer efficiency in the extractor. 

10.1.2. Multi-unit Process Control 

i. Plant-wide control is an effective solution to contt-ol a highly interactive and 

coupled multi-unit process. Other multi-unit process have to be studied to ascertain if the 

benefits obtained are consistent. In the SFE process, the flash from 102 atm to 40 attn acts 

as a buffer, and reduces the magnitude of the upsets that might be propagated through the 

system. 

ii. The integrated PMBC contt-oller can be used for economic optimization by using 

tiie approximate models to calculate the set-points for the contt-olled variables. For 

instance, if the raffinate composition set-point is fixed by some process constt-aint or by 

some other resttictions, the approximate models can be used to calculate tiie set-points for 

tiie sttipper overhead and bottom compositions to enable an optimized operation. The 

amount of iPA in the recycle solvent can be regulated depending on tiie severity of tiie 

extraction desired in the extractor. 
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iii. The solubility and selectivity of a SCF solvent can be tuned to suit the desired 

separation by changing the pressure and temperature in the extt-actor. A more in deptii 

knowledge of the pressure and temperature effects on the extraction process which can be 

obtained from an EOS model for ternary mixtures will permit better control of the SFE 

process. The pressure and temperature can be changed to improve extraction and modify 

the solubility and selectivity characteristics of the solvent to suit the process objectives. 

iv. Experimental demonstration of the PMBC controller strategies on the SFE process 

at the SRP, The University of Texas at Austin will be highly recommended. The 

experimental verification will help to conclude if the advantages observed in the simulation 

studies can be achieved in practice. 
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APPENDDC A 

SFE PROCESS SIMULATOR PARAMETERS 

Extractor 

Number of stages =4 

Hold-up on each stage = 0.25 kmols 

Murphree stage efficiency = 75% 

Stripper 

Number of stages (including reboiler) = 4 

Feed stage (reboiler - 1st Stage) = 3 

Hold-up on each stage = 0.05 kmols 

Hold-up in the reboiler = 2.5 kmols 

Murphree stage efficiency = 80% 

Reboiler 

Length of the tubes = 0.365 m 

Number of tubes = 34 

Diameter of the tubes = 1/2" tubing 

Cooler 

Length of the tubes = 1.15 m 

Number of tubes = 38 

Diameter of the tubes =1/2" tubing 

Figure A. 1. Process Parameters Used in the Simulator 
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APPENDDC B 

PENG-ROBINSON EQUATION OF STATE 

B.l. Vapor-Liquid Equilibrium from the PR-EOS 

Any matiiematical model used to calculate phase behavior of an SCF-solute system 

must satisfy the following thermodynamic relationship for tiie two phases to be in 

equihbrium: 

B.l 

where fi is the fugacity of the 'i'-th component, and superscripts L and V denote the hquid 

and vapor phases, respectively. Equation B.l, at conditions T and P can be written as 

f[-(T,P,Xi) = f>'(T,P,yi), 
B.2 

where xi and yi are the compositions of the 'i'-th component in the liquid and vapor 

phases, respectively, P is the pressure, and T is the temperature of the system at 

equihbrium. The fugacity in each phase can be written as 

f['(T,P,Xi) = Xi0^P, 
B.3 

and 

fi'(T,P.yi) = yi0)'p, B4 

where 0 /̂ and 0 /̂ are tiie fugacity coefficients of the 'i'-th component in the liquid and 

vapor phase, respectively. TTierefore, the criterion for equilibrium becomes, 

L V 

Fugacity coefficients are calculated from tiie following exact tiiermodynamic 

relationship (Prausnitz, 1969): 
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oo 

5 P R T 

dn^ J 

B.6 

where R is the gas constant, V is the total system volume, ni and nj are the mole numbers 

of component i and j , respectively, and Z is the compressiblity factor. A single EOS is 

used in equation B.6 to calculate fugacity coefficients. Consider the PR-EOS: 

RT a(T) 
v - b ' v ( v + b) + b(v-b) ' 

B.7 

P = 

where v is the molar volume, 'a' accounts for the interactions between the species in the 

mixture, and 'b' accounts for the size differences between the species in the mixtiue. For 

pure components, 
R To 

b = 0.07780 (-=r-^); 
^C B.8 

a(T) = a(Tc)«CrR, a>); 
B.9 

2 2 
R Tr" 

a(Tc) = 0.45724 ( - ^ ) ; 
^C B.IO 

a (TR, a ) )= l+m(l -Ti^) ; 
B.ll 

and 
2 

m = 0.37464+ 1.542260) -0.26992cy, B .12 

where Tc is tiie critical temperature, Pc is tiie critical pressure, TR is tiie reduced 

temperature (TR = T/Tc), and co is the accentric factor for component 'i'. 

For mixtures, the following mixing rules can be used for 'a': 

a = X X^^i^j^ij 
' j 

B.13 
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and 

ai j=( l -5 : ^Va[aj, 
'•' «̂J ^ J B.14 

where 5i j is an adjustable interaction parameter obtained by regressing experimental 

equilibrium data. 5 i j accounts for the specific binary interactions between components i 

and j in the mixture. For 'b', the mixing rule is given as 

b = £ X x i X j b i j , 
i J 

B.15 

and 

b i i = ( l - r 7 i p - i y - i , 

where ri i j is an adjustable parameter determined along witii ^ i j , by fitting the EOS to 

experimental equilibrium data. 

Neither 5 i j nor 77 ij is expected to be a function of temperature, pressure, or 

composition. Normally, both are expected to have an absolute value much less than 1.0 

(the parameter 5 i j usually never gets larger than 0.15. It can also be negative, although a 

negative value indicates that specific chemical interactions, such as hydrogen bonding, are 

present in the mixture). 

Peng and Robinson (1976) usually set rf ij equal to zero,reducing equation B.15 to 

b = Xxibj . 
i B.17 

When tiie PR-EOS is incorporated into the expression for tiie fugacity coefficients of 

tiie components (equation B.6), using mixing mles given by tiie equations B.13 and B.17, 

tiie following closed-form expresssion for the fugacity coefficient is obtained: 



_(bN) 
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a 

l„(^j,= - i V ( Z . , ) . , n ( Z - B ) - ( 5 ^ ) [ ( _ L ^ ) 
B.18 

where 

(bN) ln(Z) +2.414 B 
b ^ Mn(Z)-0.414 B^' 

A= ''P 
2 2' 

R T 

B = ^ 
RT' 

PV 
Z = RT' 

B.19 

B.20 

B.21 

and 
N N 2 N - 1 N 

(bN)=2Xxkbi,k-Xxjbj,j-2 X X '^i'^i-jbij 
k j j = i i = j + i B.22 

Equation B.18 is used to determine the fugacity coefficients in botii the liquid and 

vapor phases. If 77 i j is set to zero in equation B. 15, the closed-form expression for (f> { 

reduces to a simpler expression suggested by Peng and Robinson (1976). Hence, equation 

B.18 offers the flexibility of using two parameters to fit phase-equilibrium data. 

Equation B.5 can be arranged as 
L 

î 
yi=-v^i ' 

^ i B.23 

or 

yi=^i^p B.24 

where Ki is tiie equilibrium constant that defines the vapor-liquid equilibrium (VLE) 

between the liquid and vapor phases of the mixture. In order to determine (p M and 0 i 
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from equation B.18 compressibility factor Z has to be known. Equation B.7 can be 

rewritten as a cubic equation in Z, 

Z^l - B) Ẑ -h (A - 3 B^- 2 B) Z - (A B - B^- B^ = 0, 
B.25 

where A and B are as given in equations B.19 and B.20, respectively. Equation B.25 can 

be solved to detennine Z. Solving equation B.25 for Z yields three roots. The roots can 

cither yield two complex roots and one real root, or three real roots. The extraneous roots 

are discarded, and the greater of the three real roots is the compressibility factor, Z for the 

vapor phase, while the smaller of the three real roots is the compressibility factor for the 

hquid phase. Equation B.18 can be solved for 0^- and 0 ^i, and hence, Ki can be 

determined. The algorithm to determine VLE for the carbon dioxide-isopropanol system is 

given as a flow chart in Figure B.l. Table B.l gives the VLE as determined from tiie PR-

EOS for tiie C02-i-propanol system at 40 attn. The determination of tiie K-values fix)m 

PR-EOS is a rather tedious procedure and the calculations have to be repeated many times 

in the dynamic simulation. A paramettic relation was developed to relate K as a function of 

X(C02), and K as functions of T. The paramettic relationships are as given below: 

_, . ,-0.97919 

^ ^ B.26 

K c o =0.84-h0.024T-H6.5xl0"^T^-2.047xl0''^T^- 1.889X10'^T'^; ^ ^̂  

and 

KiPA = 0.004-H5.819xlO'^T-1.704xlO"^T^+2.558x10'''T^-4.394xl0"^T^ ^ ^̂  

Figures B.2, B.3, and B.4 show the fit between the K-values predicted by tiie PR-

EOS and that predicted by the paramettic correlations in equations B.26, B.27 and B.28, 

respectively. Figure B.5 shows the vapor-liquid equilibrium for tiie COa-i-propanol 

system at 40 atm predicted by the PR-EOS. 
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yi 
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T 

and 

= KiXi 

NO 
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Figure B.l. Flowchart for VLE algorithm from PR-EOS 



Table B.l. VLE Data from PR-EOS 
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T 

(deg. C) 

5.98 
6.57 
7.47 
8.82 
11.30 
13.81 
16.52 
19.56 
23.00 
26.96 
31.53 
36.87 
43.19 
50.75 
59.99 
71.52 
86.32 
105.70 
130.83 
160.20 
188.06 
209.91 

'^COi 
(mf) 

0.999 
0.99 
0.975 
0.95 
0.90 
0.85 
0.80 
0.75 
0.70 
0.65 
0.60 
0.55 
0.50 
0.45 
0.40 
0.35 
0.30 
0.25 
0.20 
0.15 
0.10 
0.05 

'^iPA 

(mO 

0.001 
0.01 
0.025 
0.05 
0.10 
0.15 
0.20 
0.25 
0.30 
0.35 
0.40 
0.45 
0.50 
0.55 
0.60 
0.65 
0.70 
0.75 
0.80 
0.85 
0.90 
0.95 

yco2 
(mf) 

0.999989 
0.999899 
0.999768 
0.999580 
0.999251 
0.998919 
0.998537 
0.998068 
0.997463 
0.996655 
0.995539 
0.993941 
0.991564 
0.987864 
0.981786 
0.971119 
0.950906 
0.909231 
0.819251 
0.643709 
0.395583 
0.160455 

yiPA 

(mf) 

0.000011 
0.000101 
0.000232 
0.000420 
0.000749 
0.001081 
0.001463 
0.001932 
0.002537 
0.003345 
0.004461 
0.006059 
0.008436 
0.012136 
0.018214 
0.028881 
0.049094 
0.090769 
0.180749 
0.356291 
0.604417 
0.839545 

^ C O o 
40 

1.000990 
1.009999 
1.025403 
1.052196 
1.110279 
1.175198 
1.248170 
1.330755 
1.424945 
1.533312 
1.659227 
1.807159 
1.983121 
2.195249 
2.454467 
2.774646 
3.169695 
3.636909 
4.096390 
4.291870 
3.955935 
3.209100 

^iPA 

0.011000 
0.010100 
0.009280 
0.008393 
0.007487 
0.007210 
0.007316 
0.007731 
0.008458 
0.009559 
0.011156 
0.013469 
0.016876 
0.022068 
0.030356 
0.044418 
0.070131 
0.121030 
0.225901 
0.419082 
0.671563 
0.883732 
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APPENDIX C 

SMITH-BRINKLEY MODEL FOR EXTRACTION 

Consider the schematic for the extractor in Figure C.l. Let F be the feed flow rate, xp 

the feed composition, S the solvent flow rate, ys the solvent composition, R the flow rate 

of the raffinate, E the flow rate of the extt-act, and yE tiie composition of the extract. A 

steady-state material balance for stage '1' can be written as 
Eys + R x 2 = R x i + Eyi. ^ j 

The equilibrium relationship can be written as 

yi=Kxi, 

where K is the average value of the partition coefficient, and yi is the composition of the 

fluid phase in equihbrium with the Hquid phase composition xi. The equilibrium relation 

applied to ys and yi is expressed as 

ys = Kxs, C.2 

and yi^^'^l- C.3 

Substituting equations C.2 and C.3 in equation C.l yields 
E K x s + R x 2 = R x i + EKxi . ^ ^ 

The solution for the difference equation for any general equilibrium stage process 

(Smith and Brinkley, 1960a) is 

From equation C.5, it follows that 

and 

Xj=CiSj,-hC2. Q5 

xi = CiSn+C2, C.6 

= CiS„ + C2. 
1 n ^ C.7 
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REFERENCE STATE 

(^1)00-, 
231 

saturatedliquid 
at 273 K 
& P=l atm. 

+(^HYap)cO' 

1̂  (Hv)c02 

saturatedvapor 
at 273 K 
& P=l atm. 

HL & Hvat T(K) & P=40 atm 

(^OiPA 
saturatedliquid 
at 273 K 
& P=l atm. 

Hv= yC02(^^^C02+ yiPA(Hv)iPA 

hL = xC02^L)C02+ ^iPA^^DiPA 

I 
Use partial molar enthalpies from 

PR-EOS to determine hi & Hy 

+(AH)co. 1—r 

•(AHvap) ip;̂  

(Hv)iPA 
saturatedvapor 
at 273 K 
& P=l atm. 

-(AHp)co. 

4 
•(AH-j^co-

•̂ (AH)ipA 

•(AHx)iPA -(AHp)ip^ 

(Hv)C02 
ideal gasat 273 K at T (K) 
&P=ratm. 

(Hv)c02 

& P=40 atm 

(Hv)iPA 
at T (K) 
& P=40 aun 

(Hv)iPA 
ideal gasat 273 K 
&P=1 aim. 

•(AHp)co. -(AHj)co2 •(AHT)iPA -(AHp)iPA 

(Hv)C02 
atTF(K) 

&P=102atm I i 

(Hv)iPA 
alTF(K) 

&P=102atm 

Use partial molar enthalpies from PR-EOS to 
determine Hp 

I 
Hp = Z C 0 2 ^ F ) C 0 2 + ^iPA (HF)iPA 

T 
Hp at T(K) & P=102 aim 

Figure B.7. Flowchart for enthalpy calculation from PR-EOS 
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ap _ aj RTbj 2a(v-b)bi RT 

f 

_, (aT-a)biY(vr2 + l) + X ( \ ^ - l ) 
2V^b XY 

.p^ (a'T-a)(Y-X) 
,aH. 2 \ ^ b X Y ^ 
( — ) n. T = V + :; 

3P ap 
( — ) n T 
av ' 

,3P. RT ^2a(v + b) 
( — ) n , T = 2"^ 2 

v̂ (v-b) D 

where, ; i = X 2 x j a j i 

The above 

required in 

' da 
^"dT 

j 

X = v + (V^+l)b 

Y = v - ( ^ - l ) b 

D = V (v + b) + b (v - b) 

expressions were derived from PR-EOS for the partial 

the calculation of partial molar enthalpies. 

derivatives 

Figure B.6. Partial Derivatives used in Equation B.36 
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da "•_ ni2X2a(TQ)2 m2X2a(T^)2 m2X2a(T(.)2 
5r 1/2 1/2 TVT * 

CTTpJ CTTpJ ^2 
^2: 2̂f B.34 

Subscripts 1 and 2 refer to the species carbon dioxide and isopropanol, respectively. 

The residual entiialpy, AH can be calculated from equations B.26-B.31 developed 

from the PR-EOS. To determine the enthalpy of a real fluid, H, 

H = H*-AH', 

B.35 

it is necessary to express the partial molar enthalpy in equation B.26 in terms of derivatives 

at constant v. Equation B.26 is explicit in v rather than P. By changing the independent 

variables, the partial molar enthalpy of any species 'i' can be expressed as 

( ^ ) T ( - ) V T 

H.-(^») - ( ^ ) ' 
ani " ' J anj ' ap. 

av 
B.36 

where P is given by equation B.7. 

The algebraic expressions for the partial molar enthalpies of each component are 

obtained by differentiating equations B.7 and B.26. The differentiations are tedious, but 

straightforward (Jones and Giarratano, 1988) and tiie various quantities m equation B.33 

are given in Figure B.6. 

Figure B.7. gives the flow-chart for calculation of hL, Hy, and Hp, tiie enthalpies tiie 

of hquid, vapor, and feed, respectively. The heat of vaporization can tiien be determined 

fix)m the relation 

AH âp = Hv-hL. 
B.37 
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B.2. Enthalpies and Heat of Vaporization from PR-FO.S 

From the understanding of residual properties of various thermodynamic state 

functions an expression for residual enthalpy AH' is 

• * I ap 
-AH = H - H = R T ( Z - 1 ) + I [T(—)v-P]dv, 

OO 

B.29 

where H is the entiialpy of the real fluid, and H* is tiie ideal gas-state entiialpy. 

The enthalpy departure of a fluid, i.e., the residual enthalpy, obtained by substituting 

equation B.7 in equation B.26 is given by 

T — 
AH - R T ( Z - l ) + ̂ ^ ^ ^ ^ h i ( ^ - ^ ^ ^ j ^ ) , 

B.30 

where (da/dT) is obtained by differentiating equation B.13 witii respect to T. The 

expression for (da/dT) is obtained after much algebraic manipulation, and the procedure is 

not discussed here. The final expression can be written as 

da _ .da ' .da '' .da ' 
dT"W^ ^dT "^W 

B.31 

where 

da_' niix]a(Tc)i rn\x\a{i:^^ m\x\a{T^^ 

( ^ ) ' ' = x i X 2 ( a a d l « ( T c ) 2 ) ^ ^ ^ [ - ^ 
(TTcj) ( T T Q ^ 

mim2 m|m2 2mjm2 

CTTc/^^ ( T T C / ^ crcjc2) 

B.32 

B.33 

and. 
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Figure B.5. y-x Diagram for C02-iPA system at 40 atm. 
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Figure C.l. Schematic of an Extraction Column 
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Substituting equations C.6 and C.7 in equation C.4 yields 

E K x s + R ( C i S ^ + C 2 ) = R ( C i S n + C2) + EK(CiSn+C2) . 

Simphfying and rearranging equation C.8 yields 

E K x s = [(R + E K ) S n - R S ^ C i + EKC2. 

Noting tiiat the stripping factor, Sn, is defined as 

c _ K E 

equation C.9 can be simplified and rearranged to give 

xs = CiH-C2. 

Equation C.5 can be written for XN-I and XN as 
N-1 

XN.I = C I S J ^ +C2, 

and 

^ N ^ ^ l ^ n +^2-
N 
n 

C.8 

C.9 

CIO 

C.ll 

A steady-state material balance for stage 'N' yields 

EKx j^ . l+ Rxp=Rxjyf-»-EKxj^j. 

C.13 

C.14 

Equations C.13 and C.14 are substituted in equation C.l2, and simphfied to give 
N+1 

C.15 
XF=CiS„ +C2. 

Equations C.l 1 and C.15 can be solved for d and C2. The solution for Ci yields 

^%-sr' 
" C.16 

and that for C2 yields 
^N+l 

2 " N+1 ' 
^ • ^ n C.17 



Substitutmg for Ci and C2 in equation C.5 yields 
eN+1 

_ x s - x p ^i xp-xsS„ 
'' i- , .N+rn"^ N+1 

which can be simplified to give 

x s -xp 
'̂ î  NTr^^n-l) + ^S-

1 - s ^ ^n 

23^ 

C.18 



APPENDIX D 

EFFECTIVE SEPARABILITY MODEL FOR 

DISTILLATION 

D.l. Determination of the Minimum and the Maximum 
Values of G 

At steady-state operating conditions, the effective separability model can be 

parameterized to determine the adjustable parameter, G. The value of G lies between tiie 

bounds CTmin and C7max- Figure D.l.illustrates a diagram for the CC)2-i-propanol system. 

XB, Z, XD, q, L and V' can be measured from the process. 

(Tmin is the value of the effective separability at the intersection of tiie upper- and the 

lower-operating lines (denoted as '1'). The equation for the upper- and lower-operating 

Hnes passing through the point of intersection (xj, yi) are given as 

L DxD 
y i=v ' ' i"^^7~' 

D.l 

and 
L B^B 

y i = - x i — ^ • 
V V D.2 

Subtracting equation D.2 from equation D.l yields 

L L ^''D B'̂ B 

V 
T T X T - — X T + —77—+ r - = 0. 

D.3 

Solving equation D.3 for xj yields 

236 
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yi=XD 

B 

x, mf'a' 

Figure D.l. Determination of 0"̂ ^̂ ^ ando-^^^ 
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Dx£) B x g 

V 
^̂ 1= : ' 

k k 
•" V 

V 

D.4 

Substituting for xj in equation D.2 gives y\. CTmin can be calculated from the definition of 
effective separabihty, and is given by the relation 

yi ^-^i 
^min 1 . y . XT ' 

^ yj ^I D.5 

O'max is the intersection-point of the upper-operating hne and the q-Hne when yi = XD 

(denoted by '2'), i.e., no separation is achieved above the feed stage because L = 0. The 

equation of the q-line is 
, L ' - L , D x D + B x g 

y i = ( -^—) Xj- ( ; )• 
V - V V - V D.6 

But, 

L ' - L = F I ; 

v'-V = Fv, 

and 

Dx£)+ B xg = F z. 

Equation D.6 can be simplified and solved for xj.as shown below: 

^L Fz 
y i = - F ^ ^ I - F ^ -

Solving for xj yields 
F z - yjFy 

* F L D.7 

Equation D.5 can be used to determine a max by substituting values for yi and xj obtained 

from tiie equations D.6 and D.7, respectively. 
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D.2. Determination of Minimum Boil-up Rate 

The approximate model is parameterized at steady-state operating conditions to 

determine G. The effective separability model can then be used for control action by 

solving the model for the reflux and boil-up rates. The control law provides tiie target 

values for XD and XB, and the feed flow rate, F, the feed comnposition, z, the quality of the 

feed, q, can be obtained from tiie process. A minimum boil-up rate, V'min is used as the 

initial guess in the Newton search for the V'. 

In Figure D.2, the point of intersection of the pseudo-equilibrium line and tiie q-hne 

(denoted by T) represents the point through which the lower-operating passes if V' is 

minimum. The equation of the q-line at the point of intersection is given by equation D.6, 

and is expressed as 

^L Fz 
^ ^ ^ • F ^ ' ^ I - F ^ -

D.8 

Expressing equation D.8 in terms of the second component in tiie binary yields 

D.9 

Dividing equation D.8 by equation D.9 yields 

yj F Z - F L X J 

l - y j F ( 1 - Z ) - F L ( 1 - X I ) 
D.IO 

From the definition of effective separability, yi and xj are related by tiie expression 

yi XI 
= G 

1-yi ( l -x i ) 
^ D.ll 

Equations D.IO and D.l 1 can be combined to yield 
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js3 
CM 

6 

X, mf'a' 

Figure D.2. Determination of Vĵ jn from a y-x diagram 
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F z - F ^ x j xj 

= G 
F ( 1 - Z ) - F L ( 1 - X I ) (1-xi)' 

D.12 

Simplifying equation D.12 and rearranging yields a quadratic in xj 

2 C7 F Z Fy 
Xi + {[( ^ ) - z ] ^ - l } x i - - ^ ( : ^ + l ) = 0. 

^ a - 1 F L a - 1 F L 

D.13 

Equation D.13 can be solved for \\ and yi can be determined from equation D.l 1. The 

minimum boil-up-lower-operating line is the line passing through the points '1' and '2' in 

Figure D.2. The slope of the lower-operating line is given by 

yr'^B 
S = 

X j - X g 

The lower-operating hne given by equation D.2 can be expressed as 
BXB 

yi=Sxi-—^—' 
V • rnin 

and can be solved for V'min-



APPENDIX E 

APPROXIMATE MODEL FOR THE REBOILER 

Determination of the CO2 flow rate, m, through the reboiler required to achieve tiie 

desired boil-up rate, V', in the stripper involves the following calculations: 

i. The Effective Separability model calculates the V' required in the stripper, 

ii. An estimate of the heat of vaporization, AHvap. and the temperature of tiie hquid 

mixture in the reboiler-shell, Tw, is determined from the PR-EOS. 

iii. The total quantity of heat to be transferred to obtain Vis 

Q=VAH 

E.l 

iv. The reboiler approximate model is parameterized at steady-state to obtain the value 

of the adjustable parameter, UAreb-

V. The temperature driving force for the heat transfer can be calculated as 
AT - Q 
AT^LMTD-UA; reb 

vi. ATLMTD is defined as 

E.2 

AT LMTD TTTT 
ln(-——-) 

'Fo-'Fw E.3 

Equation E.3 is to be solved for TQ. Rearranging equation E.3 yields 
T - T *o ^ w. 

^ ^ CTi-T^) [ ( - - — ) - 1 ] 
, / o " ^w, M" *w 
ln(-=—=—) = 

Ti-T^ ATLMTD E.4 

Let 
T - T 
*o *w ^ . T - . T " ^ ' M * w 

242 
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and 
T - T 
M ^ w _ ^ 

'̂̂ LMTD 

Equation E.4 can then be written as 

l n ( 0 ) = f ( 0 - 1 ) , 

or 

0 = e x p ( C ( 0 - l ) ) . E5 

Expressing equation E.5 as a function, f{6 ), it can be written as 

f((9 )=exp(C(0 -l))-6>. P^ 

The derivative of the function is given as 

ne )=Cexp(C(0 -1))-1. E j 

Figure E.l shows the plot of f(0 ) versus 6. The function has two roots. To ensure that 

the correct root is determined by the Newton search, the initial guess for 6 has to be less 

than $ at the point of minimum point. Since f\d ) = 0 at tiie minimum point, equation 

E.7 can be written as 

f exp(C(0 -1 ) )=1 . 

Solving for 6 yields 

C E.8 

Equation E.8 can be used to calculate 6, which can be used as the initial guess for the 

Newton search. 
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f(0 ) 

/ 

e 

e =1 ln(C) 
/ " 

Figure E. 1. Plot of {(9 ) versus 6 for the reboiler model 



APPENDDC F 

PROCESS CHANGES DATA SETS 

Table F.l. Process Changes for the Extractor 

F 
(kmols/h) 

1.089 

1.452 

1.814 

2.177 

2.540 

1.841 

1.828 

1.808 

1.801 

1.814 

1.814 

1.814 

1.814 

1.814 

1.814 

1.814 

1.814 

1.814 

1.814 

xp 
(mf iPA) 

0.0188 

0.0188 

0.0188 

0.0188 

0.0188 

0.0123 

0.0155 

0.0204 

0.0221 

0.0188 

0.0188 

0.0188 

0.0188 

0.0188 

0.0188 

0.0188 

0.0188 

0.0188 

0.0188 

E 
(kmols^) 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

6.198 

6.973 

8.522 

9.297 

ys 
(ppm iPA) 

127 

127 

127 

127 

127 

127 

127 

127 

127 

50 

75 

100 

150 

175 

200 

127 

127 

127 

127 

XR 
(ppm iPA) 

673 

1151 

1827 

2643 

3529 

1340 

1586 

1946 

2063 

1646 

1705 

1764 

1882 

1940 

1999 

2860 

2268 

1499 

1251 

yE 
(ppm iPA) 

2672 

3431 

4099 

4664 

5130 

2742 

3420 • 

4440 

4781 

4065 

4076 

4087 

4109 

4121 

4132 

4790 

4426 

3808 

3550 

245 



Table F.2. Process Changes for the Stripper 
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F 
(kmols/h) 

7.748 

7.735 

7.748 

7.748 

7.748 

7.748 

7.748 

7.748 

8.548 

9.348 

7.448 

5.548 

7.748 

7.748 

7.748 

7.748 

7.748 

'^FD 
(mfC02) 

0.995889 

0.995905 

0.995889 

0.995889 

0.995889 

0.995889 

0.995889 

0.995889 

0.995889 

0.995889 

0.995889 

0.995889 

0.995889 

0.996889 

0.997889 

0.994889 

0.993889 

L 
(kmols/h) 

0.15 

0.15 

0.2 

0.25 

0.1 

0.1 

0.1 

0.1 

0.1 

0.1 

0.1 

0.1 

0.1 

0.1 

0.1 

0.1 

0.1 

1 

V 
(kmols/h) 

4.0 

4.0 

4.0 

4.0 

4.1 

4.2 

3.9 

4.15 

4.0 

4.0 

4.0 

2.5 

2.5 

4.0 

4.0 

4.0 

4.0 

'^D 
(nifC02) 

0.999873 

0.999919 

0.999892 

0.999904 

0.999824 

0.999765 

0.999863 

0.999802 

0.999877 

0.999883 

0.999801 

0.999899 

0.999903 

0.999886 

0.999923 

0.999811 

0.999773 

^B 
(nifC02) 

0.927894 

0.927112 

0.930799 

0.937542 

0.877309 

0.798060 

0.931276 

0.847341 

0.956597 

0.969435 

0.841770 

0.965268 

0.983083 

0.933321 

0.954746 

0.890496 

0.869094 
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Table F.3. Process Changes for the Reboiler 

Ti 
(deg. C) 

110.0 

110.0 

110.0 

110.0 

110.0 

110.0 

110.0 

110.0 

100.0 

90.0 

120.0 

130.0 

'^B 
(mfC02) 

0.90 

0.89 

0.92 

0.93 

0.91 

0.91 

0.91 

0.91 

0.91 

0.91 

0.91 

0.91 

m 
(kmols/h) 

2.5 

2.5 

2.5 

2.5 

2.0 

1.5 

3.0 

3.5 

2.5 

2.5 

2.5 

2.5 



Table F.4. Process Changes for tiie Cooler 
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Ti 
(deg. C) 

82.0 
77.0 

92.0 
97.0 

87.0 

87.0 

87.0 

87.0 

87.0 

87.0 

87.0 
87.0 

P 
(atm) 

1.15 

1.15 

1.15 

1.15 

1.15 

1.15 

1.15 
1.15 

1.10 

1.05 

1.20 
1.25 

m 
(kmols/h) 

7.748 

7.748 

7.748 

7.748 

6.748 

5.748 

8.748 
9.748 
7.748 

7.748 

7.748 
7.748 



APPENDIX G 

CONTROL STUDY RESULTS 

Controller 
Test# 

Approximate Model Parameter Values 
after Steady-state Parameterization 

1(a) 

Kb) 

1(c) 

N =2.9911 

G = 32.246 

(UA)reb = 954.26 kW/K 

(UA)cooler = 2956.75 kW/K 

N = 2.9842 

G =31.855 
(UA)reb = 953.41 kW/K 
(UA)cooler = 2991.23 kW/K 

N = 2.9725 

G = 32.029 

(UA)reb = 953.25 kW/K 
(UA)cooler = 2963.18 kW/K 

Figure G. 1. Parameters of the Approximate Models 
in tiie Stand-alone Mode - Controller Test #1 
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Controller 
Test# 

2(a) 

2(b) 

2(c) 

Approximate Model Parameter Values 
after Steady-state Parameterization 

N = 3.0019 

c =31.202 

(UA)reb = 954.96 kW/K 

(UA)cooler = 2958.82 kW/K 

N = 2.9692 

G =31.892 

(UA)reb = 956.78 kW/K 

(UA)cooler = 2959.34 kW/K 

N = 2.9453 

G = 33.228 

(UA)reb = 947.28 kW/K 

(UA)cooler = 2962.63 kW/K 

Figure G.2. Parameters of the Approximate Models 
in the Stand-alone Mode - Controller Test #2 
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Controller 
Test# 

3(a) 

3(b) 

3(c) 

Approximate Model Parameter Values 
after Steady-state Parameterization 

N = 3.2839 

<y =31.202 

(UA)reb = 954.96 kW/K 

(UA)cooler = 2958.82 kW/K 

N = 2.7554 

G = 32.532 

(UA)reb = 954.53 kW/K 

(UA)cooier = 2964.27 kW/K 

N =2.6318 

G = 33.774 

(UA)reb = 946.14 kW/K 

(UA)cooler = 2984.41 kW/K 

Figure G.3. Parameters of tiie Approximate Models 
in the Stand-alone Mode - Controller Test #3 
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Controller 
Test# 

1(a) 

Kb) 

1(c) 

Approximate Model Parameter Values 
after Steady-state Parameterization 

N =2.9911 

o = 32.246 

(UA)reb = 954.26 kW/K 

(UA)cooler = 2956.75 kW/K 

N = 3.0026 

G = 32.596 
(UA)reb = 945.69 kW/K 
(UA)cooler = 2991.23 kW/K 

N = 2.9549 

G =31.253 
(UA)reb = 954.58 kW/K 
(UA)cooler = 2963.18 kW/K 

Figure G.4. Parameters of the Approximate Models 
in the Integrated Mode - Controller Test #1 



253 

Controller 
Test# 

2(a) 

2(b) 

2(c) 

Approximate Model Parameter Values 
after Steady-state Parameterization 

N = 3.0192 

a = 32.069 
(UA)reb = 953.12 kW/K 

(UA)cooler = 2965.76 kW/K 

N =2.9512 

G =31.658 
(UA)reb = 956.91 kW/K 
(UA)eooler = 2959.32 kW/K 

N = 2.9407 

G =31.883 
(UA)reb = 954.26 kW/K 

(UA)cooler = 2959.12 kW/K 

Figure G.5. Parameters of the Approximate Models 
in the Integrated Mode - Controller Test #2 
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Controller 
Test# 

3(a) 

3(b) 

3(c) 

Approximate Model Parameter Values 
after Steady-state Parameterization 

N = 3.3055 

<y = 32.069 

(UA)reb = 953.12 kW/K 

(UA)cooler = 2965.76 kW/K 

N = 2.7279 

G =32.108 

(UA)reb = 956.12 kW/K 

(UA)cooier = 2959.45 kW/K 

N =2.6144 

G =31.870 

(UA)reb = 954.15 kW/K 

(UA)cooler = 2959.67 kW/K 

Figure G.6. Parameters of the Approximate Models 
in the Integrated Mode - Controller Test #3 
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Controller 
Test# 

1 

2 

3 

Tuning Parameters Values 

extractor controller - K j = 1.0; K2 = 0.1 

stripper overhead controller - Kj = 1.25; K2 =0.75 

stripper bottom controller - K j = 1.0; K 2 = 0.1 

extractor controller - K1 = 1.0; K2 = 0.1 

stripper overhead controller - Kj = 1.25; K2 =0.75 

stripper bottom controller - K1 = 1.0; K2 = 0.1 

extractor controller - K i = l . l ; K2 = 1.0 

stripper overhead controller- Ki = l.O; K2 = 1.0 

stripper bottom controller - K j = 1.0; K2 = 0.5 

Figure G.7. PMBC Controllers Tuning Parameters 
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Controller 
Test# 

Ka) 

Kb) 

1(c) 

Controller Performance Measures 

lAEj =4.159E^ IAE2 =1.971E-5 IAE3 =2.837E-2 

ISEj =9.381E-8 ISE2 =1.761E-10 ISE3 =6.485E-4 

UAE1 = 7.316E-4 ITAE2 = 3.166E-5 ITAE3 = 4.369E-2 

rrSEj = 9.516E-8 ITSE2 = 2.207E-10 ITSE3 = 5.384E-4 

lAEi =3.412E-4 IAE2 =2.289E-5 IAE3 = 3.454E-2 

ISEj =7.698E-8 ISE2 =2.406E-10 ISE3 =6.212E-4 

ITAEi = 1.818E-3 rrAE2= 1.293E-4 ITAE3 = 1.902E-1 

irSEj = 3.523E-7 ITSE2 = 1.212E-9 ITSE3 = 3.089E-3 

lAEi =5.029E-4 IAE2 =2.931E-5 IAE3 =3.153E-2 

ISEj =1.373E-7 ISE2 =3.788E-10 ISE3 =6.201E-4 

ITAE 1 = 4.988E-3 ITAE2 = 2.857E-4 ITAE3 = 3.092E-1 

rrSEj = 1.278E-6 ITSE2 = 3.523E-9 ITSE3 = 5.662E-3 

Figure G.8. Controller Performance Measures for tiie 
Stand-alone Model - Controller Test #1 
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Controller 
Test# 

2(a) 

2(b) 

2(c) 

Controller Performance Measures 

lAEi =3.019E-4 IAE2 =1.939E-5 IAE3 =3.094E-2 

ISEi =4.926E-8 ISE2 = 1.638E-10 ISE3 =4.663E-4 

UAE 1 = 1.667E-3 ITAE2 = 1.126E-4 ITAE3 = 1.713E-1 

rrSEj = 2.466E-7 rrSE2 = 8.645E-10 ITSE3 = 2.325E-3 

lAEj =4.563E-4 IAE2 =2.172E-5 IAE3 = 3.387E-2 

ISEj =8.308E-8 ISE2 =2.528E-10 ISE3 =8.012E-4 

ITAE 1 = 4.64 lE-3 ITAE2 = 2.125E-4 ITAE3 = 3.254E-1 

irSEj = 8.588E-7 ITSE2 = 2.322E-9 rrSE3 = 7.198E-3 

lAEi =4.381E-4 IAE2 =2.134E-5 IAE3 =3.685E-2 

ISEi =7.742E-8 ISE2 =3.072E-10 ISE3 =9.357E-4 

ITAEi = 6.213E-3 ITAE2 = 2.843E-4 ITAE3 = 4.872E-1 

rrSEi =1.093E-6 rrSE2 = 3.916E-9 rrSE3 = 1.181E-2 

Figure G.9. Controller Performance Measures for tiie 
Stand-alone Model - Controller Test #2 
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Controller 
Test# 

3(a) 

3(b) 

3(c) 

Controller Performance Measures 

lAEi =5.403E-4 IAE2 =2.142E-5 IAE3 =3.169E-2 

ISEi =1.505E-7 ISE2 =1.883E-10 ISE3 =3.849E^ 

ITAE 1 = 2.885E-3 ITAE2 = 1.227E-4 rrAE3 = 1.830E-1 

rrsEi = 7.371E-7 rrsE2 = 1.005E-9 ITSE3 = 2.122E-3 

lAEi =8.157E-4 IAE2 =4.018E-5 IAE3 =4.743E-2 

ISEi =2.289E-7 ISE2 =9.537E-10 ISE3 = 1.377E-3 

ITAEi = 7.979E-3 rrAE2= 3.807E-4 ITAE3 = 4.575E-1 

rrSE 1 = 2.169E-6 ITSE2 = 8.476E-9 rrSE3 = 1.255E-2 

lAEi =3.673E-4 IAE2 =2.293E-5 IAE3 = 2.889E-2 

ISEi =5.531E-8 ISE2 =2.242E-10 ISE3 =3.657E-4 

ITAEi = 5.118E-3 ITAE2 = 3.132E-4 ITAE3 = 3.973E-1 

ITSE 1 = 7.69 lE-7 ITSE2 = 2.987E-9 ITSE3 = 4.859E-3 

Figure G.IO. Controller Performance Measures for the 
Stand-alone Model - Controller Test #3 
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Controller 
Test# 

Ka) 

Kb) 

Kc) 

Controller Performance Measures 

lAEi =7.929E.4 IAE2 =2.055E-5 

ISEi =2.835E-7 ISE2 = 1.359E-10 

rrAE 1 = 4.779E-4 ITAE2 = 1.882E-5 

rrSEi =4.796E-8 rrSE2 =6.941E-11 

IAE3 =7.269E-3 

ISE3 =2.512E-5 

ITAE3 = l.266E-2 

ITSE3 = 3.570E-5 

lAEi =8.874E-4 IAE2 = 1.572E-5 

ISEi =3.867E-7 ISE2 = I.056E-10 

ITAE 1 = 4.314E-4 ITAE2 = 1.540E-5 

rrSEi =4.804E-8 ITSE2=5.112E-11 

IAE3 =1.265E-2 

ISE3 = 6.572E-5 

ITAE3 = 1.808E-2 

rrSE3 =6.123E-5 

lAEi =8.987E-4 IAE2 =8.863E-6 

ISEi =3.131E-7 ISE2 =4.406E-11 

ITAEi = 7.119E-4 ITAE2= 1.152E.5 

rrSEi = 1.018E-7 ITSE2 = 3.232E-11 

IAE3 =1.113E-2 

ISE3 =4.839E-5 

ITAE3 = 1.371E.2 

ITSE3 = 4.344E-5 

Figure G. 11. Controller Performance Measures for the 
Integrated Model - Controller Test #1 
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Controller 
Test# 

2(a) 

2(b) 

2(c) 

Controller Performance Measures 

lAEi =4.445E-4 IAE2 = 1.340E-5 

ISEi =8.659E-8 ISE2 =7.296E-11 

UAEi = 5.974E-4 ITAE2 = 1.332E-5 

rrSEi = 6.701E-8 ITSE2 = 3.531E-11 

lAEi =4.215E-4 IAE2 =8.454E-6 

ISEi =5.758E-8 ISE2 =4.209E.ll 

ITAE 1 = 6.827E-4 ITAE2 = 1.068E-5 

rrSE 1 = 9.233E-8 ITSE2 = 2.932E-11 

lAEi =4.902E-4 IAE2 = 1.156E-5 

ISEi =7.375E-8 ISE2 =5.4 HE-11 

ITAEi = 1.061E-3 ITAE2= 1.089E-5 

rrSEi = 1.705E-7 ITSE2 = 3.696E-11 

IAE3 =9.178E-3 

ISE3 =2.628E-5 

ITAE3 = 1.296E-2 

ITSE3 =3.142E-5 

IAE3 =1.134E-2 

ISE3 = 4.203E-5 

rrAE 3 = 1.468E-2 

ITSE3 =4.108E-5 

IAE3 =1.390E-2 

ISE3 =7.909E-5 

ITAE3 = 1.523E-2 

ITSE3 = 4.900E-5 

Figure G.12. Controller Performance Measures for tiie 
Integrated Model - Controller Test #2 
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Controller 
Test# 

3(a) 

3(b) 

3(c) 

Controller Performance Measures 

lAEi =4.664E-4 IAE2 = 1.122E-5 IAE3 =9.686E-3 

ISEi =8.266E.8 ISE2 =3.665E-11 ISE3 =2.553E-5 

UAE 1 = 6.126E-4 ITAE2 = 1.14 lE-5 ITAE3 = 1.548E-2 

rrSE 1 = 7.782E-8 ITSE2 = 2.340E-11 ITSE3 = 4.202E-5 

lAEi =5.050E-4 IAE2 = 1.223E-5 IAE3 = 1.379E.2 

ISEi =8.837E-8 ISE2 =5.168E-11 ISE3 =5.276E-5 

UAEi = 8.344E-4 rrAE2= 1.395E-5 ITAE3 = 1.774E-2 

rrSEi = 1.416E-7 ITSE2 =4.520E-11 ITSE3 = 5.436E-5 

lAEi =5.067E4 IAE2 =1.218E-5 IAE3 = 1.334E-2 

ISEi =9.891E-8 ISE2 =5.837E-11 ISE3 =4.993E-5 

ITAEi = 7.358E-4 rTAE2= 1.107E-5 ITAE3 = 1.731E-2 

rrSEi = 1.173E-7 rrSE2 = 3.594E-II ITSE3 = 5.487E-5 

Figure G.13. Controller Performance Measures for tiie 
Integrated Model - Controller Test #3 




